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Abstract
Development of commercial nuclear fusion power plants is a major goal 
for mankind in the 21st century. The principle behind current technology 
is magnetic confinement of hydrogen isotopes in a high energy plasma state. 
The hydrogen fuses to form helium, releasing large amounts of energy. One of 
many remaining technical challenges is the management of high temperature 
waste helium plasma. The plasma temperature must be decreased prior to 
extraction of the helium and a possible solution is to cascade heat-resistant 
solids through the waste streams. In a conceptual cascade system design 
which is being developed by the UKAEA, the optimal solids are coarse and 
dense (d = 0.0035 m and p = 4500 kg m-3) and flow rates of at least 
500 kg s-1 are anticipated. The hot solids can be re-used after passing them 
through a helium fluidized-bed heat exchanger at high pressure, and the 
preferred technology for returning cooled solids to the cascade is dense-phase 
pneumatic conveying as this mode of conveying causes the least damage to 
solids and pipework. The high pressure in the fluidized bed allows direct 
feeding of the solids to the conveying lines, however the factors involved in 
the design of this kind of conveyor are not well understood. For example, 
reliable prediction of key operating parameters, e.g. pressure gradients and 
flow rates, is not yet possible for vertical dense-phase pneumatic conveying 
of solids such as those to be used in the cascade.
A pilot-scale rig has been designed and built for the study of vertical 
pneumatic conveying of coarse, dense solids started directly from the side of 
a fluidized bed. No system like this has been reported in the open literature. 
A rotary-lobe blower is used for recirculation of huidizing air through the 
solids feed pressure vessel and pressure is maintained using a compressed air 
utility line. Solids pass into the conveying line via an opening in the side of 
the pressure vessel and flow into a 3 or 4 m vertical section via a long 90° 
bend. Conveying lines of diameter 71.4 mm or 46.4 mm were fabricated from 
clear PVC to allow video footage of the conveying to be taken. An overhead 
collection vessel continuously weighs the solids in order to determine their 
flow rate, whilst gas flow rate is calculated from the compressed air make-up 
flow rate. Air pressures were measured at key points throughout the system 
using pressure transducers.
For the 71.4 mm conveyor, conveying in the dense-phase plug-flow regime 
was possible for solids flow rates of up to 4-5 kg s-1. Transition to turbu­
lent flow occurred at less than 2 kg s-1 for the 41.6 mm conveyor. For the
same solids flux the solids-gas ratio was greater for the larger conveyor di­
ameter. Solids were conveyed in square-nosed plugs with variable length and 
velocity and solids down-flow between plugs occurred gradually or through 
sudden disintegration of the rear of the plug. According to Konrad & To- 
tah (1989), falling solids generate frontal stresses upon impact with rising 
solids plugs, resulting in wall friction and a decrease in conveying efficiency. 
Earlier steady-state pressure drop prediction models for the plug-flow regime 
(e.g. Konrad & Totah (1989), Singh (1978) and Leung & Towler (1973)) are 
shown to be unsatisfactory and a new relationship for predicting outlet pres­
sure as a function of inlet pressure, solids flow rate, gas flow rate, material 
properties and conveying line dimensions is proposed. The solids flow rate 
from the fluidized bed into the conveying line is found to be linearly related 
to the gas flow rate when conveying in the plug flow regime.
2
Contents
1 Introduction 5
1.1 Nuclear F u s io n ..............................................................................  5
1.1.1 H istory.................................................................................. 5
1.1.2 The Fusion Process  ............................................  6
1.1.3 The Spherical Tokamak ..................................................  9
11
1.2.1 The Divertor S y stem ........................................................  11
1.2.2 Preliminary Design Calculations.....................................  14
2 Literature Review &; Theory 20
2.1 History & Background of Pneumatic C onveying............................20
2.1.1 Development .........................................................................20
2.1.2 Applications............................................................................21
2.1.3 Types of C onveyor............................................................... 21
2.1.4 Phase Diagrams......................................................................24
2.1.5 Flow Regimes in Pneumatic Conveying.............................25
2.1.6 Selection of Conveying M ode............................................... 25
2.1.7 Theories of Horizontal Dense-Phase Pneumatic Con­
veying  28
2.1.8 Theories of Vertical Dense-Phase Pneumatic Conveying 29
2.2 Vertical Dense-Phase Pneumatic Conveying ............................... 35
2.2.1 Experimental Observations.................................................. 35
2.2.2 C h o k in g ..................................................................................35
2.2.3 Theory of Vertical Dense-Phase Pneumatic Conveying . 38
2.3 T heory ............................................. ................................................39
2.3.1 Wall Transmission Coefficient............................................39
2.3.2 Model of K o n ra d ..................................................................39
2.3.3 Adaptation of Konrad Model ............................................45
2.3.4 Determination of Gas-Solids Ratio ............................  . 46
1
3 Experimental Design 52
3.1 Process D e s ig n ....................................................................................52
3.1.1 Design S u m m ary ....................................................................52
3.1.2 Piping & Instrumentation D iag ram ...............................   52
3.1.3 Mass Balances........................................................................... 52
3.2 Conceptual Design of Experimental A pparatus.............................. 54
3.2.1 O bjectives................................................................................. 54
3.2.2 Set V a riab le s ........................................................................... 55
3.2.3 Controlled V ariab le s .............................................................. 57
3.2.4 Consequential V a riab le s ........................................................ 58
3.3 Apparatus D esign.................................................................................61
3.3.1 Site Considerations..................................................................61
3.3.2 Process C on tro l........................................................................65
3.3.3 Blower Specification ..............................................................65
3.3.4 Piping Specification.................................................................68
3.3.5 Pressure Vessel D e s ig n ........................................................... 71
3.3.6 Distributor D e s ig n ................. 77
3.3.7 Scaffold D es ig n ........................................................................80
3.3.8 Solids Weighing Hopper D e s ig n ........................................... 85
3.4 Measurement & Instrumentation ................................................... 87
3.4.1 Data Acquisition S ystem ........................................................ 87
3.4.2 Orifice Plate Specification..................................................... 89
3.4.3 Pressure Transducers.............................................................. 90
3.4.4 Temperature Measurement.....................................................90
3.4.5 Load Cell Selection..................................................................90
4 Construction and Commissioning of Apparatus 94
4.1 The Construction P ro c e s s ................................................................. 94
4.1.1 Scaffold and Solids Weighing Hopper Construction . . 94
4.1.2 Pressure Vessel Installation ..................................................96
4.1.3 Blower In sta lla tio n ..................................................................96
4.1.4 Piping and F ittin g s ..................................................................97
4.1.5 Instrum entation......................................................................101
4.2 Com m issioning.................................................................................. 102
4.2.1 Leak Testing .............................................................  102
4.2.2 Pressure Transducer C alibration..........................................105
4.2.3 Orifice Meter C orrection ...................................................... 106
4.2.4 Solids Weighing System T e s t s .............................................109
4.2.5 Preliminary Trials...................................................................I l l
4.3 S a f e ty ..................................................................................................112
4.3.1 General Safety ......................................................................112
2
4.3.2 Pressure Assessment .  ......................................................112
4.3.3 Noise Assessm ent................................................................. 114
4.3.4 Operating P rocedure ............................................................ 114
5 Results 118
5.1 Processing of R esu lts ........................................................................ 121
5.1.1 Solids Flow R a t e .................................................................. 121
5.1.2 Gas Flow R a t e ..................................................................... 122
5.1.3 Conveying Line Pressure D ro p ............................................ 124
5.1.4 Conveying Line Pressure P ro file ......................................... 124
5.1.5 Spreadsheet A nalysis............................................................ 125
5.1.6 Video Footage Analysis.........................................................125
5.2 Analysis of Experimental E rro rs ..................................................... 127
5.2.1 Error in the Solids Flow R a t e ............................................ 127
5.2.2 Error in the Gas Flow R a t e ..........................  128
5.2.3 Error in the Vertical Section Pressure Drop ................... 128
5.3 Processed R esu lts .............................................................................. 129
5.3.1 Set 1 - 1st Round of T ria ls ...................................................129
5.3.2 Set 2 - 7 5  mm C onveyor......................................................130
5.3.3 Set 3 - 7 5  mm Conveyor Without Feed Fluidisation . . 134
5.3.4 Set 4 - 7 5  mm Conveyor With Shorter P i p e ................... 136
5.3.5 Set 5 - 5 0  mm C onveyor......................................................136
5.3.6 50 mm Conveying, Pure Vertical Configuration . . . .  141
5.3.7 Conveyor Pressure D r o p ......................................................142
5.3.8 Slugging P lo ts ........................................................................ 143
6 Discussion and Revised Theory 145
6.1 Experimental Errors and L im ita tions............................................145
6.1.1 Solids Flow R a t e ................................................................. 145
6.1.2 Gas Flow R a t e ..................................................................... 146
6.1.3 Pressures ...............................................................................150
6.2 Evaluation of R esu lts ........................................................................ 150
6.2.1 Numerical Results ............................................................... 150
6.3 Recommended Improvements for Further Experimental Inves­
tigation ..............................................................................................157
6.3.1 Visual R esults........................................................................ 159
6.4 Theoretical Modelling of the System ............................................160
6.4.1 Evaluation of Konrad M odel............................................... 160
6.4.2 Gas-Solids Ratio P red ic tio n ............................................... 162
6.4.3 Empirical M o d e l .................................................................. 166
6.4.4 Proposed M o d e ls .................................................................. 169
3
6.5 Design Concepts for the Full Scale S y s te m ................................ 172
6.5.1 The Full-Scale Conveying System Design Process . . . 172
6.5.2 Conveyor Venting O p tio n s ..................................................174
7 Conclusions 8z Recommendations 179
7.1 Previous Work ................................................................................179
7.2 Experimental C onclusions.............................................................179
7.3 The Full-Scale Design...................................................................... 180
7.4 Recommended Experimental Improvements................................ 180
7.5 Recommended Model Improvements............................................. 181
7.6 Recommendations for Full Scale D esign.......................................181
A Fluidized Bed Heat Exchanger Design 189
B Heat Exchanger Selection 196
B.l Heat transfer a re a ............................................................................ 196
B.2 Heat Transfer Coefficient................................................................197
B.3 Cooling Water Flow R a t e .......................................................... 198
C Ormiston-Leung Model Calculations 199
D Pressure vessel Drawings 204
E Hopper Loading calculations 207
E.l Aluminium S tru c tu re ......................................................................207
E.2 Polycarbonate P anels ......................................................................208
F Orifice Plate Design 210
G General Safety 214
G.l M in u te s ............................................................................................214
G.2 P E D .................................................................................................. 216
H Generic Risk Assessment 218
I Spreadsheet Hand Calculations 221
J Experimental Results 226
4
Chapter 1 
Introduction
1.1 Nuclear Fusion
1.1.1 H istory
The sun has had a profound impact on human culture throughout the world 
since the earliest days of civilization and the reason is obvious; without it no 
life could survive on Earth. Nevertheless the efforts of physicists to under­
stand the single most important entity required for man’s continued existence 
yielded very little until the early 20th century1. A more fundamental under­
standing of the concept of energy was needed and this was duly provided 
with the development of Einstein’s special theory of relativity in 1905.
In the early 1920s the first hypotheses that formed the foundation for 
nuclear fusion theory were put forward by Sir Arthur Eddington. In Edding- 
ton’s model the sun and stars were giant balls of gas in which very large 
gravitational forces were balanced against the internal pressures which re­
sulted from temperatures of millions of degrees celcius. Recent research had 
shown that four hydrogen atoms had less mass than one He4 atom and the 
fusion of the former to produce the latter could result in the release of energy 
according to the relationship A E  = Ame2 (A E  = energy released, A m  = 
change in mass, c =  speed of light). This was the first plausible explanation 
for the enormous amounts of energy released by the sun.
In the late 1940s scientist began to realize the immense potential of nu­
clear fusion applications both in the hydrogen bomb, and through the long 
term prospect of domestic energy from fusion power plants. Fusion of H1 
atoms in the sun is very slow and ordinary hydrogen atoms were quickly 
deemed to be unviable as a commercial nuclear fuel. Deuterium and Tritium
1 Wesson (2000).
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would be required for the process to be economical and the still slow kinetics 
would have to be enhanced by elevating temperatures to hundreds of mil­
lions of degrees centigrade. Under these extreme conditions confinement of 
the fusion process presented a major technical challenge.
Conveniently hydrogen and helium ionize at high temperatures to form 
plasmas, which means that they can be confined in magnetic fields. Unlike 
particles experiencing random thermal motion, the ions in the fusion plasmas 
follow a helical path around the magnetic field lines. The most obvious way 
of containing the plasma was therefore to use a toroidal vessel around which 
the plasma could circulate, and indeed this was the approach adopted by 
Thonemann and Thomson in the first apparatus of this type; a torus of 
outer diameter 25 cm and bore 3 cm. As more advanced designs began to be 
built by various other researchers, it became apparent that there were major 
problems with plasma instability. Over the years a variety of different field 
coil configurations were used in successive prototypes in an attempt to make 
the plasma manageable, famous examples being the ‘Stellarator’ and the 
‘Levitron’. In the end the ‘Tokamak’ configuration developed by Sakharov 
and Tamm in the Soviet union during the 1960s became the basis of most 
later designs.
The tokamak used a system of field coils to produce toroidal, radial and 
vertical field components. These fields combined to form a magnetic field 
structure that confined, shaped and controlled the plasma in the form of a 
toroidal ring (see Figure 1.2).
The world soon came to recognise the potential of Tokamaks and a ma­
jor step forward came with the construction of ‘Tokamak de Fontenay-aux- 
Roses’ (TFR) in France. Nevertheless the greatest advance to date has been 
the completion of the ‘Joint European Torus’ or ‘JE T ’ (see Figure 1.1) in 
1983 at the Culham Science centre near Oxford, UK. The plasma volume of 
over 100 m3 was more than 100 times larger than any of the earlier magnetic 
confinement reactors and it is still the largest facility of its kind in the world. 
Over the last 20 years, work at JET has made it possible to start an im­
proved design, the ‘International Thermonuclear Energy Reactor’ (ITER). It 
is hoped that this will lead to the construction of a working prototype fusion 
plant (DEMO).
1.1.2 T he Fusion P rocess
There are numerous reasons why the prospect of generating electrical power 
through nuclear fusion is extremely attractive. The process itself emits no 
C 0 2 and replacement of fossil fuel-based plants could in the long term play 
a major role in meeting government C 0 2 emissions targets. The availability
6
Figure 1.1: JET
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Figure 1.2: The Tokamak field coil arrangement
of deuterium and tritium  fuels is effectively limitless because of the small 
quantities required; the former can be extracted from water and the latter 
can be produced by bombarding a mixture of lithium and beryllium with 
neutrons. Because the reactor operates on a continuous basis, systems failure 
will generally result in extinction rather than ’Thermo-nuclear runaway’ as 
the feed can be cut off. Conventional fission power is not intrinsically safe, 
partly because it is essentially a batch process and the amount of fuel in a 
typical reactor is more than enough for runaway to occur. The radioactive 
waste that is produced in fusion power generally becomes safe within 100 
years, whereas fission waste remains active for more than 100,000 years after 
production. In today’s political climate it is of particular interest that fusion 
waste cannot be used to make effective nuclear weapons, whereas fission waste 
typically contains around 1% plutonium, which is the most common material 
for nuclear bomb production. Also replacement of the fission process would 
considerably reduce the threat from terrorist organisations that might wish 
to manufacture ‘dirty bombs’.
The principal nuclear reaction under investigation for use in commercial 
fusion plants is:
H 2 + H 3 — > JTe4 +  ne +  energy (1.1)
Each reaction liberates 2.8 x 10-12 J, meaning that just 1 g of fuel mixture 
will produce over 300,000 MJ of energy. The escaping neutrons react with a 
lithium 6 blanket which covers a large proportion of the inside surface of the 
reactor:
Li6 +  ne ^  He4 +  H 3 (1.2)
This provides the H 3 required to maintain reaction (1.1), however the blanket 
cannot collect all the escaping neutrons because some will be absorbed by 
other parts of the reactor. A beryllium multiplier is added to propagate 
additional neutrons so that reaction (1.2) can be sustained and the tritium 
concentration maintained:
Be9 +  ne — ► 2He4 +  2ne (1.3)
During steady state operation of a tokamak fusion reactor some of the 
deuterium and tritium fuel, the helium byproduct and other impurities will 
migrate to the outer layer of the toroidal plasma ring. Additional coils located 
above and below the plasma ring can be used to “scrape off” this layer, thus 
creating a means of purging the plasma. Although the exterior of the plasma 
core is the coolest part, the diverted plasma streams still have a very high 
energy and rapidly erode any surface that they come into contact with. Even 
if the sacrificial ‘plasma divertor plate’ is made of materials resistant to this 
erosion (sputtering) such as SiC, it erodes at a rate of several mm per week.
1.1.3 T he Spherical Tokamak
During the 1990s, physicists at Culham began investigating a new design of 
containment field in which horizontal field coils encircled the inside of the 
vessel and a vertical magnet ran up through its core. This coil arrangement 
yielded a much more compact plasma. A preliminary testing programme 
using the first prototype, the ‘Small Tight Aspect Ratio Tokamak’ (START), 
was completed in 1998. The results suggested that the spherical tokamak 
might be a much more efficient design than the JET-type tokamak. A larger 
prototype called the ‘Mega Amp Spherical Tokamak’ (MAST, Figure 1.3) 
was therefore designed and constructed and experiments began in 1999.
In a spherical tokamak, diverted plasma intensities are lower and the angle 
of incidence with the divertor plate is higher than in a JET-type tokamak. 
These less severe conditions offer the possibility of using a surface which 
replenishes itself, such as a cascade, to intercept the diverted plasma. Any 
cascade could consist of either a liquid or a granular solid material. If a 
liquid were to be used, it would be hard to find a suitable material that 
has a very low vapor pressure, is liquid over the required temperature range
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Figure 1.3: MAST (Diagram supplied by the UKAEA)
and has a low electrical conductivity. Evaporation of the cascade would 
contaminate the core and thus promote excessive thermal radiation resulting 
in its extinction. High electrical conductivity would result in the cascade 
being diverted into the wall of the reactor by the magnetic field before it 
could fully achieve its purpose. A cascade of granular solids can avoid both 
these problems, but requires a complicated handling system, so research into 
liquid divertors is still continuing. This dissertation will be concerned only 
with the granular solid ‘Cascading Ball Plasma divertor’.
1.2 The Cascading Ball D ivertor2
1.2.1 T he D ivertor S ystem
As well as having a high heat capacity per unit mass, the material used for the 
cascading balls in the divertor system needs to be resistant to thermal shock, 
physical sputtering and attrition in the divertor system. Silicon carbide was 
initially selected as the material which best fulfillled all of these criteria. 
It was decided to coat the silicon carbide balls with tungsten as it has a 
higher resistance to sputtering, whilst having a density too high to merit 
selection as the core ball material since this would result in excessive energy 
consumption during fluidizing or conveying (see Figure 1.5). The coating 
also enables a certain amount of ‘pre-stressing’ of the balls due to differential 
contraction during the cooling which follows the coating process. By carrying 
out a finite element analysis the optimum ball diameter was selected as 3.5 
mm, including the coating, as this gave the best resistance to thermal shock, 
whilst still being small enough for formation of a suitable cascade according 
to Voss et al. (2004). Currently the use of a silicon carbide core is under 
question as the tungsten shell might provide sufficient mechanical strength 
for a graphite core to be used instead. Use of graphite would offer several 
advantages over Silicon Carbide, although its high electrical conductivity and 
resulting interaction with the magnetic field must be taken into consideration 
in any assessment.
The proposed pebble cooling and transport system is represented in fig­
ure 1.4.
The ball handling system is comprised principally of a fluidized bed heat- 
exchanger, a pneumatic conveying line, several solids collection vessels and 
some gas extraction systems. The fluidized bed facilitates heat transfer be­
tween the helium-fluidized hot pebbles and the helium-cooled coils shown
2Unless otherwise stated, all information in the next two sections has been obtained 
through verbal or written communication with the industrial sponsors of this project.
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on Figure 1.5. Fluidized beds give substantially better heat transfer than 
packed beds, which is especially beneficial because in heat exchange from a 
bed of particles the bed-side resistance usually dominates.
The helium used to fluidize the solids is recirculated. After passing 
through the bed it is cleaned by dust filters and flows back down through a 
tapered central chamber, where a centrifugal fan is used to return the gas 
to the plenum chamber at the base of the bed. A distributor plate is used 
to ensure even fluidization. Hot pebbles are introduced into the bottom of 
the bed and flow upwards between the heat exchanger tubes, which contain 
helium at 80 bar passing counter-current to the pebbles. Because of mixing 
in the bed, the extent to which it will behave like a counter-current heat 
exchanger is unknown. The high pressure in the bed is used to blow the 
cooled particles up helium conveying lines which are connected to the side of 
the bed. The conveying lines lead to overhead collection vessels, from which 
the solids are fed back into the fusion reactor. These collection vessels will 
probably need to be at least 25 m above the level of the conveyor exit.
During their passage through the reactor the solids will be eroded through 
plasma sputtering, which generates dust. The dust weakly adheres to the 
surrounding pebble surfaces due to electrostatic and intermolecular forces, 
however the interactions between the pebbles in the fluidized bed are ex­
pected to release it. Consequently it is expected that much of the dust will 
be entrained in the fluidizing gas and will need to be removed by filters. The 
remaining larger particles or broken pebbles will accumulate at the top of 
the bed and can be removed as required by a separate pneumatic conveying 
line.
The state of development of the divertor system as of 2004 was described 
by Voss et al. (2004). Most aspects of the proposed system are well under­
stood; however many issues regarding the pneumatic conveyor need further 
investigation. Use of mechanical conveying is not desired for various reasons; 
principally because maintenance would become problematic in a radioactive 
environment and tritium containment would be difficult. Unusually for pneu­
matic conveying, a high pressure drop is beneficial as it will make it easier 
to remove the conveyor gas once the solids have reached the upper collection 
vessel. The pneumatic conveying literature is not yet sufficiently developed 
for it to be used with confidence in the design of very tall dense-phase pneu­
matic conveyors which are used to transport coarse solids.
1.2.2 Prelim inary D esign  C alculations
This section will discuss the design of the divertor system as a whole and is 
important for putting the main thesis in context. Similar calculations have
14
been carried out by the industrial sponsor.
The power transferred to the balls by the diverted plasma is the crucial 
factor in the design of the divertor system. The fraction of the overall energy 
transferred to the cascade will be determined by its opacity. Opacity is a 
measure of the proportional reduction in light intensity caused by a barrier 
and is defined according to equation (1.4):
(1.4)
where I  is the light intensity before the barrier and J0 is the light intensity 
after the barrier. Voss et al. (2004) suggest equation (1.5) as a good method 
for estimating the opacity of the cascade:
9 = 1 — exp - S W
2ps (/ — k(f) d ] J 2 9 h  + (; W —  Yb kd) J
(1.5)
PsiX—Y){l—kd){b-
The terms in equations (1.4) and (1.5) are explained in Figure 1.6.
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Figure 1.6: Opacity of a Cascade of Particulate Solids Falling from a Slot
Equation (1.5) was formulated by Johnson et al. (2004) using a series of 
continuity and motion equations and Beer’s law (equation (1.6)):
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I  = / 0e(-“>x> (1.6)
In equation (1.6) a\ is the spectral absorption coefficient of the material and 
x  is the path length of the light within the material. It is assumed that the 
cascade will block the plasma path in the same way as it blocks the light 
path.
Equation (1.5) is designed for predicting the opacity of a solids cascade 
discharging from a hopper through a rectangular slot. It ought to be possible 
to apply it to an annular slot if the inner and outer radii are both sufficiently 
high. W is determined using a modified version of the equation of Beverloo 
et al. (1961) (equation (1.7)) which was also developed by Johnson et al. 
(2004):
W  = 1.15pB(g cos€)V ^  ~  F  (1.7)
Vl + o — kd
where pB is the solids bulk density, £ is the angle between the hopper cen­
treline and the vertical, F  =  (tan o: tarn/7)-0'35 (unless a  > 90 — -0, in which 
case F = l), a  is the hopper half angle, and ip is the stagnant zone inclination.
Equation (1.5) cannot be solved explicitly for the system of interest be­
cause the required pebble flow rates are not initially specified. It will be 
necessary to obtain a first estimate of W by assuming total opacity, then 
iterating to find the actual opacity and the required slot dimensions.
The energy of the diverted plasma comes from two sources. The total 
fusion power is 3100 MW however an additional 60 MW of neutral beam3 
energy must be taken into account. About 10% of the total fusion power and 
50% of the neutral beam energy is emitted with the diverted plasma. The 
total heat duty absorbed by the balls is therefore 340 MW. 5% of this leaves 
via the inboard side of the divertor and 95% leaves via the outboard side and 
solids flow rates must reflect this. As discussed in section 1.2.1, the balls are 
cooled by a fluidized bed heat exchanger which is shown in Figure 1.5. Some 
adaptations might be necessary, for example the pebble outlet line should be 
at least two pipe diameters beneath the top surface of the fluidised bed.
Maximum mean ball temperatures in excess of 1200°C are undesirable 
due to the negative effects on the material properties, so a target mean 
temperature of about 1100°C has been selected. Good heat recovery from 
the outlet helium is desired. After being cooled and recycled the gas used in 
the fluidized bed heat exchanger cooling tubes should ideally be at an inlet 
temperature of not less than 300°C so that high grade heat can be extracted. 
With this constraint a target heat exchanger ball outlet temperature of 350° C
3The neutral beam is formed from deuterium which has been ionized, accelerated then 
neutralised.
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can reasonably be selected. The mean specific heat capacity of the balls can 
be determined using equation (1.8):
H — ^'P°P0 (dO ~  ^c) CpcPcdg
where Cpav is the mean specific heat capacity, Cpo is the specific heat ca­
pacity of the coating, Cpc is the specific heat capactity of the core, d0 is the 
outer diameter of the ball and dc is the diameter of the core. The optimal 
diameters have been found to be 3.5 mm overall and 3.4 mm for the core 
(Voss et al. (2004)). According to Perry & Green (1997) the specific heats 
in cal m o l'1 K "1 are 2.674 +  0.002617T -  116900/T2 for graphite (RAM 
=  12.01), 8.89 +  0.00291T -  284000/T2 for silicon carbide (RMM =  40.07) 
and 5.65 +  0.00866T for tungsten (RAM =  183.92), where T  is the temper­
ature of the material in K. If a mean temperature of 727°C or 1000 K is 
assumed, this gives respective specific heats of 1800 J kg-1 K_1 for graphite, 
1200 J kg-1 K-1 for silicon carbide and 325 J kg-1 K_1 for tungsten. The 
respective densities are 2260 kg m-3 for graphite, 3170 kg m-3 for silicon car­
bide and 19300 kg m-3 for tungsten. The mean specific heats of the balls are 
therefore 890 J kg-1 K_1 if a silicon carbide core is used or 1160 J kg-1 K_1 
if a graphite core is used. A satisfactory solids temperature change would 
be obtained for a flow rate of 510 kg s-1 of silicon carbide or 390 kg s_1 of 
graphite cored balls.
The initial assumption of total opacity can now be reviewed. The radius 
of the outer divertor curtain will be around 2.5 m, meaning that the slot 
length will be about 16 m. If 95% of the balls flow through the outboard 
divertor, the solids flow rate will be 485 kg s_1 for the silicon carbide scenario. 
The constant k is usually taken as 1.4 and the voidage can be estimated to be 
0.4. Taking the slot width to be 5 cm and assuming contact with the plasma 
occurs at no more than 0.1 m below the top of the cascade, the calculated 
opacity is 87%. This means that the total opacity assumption is poor and 
the heat duty must be corrected. It would be unwise to reduce solids flow 
rates as this would result in further reductions in opacity. The corrected heat 
duty is therefore 0.87 x 340 x 106 =  296 x 106 W.
If the calculated opacity is too low, the solids flow rate should be increased 
to achieve the required target. Increasing the solids flow rate will also improve 
the grade of the recovered heat and reduce fluidized bed volume requirements 
because the solids will not need to be cooled down as much during a fluidized 
bed heat exchanger pass. For example, doubling the solids flow rate will 
increase opacity to 98.5%, reduce fluidized bed volume requirements by a 
third and raise the helium outlet temperature by over 250 K. The lower 
temperature change might also decrease thermal stresses. These factors need
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to be balanced against the energy required for conveying solids at higher flow 
rates.
The helium used in the divertor system needs to be at a high pressure 
so as to achieve good heat transfer rates and high heat capacity per unit 
volume. Due to the large diameter requirements for the fluidized bed vessel 
a pressure of 10 bar has been assumed as a maximum safe value, however it 
will be safe for the helium in the cooling tubes to be set at a higher pressure 
of 80 bar (see Voss et al. (2004)). Design calculations for the fluidized bed 
heat exchanger system can be found in Appendix A. For the minimum solids 
flow rate of 510 kg s-1 it was found that 4 beds were required and that each 
needed to handle about 130 kg s-1 of solids, or 170 kg s-1 if one of them 
was down for maintenance. If the flow rate was doubled to 1020 kg s-1, only 
three beds were required, but each had to handle 340-510 kg s-1 of solids. 
The solids in the beds can be fed directly into helium conveying lines or risers 
which connect to the vessel at least 2-3 pipe diameters below the level of the 
bed. The optimal number and design of these conveying lines needs to be 
ascertained and the rest of this dissertation will focus on this problem.
18
Nomenclature
Latin
b Slot Width m
cP Specific Heat Capacity J kg"1 K -1
Cpav Mean Specific Heat of Solids J kg"1 K "1
Cpc Specific Heat of Solids Coating J kg"1 K -1
Cp0 Specific Heat of Solids Core J k g '1 K -1
C Speed of Light m s_1
d Particle Diameter m
dc Outer Diameter of Particle Core m
A E Change in Nuclear Energy J
9 Acceleration Due to Gravity m s-1
h Drop Height m
I Light Intensity cd
h Light Intensity Without Obstructions cd
l Slot Length m
A M Net Change in Nuclear Mass kg
T Temperature K
W Solids Flow Rate kg s"1
Greek
a Hopper Half-angle °
e Voidage -
$ Friction Factor -
Pc Density of Solids Coating kg m-3
Pg Gas Density kg m-3
Po Density of Solids Core kg n T 3
Ps Solids Density kg m-3
e Opacity -
Ç Angle Between Hopper Centreline & the Vertical O
ïp Stagnant Zone Inclination o
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Chapter 2
Literature Review & Theory
2.1 H istory & Background o f Pneum atic Con­
veying
2.1.1 D evelopm ent
Pneumatic conveying is a term used to describe processes which transport 
particulate or granular materials along pipes using the solids-gas friction 
supplied by a flowing gas. Although there are no restrictions within this 
definition on orientation of the pipe or the number of bends, pure vertical or 
pure horizontal pneumatic conveying systems are the best understood from a 
theoretical perspective. In vertical pneumatic conveying, the solids are usu­
ally fluidized; the solids are fully supported by drag forces and since they are 
not constrained by inter-particulate friction they behave like a fluid. Excep­
tions include fixed-bed dense-phase or plug flow conveyors (see Table (2.1), 
where the respective packed or falling solids suppress the fluidization in the 
material below. In horizontal conveying, solids are only fluidized at very high 
transport velocities, and the solids-gas drag forces have to overcome various 
wall frictional forces instead.
Very little information is readily available in the literature regarding the 
first pneumatic conveying processes. The development of commercial d.c. 
electric motors by Zénobe Gramme in 1873 and a.c. motors by Nikola Tesla 
in 1888 which could be used to power blowers (see Wikipedia (2007)) meant 
that pneumatic conveying would have been feasible in the late 1800s. Some of 
the earlier literature from industrial sources, such as Vogt & White (1949), 
Farbar (1949) and Belden & Kassel (1949) cite references dating back to 
the mid 1920s. Given the body of literature present at the time, there can 
be no doubt that pneumatic conveying lines were in common industrial use
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by the 1940s, however it is interesting that academic interest only became 
significant in the 1970s with the start of the Pneumotransport conference 
series and work such as that of
2.1.2 A pp lications
Common materials suitable for pneumatic conveying include flour, granular 
chemicals, lime, soda ash, plastic chips and coal (Konrad (1986a)). At low 
conveying velocities, where attrition is not a problem, irregular materials 
such as maize germ, muesli and pet food can also be transported (Pan & 
Wypych (1997)). A major advantage of pneumatic conveying over mechanical 
conveying is that it uses very few or no moving parts, meaning that it is 
easier to clean and maintain and potentially more reliable. This often makes 
it the optimal solution in applications where hygiene is required, i.e. food or 
pharmaceuticals. Where dusty or radioactive materials need to be enclosed, 
as is the case in the cascading ball divertor system, it is also advantageous.
2.1.3 T yp es o f Conveyor
Pneumatic conveyors are usually divided into two categories; dense-phase 
and dilute or lean-phase. In addition a third category described as ‘moving 
bed transport’ is suggested by Li & Kwauk (1988a), however this is arguably 
a form of dense-phase conveying according to the most up-to date definitions, 
e.g. those of Fan & Zhu (1998).
Historically there have been many suggestions as to where the bound­
ary between dense-phase and lean-phase conveying should lie, and these are 
discussed in Konrad (1986a). Among them is the definition illustrated in 
Figure 2.1 which has been taken from Fan & Zhu (1998). Note that in Fig­
ure 2.1 ‘G’ is used to refer to the solids flow rate rather than the gas flow 
rate.
The dense-lean boundary can be defined mathematically: if 
the conveying is dilute-phase but if < 0 it is dense-phase (U is the
gas velocity, P  is the pressure drop, z is the vertical position within the 
conveying line and W  is the solids flow rate). Unfortunately this definition 
is not adequate because solids-wall friction can occur during dense-phase 
conveying, particularly for coarse materials (see Fan & Zhu (1998)). This 
means that under very dense conveying conditions the pressure drop some­
times rises with increasing gas velocity. Figure 2.1 does not extend to these 
conditions, however it can clearly be seen in the results of Sandy et al. (1970) 
that it is often true that > 0 for very dense flows. The definition
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Dense Flow « Dilute Flow
G3 G2 G1I
I?
i'i
Gas Alone (G = 0)
G3 > G2 > G1
Superficial gas 
velocity
Figure 2.1: Dense-Lean Boundary (G =  solids flow rate)
illustrated in Figure 2.1 will therefore not necessarily be useful under all cir­
cumstances. For the purpose of this work the final minimum in the pressure 
gradient-velocity curve will be adopted as the division between dense and 
dilute-phase conveying.
In some cases, pneumatic conveyors are modified to mitigate problems 
with the conveyed material or prevent flow regime changes. Some examples 
are described by Mills, Jones & Agarwal (2004):
e Pulse-phase conveyors use an aeration ring near the start of the con­
veyor from which air is injected at regular time intervals. This helps 
to keep the solids fluidized and promotes solids plug formation, thus 
reducing wall friction and blockages (see Figure 2.2).
• Air addition systems aim to keep the conveyed medium aerated through 
continuous or non-continuous distributed addition of air to the pipeline. 
This can make the flow more dilute than would ideally be desired, but 
reduces the chance of blockages occurring.
• Air Bypass systems allow for interchange of air between the main con­
veying line and an external pipeline. This allows local variation of the 
air mass flow rate and can be useful when gas expansion due to depres- 
surisation is significant or when the system is prone to blockages (see 
Figure 2.3).
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Tank
Timer
Air Knife
Solenoid Valve
Figure 2.2: Pulse Phase Conveying System, Mills, Jones & Agarwal (2004)
External Bypass Line
:
Figure 2.3: A Typical Air Bypass Line Configuration, Mills, Jones & Agar­
wal (2004)
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Other conveying systems often use pneumatic conveying or fluidization 
principles too. Mills, Jones & Agarwal (2004) gives a detailed description 
and analysis of ‘fluidized motion conveyors’ in which solids are allowed to 
flow down a gentle gradient whilst being fluidized from below. A system 
where solids are lifted up a tube by a piston with the aid of air permeation 
was described and analysed by Roberts & Jones (2003).
2.1 .4  P h ase  D iagram s
An important concept which was developed by Zenz (1949) and discussed 
extensively by Konrad (1986a) is the phase diagram. A simple example of 
a phase diagram is given in Figure 2.1, however the more extensive phase 
diagram developed by Zenz (1949) can be found in figure 17-2 of Perry & 
Green (1997). If axes are numbered, a phase diagram is only valid for one 
material and pipe configuration. Usually, superficial gas velocity is plotted 
on the x axis and pressure gradient is plotted on the y axis and the diagram 
is used to plot curves of constant solids flow rate. It is often necessary to use 
logarithmic scales. In theory any experimental data plotted on the diagram 
must lie between the curve for an empty pipe (2.1), as can be determined 
using friction factors, and the curve for a packed bed, as calculable from the 
Ergun equation (2.2).
A P  = l/2pgU2acf ^  (2.1)
where A P is the pressure drop, pg is the gas density, c/ is the gas friction 
coefficient, L  is the pipe length and D is the pipe diameter. The Ergun equa­
tion is an empirical relationship which is used to predict the pressure drop 
of a gas flowing through a packed or incipiently fluidized bed of solids. The 
total pressure drop is assumed to be equal to the sum of the two components 
on the right-hand side of the equation which account for viscous and inertial 
terms respectively.
A P 150 (1 — e)2 p, (Ua/e — vs) 1.75 (1 — e) pg (Ua/e — us)2
^  (# v ) 'e 2  I ' ^
where e is the bed voidage, p, is the gas viscosity, Ua is the superficial gas 
velocity, z/s is the solids particle velocity, -0 is the paricle sphericity and dv is 
the effective particle diameter, defined as ( s^faœArea ) •
On the packed bed curve, the minimum pressure gradient required to 
move the solids in vertical conveying will be given by the mean density of 
the solids-gas medium multiplied by the acceleration due to gravity, assuming 
that the solids are fully fluidized. On the empty pipe curve, the minimum
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velocity required to move a single particle up a vertical pipe can usually be 
approximated as the terminal velocity of the particle.
2.1.5 F low  R egim es in P n eu m atic  C onveying
Although the flow regime transitions in horizontal and vertical pneumatic 
conveying occur through slightly different mechanisms, the processes are 
analogous. Table 2.1 has been compiled using information from Coulson 
& Richardson (1999) and Bi &; Grace (1995). The flow regimes are listed in 
order of decreasing gas velocity.
H orizontal Conveying V ertical Conveying
1 U niform  suspended flow
Evenly distributed particles
H om ogeneous d ilu te-phase flow
Evenly distributed particles
2 N on-uniform  suspended flow
Higher particle concentrations 
towards bottom of pipe
C ore-annular d ilu te-phase flow
Fast, dilute solids upflow in core of pipe; 
slow, dense solids downflow at wall
3 Slug flow
Solids slug Tipples’ pass over 
stationary bed in base of pipe
S lu g /b u b b le  flow
Conveyed solids are fluidized, but contain 
‘bubbles’ of low solids concentration
4 P lu g /d u n e  flow
Solids form square-nosed moving 
plugs or are swept from one static 
dune to the next
P lu g  Flow
Frontal stresses cause formation of 
square-nosed plugs with significant wall 
friction
5 M oving bed  flow
Packed bed of solids moves along 
pipe with velocity gradient in 
vertical direction
F ixed  bed  dense-phase tra n sp o r t
Flaring of pipeline suppresses fluidization 
at bottom of tube so that solids can flow 
as a packed bed
Table 2.1: Pneumatic Conveying Flow Regimes
Due to the high solids velocities and high conveying gas flow rates re­
quired, dilute conveying will almost certainly not be appropriate for the 
divertor system as the solids are very coarse and dense. This means that 
only vertical regimes 3-5 in Table 2.1 are of importance in this work.
2.1.6 Selection  o f C onveying M od e
The solids which are to be used in the divertor system are very coarse and will 
not convey in the round-nosed slugging regime (Fan & Zhu (1998)), meaning 
that the conveying options available are plug flow (Konrad (1987)) and fixed
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bed dense-phase transport, otherwise known as moving bed conveying, (Li & 
Kwauk (1988a&±>)). Each option has advantages and disadvantages for the 
desired application. Advantages of moving bed conveying are:
• Flow is almost continuous, although arching can cause temporary block­
ages
• There is little particle attrition
• Solids flow rates are fairly high
• The pressure gradient is high, so the high pressure of the fluidized bed 
heat exchanger gas can be dissipated.
• Gas flow rates are low 
Disadvantages are:
• It is very difficult to convey the solids around bends because they are 
not fluidized.
• Flared or stepped conveying lines are required in order to compensate 
for the expansion of fluidizing gas, which increases drag forces. Flared 
or stepped lines are less robust, harder to manufacture, and more ex­
pensive.
• The energy efficiency of conveying is low
• For control purposes, the range of solids flow rates available is very 
limited
Advantages of plug flow conveying are:
• Solids flow rates can be relatively high for the amount of gas used
• Conveying around bends is possible
• The energy efficiency of conveying is potentially quite high
• The solids flow rate can be controlled over a fairly wide range
• The simple construction of the pipeline makes it a robust design
• The pressure gradient is sufficiently high to dissipate most of the feed 
gas pressure
Disdavantages are:
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• Flow is not continuous
• Since the inlet-outlet pressure ratio is high, some pipeline stepping or 
gas venting might be required
• Mild particle attrition will occur
Overall the plug flow system appears to be more attractive in the desired 
application due to its robustness and flexibility. The option to vent gas (see 
Figure 2.4) is also very attractive as moderate pressure helium can be recycled 
from the venting points back to the fluidized bed, thus reducing compressor 
running costs. Gas venting also gives the system flexibility as solids and gas 
flow rates can be controlled locally where necessary. This might be desirable 
when blockages need to be eliminated, in order to prevent development of 
dilute phase flow, or if it becomes beneficial to push the conveying mode in 
the direction of the moving bed scenario.
Hopper
m
Compressors
w s e y s s s s
«
Figure 2.4: Simplified Diagram of A Vented Conveyor System
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2.1 .7  T heories o f  H orizontal D en se-P h ase P n eu m atic  
C onveying
In recent years there have been numerous publications relating to horizontal 
dense-phase conveying and several predictive models have been developed for 
parameters such as pressure gradient and wall friction. This new generation 
of models started with the theoretical approach of Konrad described in Kon­
rad & Davidson (1984) and Konrad (1986b). The new horizontal conveying 
models were based on a momentum equation which contained pressure gradi­
ent and solids-wall friction terms, but ignored acceleration terms. Typically 
the models took the form of equation (2.3)
dP
— ocfw = 0 (2.3)
where a  is the fraction of the conveying line occupied by the plug phase and 
f w is the wall shear stress due to friction. Equation (2.3) is best suited to 
well-developed dense-phase flows, e.g. plug flow or dune flow and would not 
be expected to show good predictive behaviour for dilute-phase conveying 
or conveying in short pipes. The method of calculating f w in equation (2.3) 
depends on the assumptions made, however Mi & Wypych (1994) recommend 
equation (2.4):
fw = =  - ^ p c r /  +  ZptgHw (2.4)
where ls is the plug length, jiw is the coefficient of wall friction, À is the 
stress transmission coefficient, oy is the frontal stress on the plug, pb is the 
solids bulk density and g is the acceleration due to gravity. Equation (2.4) 
assumes that the solids are conveyed in the plug-flow regime and allows for 
wall friction from two mechanisms. The first mechanism is friction due to 
the propagation of frontal stresses on the plug. It is accounted for by the first 
term on the right-hand side of equation (2.4). The second mechanism is wall 
friction from the weight of the solids, which is accounted for by the second 
term on the right-hand side of equation (2.4). The frontal stress, oy, occurs 
because plugs usually deposit some material at the rear as ‘stationary bed’. 
A force is exerted when the next plug picks this material up. An estimate 
of the amount of ‘Stationary bed’ between the slugs is necessary to calculate 
oy. The approach recommended in Mi & Wypych (1994) was to determine 
the fractional cross sectional area occupied using an empirical relationship 
such as equation (2.5):
= ________ \________  (2 5)
l  +  ^ / 0 .5 4 2 \ / ÿ D  ^
where Ast is the cross-sectional area of stationary bed, A  is the total pipe 
cross-sectional area and Usiug is the gas slug velocity. Prediction of U8iug was 
possible using a further set of empirical and semi-empirical relationships. 
The frontal stress was then given by equation (2.6):
(7f  — ~£pbstUsiug (2.6)
where pbst is the bulk density of the stationary bed. Equations (2.5) and (2.6) 
were tested for several cohesionless materials (plastic pellets, wheat and bar­
ley) which were conveyed in lines of diameter 105-156 mm and length 52-96 
m. An alternative empirical relationship (equation (2.7)) for predicting the 
stationary bed fraction was proposed by Woods et al. (2008), and has so far 
been validated for plug flow using white plastic pellets, turnip seeds and steel 
shot in pipes of diameter 25 mm and length 0.755-1.77 m.
1—-  =  1 — exp A md -w (2.7)pbD^Umf
where d is the particle diameter and Umf  is the superficial incipient fluidiza­
tion velocity. Equation 2.7 is easier to use than equation 2.5 because it does 
not require a prediction of slug velocity. A very good fit to the experimental 
data was obtained using a K w (Janssen’s coefficient) value of 1, so that A 
was given simply by pw = tan(f)w (where <j>w is the angle of wall friction).
2.1.8 T heories o f  V ertical D en se-P h ase  P neum atic C on­
veying
In vertical pneumatic conveying, prediction of pipeline pressure gradients 
can either be considerably simpler or considerably more complicated than in 
horizontal conveying. If solids are relatively fine and are well-fluidised, then 
the frontal stresses on any slugs due to solids downflow are very small and it 
may be possible to neglect wall friction (see Figure 2.5), so that the pressure 
gradient can be approximated using equation (2.8):
(2 .8)
where pmb is the solids bulk density at the minimum gas flow rate for bubbling 
fluidization. This approach is advocated in Coulson & Richardson (1999). 
The aeration characteristics of the solids will determine pmb and two-phase 
theory can be used to determine a  based on a series of continuity and slip 
relations. For the case where bubbling or slugging occurs just above incipient
dP
-T -  -  <xpmig
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Figure 2.5: Diagram of Solids Plugging in Vertical Dense-Phase Pneumatic 
Conveying
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fluidization, a simple equation (2.9) for determining a  has been developed 
by Ormiston (1966) (cited in Leung & Towler (1973)):
l  — a  = ___________ —__ ^ ___________  (2 91
where Ws is the solids flow rate, ps is the solids density and em/ is the 
voidage at incipient fluidization. Unfortunately it appears that all major 
UK library holdings of the conference proceedings1 where Leung originally 
evaluated equation (2.9) have been lost. This meant that it was not possible 
to ascertain the circumstances under which Leung believed equation (2.9) to 
be applicable.
A similar approach to that of Leung & Towler (1973) was advocated by 
Matsen (1973), whose analysis lead to equation (2.10)):
Pmb _  -, , (Ua ~  Um f) ~  — 1 i ---------—----
Pav Uj) +=  1 +   -------rr ■ W (2.10)PmbA
where pav is the average density of the solids gas mixture, and [/& is the 
relative bubble rise velocity. Comparision with the model of Leung is possible 
by rearranging the equation (2.10) to the same form as equation (2.9) so as 
to yield equation (2.11):
l - a  = ___(0a ~ t/m/) ~  €m/^ ___  (2 11)
{Ua -  Um f ) +  ^  +  0.35V55 1 ' j
It can be seen that the model of Matsen (1973) is different to the model
described in Leung & Towler (1973). The difference occurs because one of
the underlying equations in Matsen’s model, namely that for estimating the 
absolute bubble rise velocity, contains an extra — emz,Wypmz, term which is 
not present in the equivalent equation in Leung’s model. It is not clear 
why this term is present in Matsen’s analysis as no flaws could be found in 
Leung’s logic. Matsen’s model was shown to fit the experimental data well 
for bubbling flows in standpipes, however the solids flow rate was very low 
for the comparison experiment meaning that any problems which might have 
been caused by the extra term would not have been observable in this case.
According to Matsen (1973), the two-phase approach was “questionable 
for moving bed or slug flow” because of wall frictional effects. Leung &
1 Pneumotransport 3 - Proceedings of the 3rd International Symposium on Pneumatic 
Transport of Solids in Pipes
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Towler (1973) may have been more optimistic, given that Singh (1978) de­
cided to test their model for slugging risers. Nevertheless, Singh’s work con­
firmed that the range of applicability of equation (2.9) was very limited for 
at least some slugging riser designs. The results of Singh for a 38 mm riser 
are shown in Figure 2.6, and it can be observed that the model described 
by Leung & Towler (1973) (equation (2.9)) deviates from the experimental 
data very soon after the incipient fluidization velocity has been exceeded. 
Equation (2.10) also shows a linear relationship between solids and gas flow
Hj =730 mm 
H0 =380mm
.28
S
Leung's
Present analysis 
k=0-35
•08
•04
1000 2000
Lifting g a s  velocity mm )s
3000 4000
Figure 2.6: Singh’s results for a 38mm Conveyor (k = Fronde number)
rate at constant riser pressure drop, so would probably not have agreed much 
more closely with Singh’s data than equation (2.9). The deviation of Singh’s 
data from equation (2.9) could plausibly be explained by the need for a 
higher gas flow rate in order to maintain the same solids flow rate when wall 
frictional effects are significant.
The analysis of (Singh (1978)) involved a very different approach to those 
of Matsen (1973) and Leung & Towler (1973), although it still relied on two- 
phase theory. Solids flow rate was calculated by assuming a constant solids 
plug mass, then estimating the plug frequency, / ,  (see equation (2.12)) based 
on the predicted bubble slip velocity and an assumed bubble volume.
W  = —D2 fLprPsil — tmf) (2.12)
where Lw is the maximum length of dense phase projecting above the top 
of the conveying line, assumed to be equal to the plug length. The plug
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frequency was estimated using equation (2.13):
/  =  0.084 ( ^ ) 1/2 (2.13)
In order to simultaneously solve for L, Singh developed a further equation 
by considering variations in bed height in the conveying line as a function 
of gas or solids velocities and frequency. This approach supposedly led to 
equation (2.14):
Ua =  V  +  ~  g o +  Umf + Ém//L pr (2.14)
k i g D Ÿ ^ + f L  f
where Hi is the height of the conveying line, H0 is the height of the dense 
phase line which was used to feed the conveying line if it were incipiently 
fluidized (effectively a measure of the line inlet pressure) and & is a constant 
(usually 0.35). Solution of equation (2.14) requires a slip relation which can 
link Ua to Umf, such as equation (2.15):
Ua — Umf = 0.07 y/gD  (2.15)
Unfortunately the excellent fit of the analysis of Singh (1978) to the data in 
Figure 2.6 was brought about by the insertion of the j ’ term into equa­
tion (2.14) without justification and with no mention of wall friction. This 
means that the model of Singh (1978) is unlikely to apply to slugging risers 
in general, although further testing might be worthwhile.
Although Singh’s model did not account for wall friction, subsequent work 
by other authors showed a growing understanding of the mechanisms whereby 
friction could occur in slugging or plugging flows. Konrad (1986a) noted that 
wall friction in vertical dense-phase conveying is particularly severe when 
solids are coarse, i.e. Geldart groups D and possibly B. Konrad explained 
that the higher terminal velocity of larger particle sizes means that frontal 
stresses on the slugs due to solids downflow can be significant, often leading to 
the formation of square-nosed plugs. Under these circumstances the equation 
for the pressure gradient is very similar to the horizontal case, except that an 
extra term needs to be included to take into account the fluid static force from 
the weight of the solids. Currently most equations for the pressure gradient in 
vertical dense-phase pneumatic conveying are based on the equations (2.16) 
and (2.17) which were derived by Konrad (1987) and Konrad Sz Totah (1989):
+  (2.16)
33
A P 4fiwKwpO'f
(2.17)
h
where K Wa and K WP are the respective Janssen coefficients for the active 
and passive cases. Equations (2.16) and (2.17) assume negligible gas-wall 
friction, acceleration or wall cohesion, and are therefore applicable to verti­
cal dense-phase pneumatic conveying of non-cohesive solids at low velocities. 
Development of this form of model will be discussed in more depth in sec­
tion 2.2.
An erroneous relationship for predicting the pressure drop in vertical 
dense-phase conveying where wall friction is significant was developed by 
Wen & Galli (equation (2.18)). This seems to have been propagated in 
several sources, for example in Geldart (1986) it is given as:
where f g is a friction factor for pnuematic conveying. Konrad (1986a) cor-
terms on the right hand side, which represented the interstitial pore pressure. 
Interstitial pore pressure is the driving pressure for dense phase pneumatic 
conveying and is therefore equal and opposite to the sum total of the resistive 
pressure components. The reason why the error was not noticed for several 
years was that equation (2.18) also ignored the solids-wall friction compo­
nent, which coincidentally was often of a similar value to the interstitial pore 
pressure. This information is further supported by an observation of Mills, 
Jones & Agarwal (2004) that in most cases the pressure gradient in vertical 
conveying was roughly double what was observed in horizontal conveying. 
Given that the effects of gas-wall friction in vertical dense-phase conveying 
are usually negligible relative to the effects of solids weight, equation (2.18) is 
essentially the same as equation (2.8) once the erroneous terms are removed.
Much of the more recent modelling work on vertical dense-phase con­
veying systems involved advanced computational approaches. For example 
Dasgupta et. al (1998) used a CFD-type approach to model vertical dense- 
phase conveying. The Dasgupta model is not applicable to this work because 
it is designed for fine particles and treats the conveyed medium as a contin­
uum, with wall friction being predicted using the effective viscosity of the 
suspension. It is not usually appropriate to model coarse solids flows us­
ing CFD because the particles are generally too large relative to the mesh 
size. An alternative approach is to use the more recently developed DEM
A P  _  150 (1 — e ) 2 fig (Ua/e  — za,)
1.75 (1 — e) pg (Ua/e — z/g)2
+  (1 ~  e) (Ps — Pg) 9 + —a — (2.18)^ d ve
rectly observed that equation (2.18) should not have included the first two
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(Discrete Element Modelling) techniques to predict the motion of individual 
particles. A good example of this approach can be found in the work of 
Strauss et al. (2006). DEM simulation is still at a relatively early stage of 
development and is not yet suited to the design of industrial scale systems, 
so will not be discussed extensively in this work.
2.2 Vertical D ense-Phase Pneum atic Convey­
ing
2.2.1 E xperim ental O bservations
The recent development of tomographic techniques for examining solids-gas 
flows has enabled the viewing of flow patterns over the entire cross section of 
the pipeline. The most common of these techniques to be used in monitoring 
pneumatic conveying is electrical capacitance tomography (ECT), which uses 
variations in dielectric permittivity to map the solids distribution (Jaworski 
& Dyakowski (2002)). Phenomena studied which relate to vertical dense- 
phase conveying include choking (Du et al. (2006)) and flow instabilities in 
general (Jaworski & Dyakowski (2002)).
For vertical flow, Jaworski & Dyakowski (2002) identified alternating pe­
riods of high solids concentration and low solids concentration over the cross- 
section of the conveyor where tomographic measurements were taken. This 
was expected as the conveyor was being operated in the plug flow regime; 
the high concentrations corresponded to gas slugs and the low concentrations 
corresponded to solids plugs. It was shown that the solids concentration in 
the gas slugs could reach peaks of 40% by volume, implying that solids down­
flow between plugs was significant. Most of the cross-sectional tomographs 
showed increased concentration of solids near the tube wall during solids 
downflow. Use of the term ‘downflow’ was also brought into question as 
velocity profiles showed some upward motion of solids in the bubble phase, 
although this mainly occurred near the walls and was usually at a lower ve­
locity than the solids in the plug. Velocity profiles in the plug phase were 
fairly uniform, whilst velocities in the lean phase changed significantly with 
both time and position, even within the same cross section.
2.2 .2  Choking
In understanding plug flow pneumatic conveyors it is very important to know 
the gas velocity at which plug flow begins to break up into turbulent or core- 
annular flow. This is known as the choking velocity. If a conveyor is designed
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so that the choking velocity lies within its normal range of operation, pres­
sure gradients, gas velocities and solids flow rates can change dramatically 
when the choking velocity is exceeded. An extensive review of regime change 
prediction methods which was not limited to choking has been published by 
Bi & Grace (1995), however there has been some more detailed work by, for 
example, Du et al. (2006) and Bi et al. (1993). Bi et al. (1993) have col­
lated nearly 30 different definitions for choking from other published work 
by various authors. The term is often used to refer to phenomena other 
than the slugging-turbulent transition, such as the collapse of the conveyed 
material when the pressure drop is insufficient to sustain suspension of the 
solids. Definitions for the ‘classical’ choking which is of interest in this work 
are described in table 2.2 (Bi et al. (1993)).
Author Definition
Zenz (1949) Slugging occurs to such an extent that stable
operation ceases
Lewis et al. (1949) Termination of steady operation due to slug
formation
Ormiston (1966) Bed collapses into slugging state
Yousfi & Gau (1974) Solids slugs extend over the entire pipe
cross-section
Drahos et al. (1988) Formation of slugging dense bed
Mok et. al. (1989) Transport line is plugged
Bi et al. (1991) Slugging occurs to such an extent that stable
operation ceases
Chang & Louge (1992) Loud banging noises and shaking of the riser
resulting from the passage of slugs
Table 2.2: Definitions of classical choking in Fluidized Beds and Pneumatic 
Conveyors
After examining the choking transition using ECT, Du et al. (2006) con­
cluded that different types of choking occurred depending on the nature of 
the solids involved and whether choking occurs above or below the transport 
velocity 2:
• At Ua < Utr and Gs < GSjtr, the choking transition is characterized by 
the formation of square-nosed slugs (0.05 m i.d. column) or wall slugs 
(0.1 m i.d. column) for group B particles.
2The Transport Velocity is the gas velocity at which the material in a fluidized bed 
begins to rise faster than it can fall back down. If the transport velocity is exceeded a 
‘fast’ or ‘circulating’ fluidized bed arrangement is needed.
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At Ua > Utr or Gs > GS}tr, the choking transition is characterized by 
the formation of round-nosed slugs for group B particles.
•  At Ua < Utr and Gs < GSttr, the choking transition for group A particles 
is regarded to be equivalent to the regime transition to the turbulent 
fluidization. This is characterized by the collapse of bed suspension 
and breakage of blobs of solids clusters at the centre of the bed.
• A t Ua > Utr and Gs > Gs,tr no significant flow structure variation 
exists for group A particles and the regime transition to dense-phase 
fluidization is fuzzy.
In the above list, Utr is the superficial gas transport velocity, Gs is the gas 
mass flux and Gs,tr is the gas mass flux required for solids transport. The 
study did not extend to group D solids; however the results for group B 
particles ought to be applicable to the balls to be used in the divertor system, 
meaning that square-nosed or wall slugs will be formed. In experiments at 
the Culham science centre which used a 112 mm internal diameter fluidized 
bed with 2.69 mm alumina balls, the bed usually exhibited squared-nosed 
slugging behaviour, suggesting that the 0.1 m figure stated above does not 
apply universally.
In Fan & Zhu (1998) an empirical equation (2.19) is recommended for 
estimating the transport velocity:
Retr = 2.28Ar0'419 (2.19)
where Retr is the transport Reynolds number and Ar  is the Archimedes
number. Equation (2.19) is valid for 2.42 < Retr < 2890, 0.0236 mm< d <
5 mm, 660 kg m-3 < ps < 4510 kg m-3 and 0.05 m< D  <0.3 m. In table A.2 
the Archimedes number is shown to be of the order of magnitude 105, thus 
Utr will be several hundred metres per second, many times greater than the 
superficial gas velocity to be used in the conveyor. In the divertor system 
choking will therefore be characterized by the formation of square-nosed or 
wall slugs. According to Bi & Grace (1995) the classical choking velocity can 
be estimated using equation (2.20).
% =  (2-2°)
where Vc is the choking velocity for pneumatic conveying, Uc is the choking 
velocity for a fluidized bed and ec is the choking voidage. Equation (2.20) 
assumes that the choking velocity for pneumatic conveying is equal to the
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choking velocity of the equivalent fluidized bed plus the absolute solids ve­
locity.
Uc can be estimated using (2.21):
Uc =  1 .244-Ar0-45 (2 < Ar < 1 x 10s) (2.21)pdp K
ec is defined by equation (2.22):
ec — £bc +  (1 — e.Bc) em/  (2.22)
and eBc, the gas slug fraction in the conveying line at choking, is given by 
equation (2.23):
=  0.30Ar°'M (2 < Ar < 1 x 10^ ) (2.23)
In the divertor system ec would typically be around 0.7, based on the
Archimedes numbers given in table A.2.
2.2.3 T heory o f V ertical D en se-P h ase  P n eu m atic  Con­
veying
Many current theories of vertical plug flow pneumatic conveying, for exam­
ple those of Borzone & Klinzing (1987) and Niederreiter & Sommer (2004), 
are based on the foundational theories of Konrad (1987) and Konrad & To­
tah (1989). The pressure gradient in the plug phase is predicted using equa­
tions based on (2.16) and (2.17). The most complete version (equation (2.24)) 
is given by Niederreiter & Sommer (2004).
A P  Atan(f)wKwcr f
~ T ~ Pi,9+ D +
4tan0îl> (Kw  +  1) c coscj) cos (cv -  (f)w) af  t 4cw o^
D  +  D { ]
where c is the internal solids cohesion, cf) is the internal angle of friction of 
the solids, uj =  sin-1 )  and cw is the wall cohesion. Equation (2.24) 
accounts for effects such a wall cohesion and internal cohesion and is there­
fore valid for any solids which are being conveyed in the dense-phase regime. 
A case where solids (coal chips) were sufficiently coherent for there to be no 
downflow was described by Borzone & Klinzing (1987). The pressure drop 
across a plug was satisfactorily predicted using only the first term of equa­
tion (2.24), indicating that solids-wall friction and coherence effects were
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negligible. Konrad & Totah (1989) ignore the last two terms. For equa­
tion (2.24) to be useful a value for K w  is usually required and the equation 
must be combined with a full mass, volume and momentum balance. These 
will be discussed in sections 2.3.1 and 2.3.2 respectively.
2.3 Theory
2.3.1 W all Transm ission C oefficient
The wall transfer coefficient, Kw, seems to be a matter of controversy in the 
literature. Some authors (Konrad & Totah (1989)) make use of Janssen’s 
analysis (Janssen (1895)) and assume that solids plugs either take the active 
or the passive stress state. Others, such as Krull et. al. (2004), use specially 
designed ‘stress chambers’ to replicate solids plugs in conveyors, thus de­
termining the wall transfer coefficient experimentally. The Krull apparatus 
(Figure 2.7) used a fixed bed of solids through which gas was blown. The 
top of the bed was constrained by a plate which incorporated a stress trans­
ducer and was used to measure the axial stress. The transverse stress was 
also measured using a second stress transducer. It was found that the wall 
transfer coefficient was a function of the axial stress. At low stresses the 
coefficient was considerably less than would be predicted even in the active 
case, however as the stress increased the coefficient rose to an asymptotic 
value just above the active case value. These asymptotic values were about
0.68 for plastic pellets and 0.79 for millet seed. Although the stress cham­
ber approach may seem appealing, the experimental evidence from a real 
conveyor (Konrad & Totah (1989)) suggests that the solids plugs can be in 
the active or the passive stress state or an intermediate state and that the 
wall transfer coefficient varies from plug to plug, apparently randomly. The 
stress chamber approach of Krull et. al. (2004) simply varied the air flow rate 
through a packed bed and measured the resulting axial and radial stresses, 
which possibly did not reflect the dynamic circumstances in a real convey­
ing line. For horizontal conveying, Woods et al. (2008) found that it was 
satisfactory to assume Kw = 1.
2.3.2 M od el o f Konrad
In order to make practical use of the pressure drop equation (2.24) or a 
similar equation it is necessary to determine the frontal stresses on the plug 
and the fraction of the conveyor occupied by the solids plugs. An attempt to 
incorporate equations (2.16) and (2.17) into a step-by-step method was made
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z z zrT-r- fi
Experimental Setup
1. load c e l l
2. top porous p late
3. Ap meter
4. bulk so lid
5. bottom porous p late
6. plenum
8. flow meter bank
9. a ir  supply
Figure 2.7: Apparatus of Krull et. al.
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by Konrad (1987) and a description of the method is given below. Whilst 
some of the steps require no further explanation, steps 2-3 require calculation 
of parameters by standard methods which were not presented in the paper 
and steps 4-6 contain some original analysis. It must be emphasized that the 
method of Konrad (1987) is theoretical:
1. Assume a mean value for the air density in the conveying pipe, pg
2. Calculate Ut, the terminal velocity of a single particle, using any stan­
dard method and hence calculate Ret, the particle Reynolds number at 
the terminal velocity.
3. Determine the value of N  in equation (2.25)3.
where j3 is the solids fraction in the gas slug, Us is the superficial solids 
velocity and up is the particle velocity within the gas slug.
4. Choose a value of the mass flow rate of air, M0, that satisfies the 
inequality (2.26)
> Mspa
"1 1" +  A -T^ r + J
" a ' 2 PbQPa
.Pb Ps. 2b V .2b. b
where a and b are the viscous and inertial Ergun constants respec-
the value of the time averaged solids mass flow rate, Ms, is greater than 
that required for packed bed flow. Note that it might be necessary to 
choose a value of Ms that is considerably greater than this lower limit.
5. Solve for (3 and us in equations (2.27) and (2.28).
=  Ua +  U3 - u p (2.25)
Equation (2.26) ensures that
us — Ua + Us -\-
ps { l - e ) g  + 4tan^ — us +  (1 — (3)n  Ut — (Ua + Us)
— Cl (Ua +  Z7S — us) +  bpa (Ua + Us — us)2 (2.28)
3Because the condition Ret >  500 will generally be met for the divertor system, it 
can be assumed that the exponent, N, in the correlation of Richardson & Zaki (1954) 
(equation (2.25), cited in Richardson, J.F. (1971)) will always be 2.4.
where us is the particle velocity within a solids plug. Assume a value 
of (3 where 0 < (3 < 1, e.g. (3 = 0.05 then calculate us directly from 
equation (2.27) and check equation (2.28) for consistency. Iterate until 
convergence is obtained.
6. Calculate up from equation (2.25). A P  can then be determined from 
equation (2.29):
A P  =_  [ u  {Ua + US — Us ) +  bpg {Ua -\-U s — U g )2] L
us (1 — e) — up(3
X
'M s
.PsA
— up(3 (2.29)
7. Calculate a value of the mean air density from the pressure drop using 
equation (2.30):
_ {pg)out
Pg ~  d A P + P  ' r r'out (2.30)
r  out
where {pg)out is the conveyor outlet gas density and P^t  is the outlet 
gas pressure.
8. Revise the estimate of the mean air density and if necessary revise the 
estimates of Uu Ret and N. Check that the inequality (2.26) is still 
satisfied and iterate from step 5 until the method converges.
In step 2 a calculation of the solids terminal velocity is necessary and a 
method is given by Perry & Green (1997). For the large particles to be used 
in the divertor system the Newton’s law regime is expected to apply: if dp 
is 3-4 mm, fi is 0.03-0.05 mPa s , pg is about 1 kg m-3 and the terminal 
velocity is assumed to be greater than 10 m s-1, then Ret will usually be 
greater than 1000. Equation (2.31) can therefore be applied:
ut = i .73J grfp(fe (2.31)
Within steps 4-6, the Ergun equation (2.32) forms part of the basis for 
inequality (2.26) and equations (2.28) and (2.29).
A P  _  150p (1 — e)2 {Ua 3- Us — ws) 1.75p9 (1 — e) {Ua 3- Us — usŸ  
T ^ ~  +  de3
=  a {Ua 3rUs — us) +  bpg {Ua 3- Us — us)2 (2.32)
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where Lp is the total volume of bulk solids moving in the form of plugs, 
divided by the tube area. Inequality (2.26) describes the point of transition 
between packed bed and bubbling or slugging flow. Therefore the pressure 
gradient can be obtained from fluid statics as shown in equation (2.33):
Â P  PbQLp
=  Pb9±jp ±jp
Ua can be converted to a mass flow rate using equation (2.34):
Ma =  pgAUa 
Us is defined by equation (2.35):
M»
U* =
p s A
For packed bed flow us can be determined from equation (2.36):
M,
uf
P b A
(2.33)
(2.34)
(2.35)
(2.36)
Substituting equations (2.33), (2.34), (2.35) and (2.36) into equation (2.32) 
yields equation (2.37):
Ms Ms
PbQ — Q> 1
p s A P b A
_  1 ( M a +  Ms
"1a I —
~~ A .  \P e .Ps
+ b P 9 \ ^ +  Ms
M.
I
P b \
Y
P g A  P s A  p bA j
+ ^ +2t« 4 [ i 2
pb
A  Lp.
1 JL
s Pb_
+
(2.37)
Solution for Ma using the quadratic formula and simplifying yields equa­
tion (2.38):
Ma = Mspg ■ i  r + A —^  -t- \ [
' a ' 2
+ \PbPg9]
.Ps Pb. 2b V I'Abl L b J
(2.38)
Equation (2.38) can now be used to provide the criterion in inequality (2.26).
The Ergun equation (2.32) is also required in the formulation of equa­
tion (2.29). In order to make use of this, it is necessary to determine the
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total length of solids plug in the conveyor. The approach taken in Kon­
rad (1987) starts with the formulation of equation (2.39):
Ms =
psA us ( l —e)Lp  . Up/3(L—Lp) W B " h  W F
Lp I L —Lp
WB "1™ WF
(2.39)
where Wp is the velocity of the front of a particle plug and Wb is the velocity 
of the back of a particle plug If it is assumed that the process is at steady 
state so that plugs do not grow or shrink, it follows that Wp =  Wb and 
equation (2.39) can be reduced to equation (2.40)
Ms =  psA 'Us (1 c) Lp up(3 (.L Tp)  ;--------- 1— L (2.40)
Equation (2.40) can be rearranged to give an expression (2.41) for the total 
length of plug in the conveyor:
P us (1 — e) — upP
x Ms
PsA
— Up P (2.41)
Substituting equation (2.41) into the Ergun equation (2.32) yields the equa­
tion (2.29) given in step 6.
A reduced version of equation (2.24) (equation (2.42)) can be used to 
back calculate the particle velocities in conjunction with other equations.
ARsp
Ir
Ps (1 — e) g +
Atan(f)wKw(TF
D (2.42)
where AP sp is the pressure drop required to move a single plug of length lp. 
An expression for the frontal stress on the plug is needed and this can be 
provided by a momentum balance (2.43):
ap = (WF -  us) ps (1 -  e) (its -  Up) (2.43)
The frontal velocity of a plug can be determined from the continuity equa­
tion (2.44):
PsP {WF — Up) A = ps {l — e) (WF — us) A  (2.44)
Which rearranges to give an expression (2.45) for WF:
WF — its T P {us Up) 
1 — € — P
(2.45)
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The frontal stress is therefore given by equation (2.46):
Assuming the pressure gradient in the plug is the same as that for a packed 
bed, this can then be substituted into equation (2.17), which can then be 
equated with the Ergun equation (2.32) to give equation (2.47):
Equation (2.28) is then obtained by substituting for Up using equation (2.25).
Equation (2.27) is based on an empirical relation (2.48) for the rise ve­
locity of square-nosed slugs obtained in Konrad’s PhD thesis and later cited 
in Konrad (1987):
Equation (2.27) is then easily obtained by substituting for up using equa­
tion (2.25).
2.3.3 A dap tation  o f K onrad M odel
There are three principal weaknesses of the Konrad Model. Firstly it ignores 
transient effects such as fluctuations in the solids downflow. Secondly it is 
one-dimensional and cannot take into account positional variations in solids 
flux, or the more extreme circumstances presented by wall slugging. Thirdly 
it assumes that the solids reach their terminal velocity before hitting the plug 
below. Transient or three-dimensional modeling would require techniques 
such as discrete element modeling (DEM), which are beyond the scope of 
this thesis. The issue of terminal velocity is easier to address because the 
freefall impact velocity can be estimated and compared with the calculated 
hindered settling velocity:
e If the freefall velocity is much greater than the hindered settling veloc­
ity, the hindered setting velocity will be the best estimate of the impact 
velocity as it is the upper limit.
e If the freefall velocity is much less than the hindered settling velocity, 
the freefall velocity will be the best estimate as the solids will experience 
very little drag.
Ps (1 — e) 5 +
4 tan (f)WK wl3ps (1 — e) (us — up)2 
D ( l - ( 3 - e )
=  {Ua +  £/s — u — s) +  bpg {Ua Us — u — s)2 (2.47)
(2.48)
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• If both velocities are similar, the impact velocity will be slightly less 
than either of them because of drag forces and a very good estimation 
becomes more difficult.
In the case of both the divertor system and the proposed experimental system 
(see chapter 3), it is possible to calculate freefall and terminal velocities for 
extreme cases and gauge which of the above scenarios are likely to apply. 
It must also be remembered that the experimental evidence presented by 
Konrad & Totah (1989) shows that vertical plug flow is not a steady state 
process; some slugs move faster than others and the rate of loss of material 
from the rear of a slug varies.
Assuming that the solids plug velocity is low relative to the solids down- 
flow velocity, the freefall impact velocity will be given by uji = y/2gh. The 
spacing between plugs is likely to be in the range 0.1 m-1 m, based on ex­
perimental observations (see chapter 5). It therefore follows that the freefall 
impact velocity will be between 1.4 and 4.4 m s-1.
The hindered settling velocity can be estimated using equation (2.25) with 
N =  2.4. The terminal velocity, Ut can be determined using equation (2.31): 
assuming gas densities of 0.3-2 kg m-3, solids densities of 2500-5000 kg m-3, 
and particle diameters of 2.5-4 mm the terminal velocity will be in the range 
10-44 m s-1. It is likely that (Ua +  Us) will be in range of 1 ms-1 to 10 m s-1 
(see chapter 3). The solids fraction in the gas slug is unlikely to be greater 
than 0.4 (Jaworski & Dyakowski (2002)) and cannot be less than 1. The 
hindered ‘settling’ velocity of the solids could therefore range from 7 m s-1 
(upflow) to -43 m s-1 (downflow).
Inconveniently, the calculated values for up and Ufi allow for any of the 
three scenarios listed above. A revised model would therefore need to incor­
porate changes in the impact velocity calculation procedure, possibly even 
within the same simulation.
2.3 .4  D eterm in ation  o f G as-Solids R atio
Pneumatic conveying models generally need to be solved in three variables; 
solids flow rate, gas flow rate and pressure drop. Two of these variables 
therefore need to either be specified or linked to other variables. When 
discharging from a fluidized bed, the solids and gas flow rates are mutually 
dependent and only one of these variables needs to be specified. A proposed 
method for linking solids and gas velocity is described by Woods et al. (2008):
1. Specify the pressure drop, AP0, across the conveyor entrance
2. Guess the slip velocity, Au0, at the conveyor entrance
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3. Calculate the pressure gradient at the orifice using equation (2.49):
d p \ _  150 (1 -  e6)2 fiAu0 t 1.75 (1 -  e6) paA u20 rn 
d r ) ra-  4<P + ebd (2A*>
where e^ , is the voidage of the dense phase of the fluidized bed.
4. Substitute the calculated pressure gradient into equation (2.50) to ob­
tain the function of the modified Reynolds number /(ReJ,) and check 
that 0 <  fiRe'o) < 3. If f{Re'0) does not lie within this range, go back 
to step 2.
* '1  ,  M d iS H  (2.50)
-  T T M i i
drs r 0
where rQ is the axial position of the virtual apex of the orifice (see 
Nedderman et al. (1983)).
5. Use equations (2.51) and (2.52) to recalculate A u0
Re'0 = (2.51)
(1 — Cb) Hg
i + S Be'
1 . 7 5  
4 5 0
6. Repeat steps 3-5 until A u0 converges.
7. Calculate the pressure factor, Fp using equations (2.53) and (2.54)
where K  = (1 + s in 0 )/(l — sin</>) and n is given by equation (2.54):
- 150 +  L &  <2-54)
8. Calculate the solids mass flow rate without air augmentation using a 
modified Beverloo equation (2.55):
WBev = 0.6ps (1 -  e6) V? (I> -  l-5d)(5/2) (2.55)
9. Calculate the solids mass flow rate with air augmentation using equa­
tion (2.56):
M7 =  FpWam, (2.56)
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10. Calculate the gas mass flow rate using equation (2.57):
=  Y T l  ' ------r~2 ( ~ ~  7Ï W \ )  (2.57)2 7 r ( l - c o s a 0)r2 \ e bpa (1 -  eb) ps J
where aQ is the ‘hopper half angle’, i.e. the angle of the cone terminating 
at the virtual apex. When combined with a good method for predicting the 
pipeline pressure drop, the linking relation of Woods et al. (2008) fitted 
experimental data well. The linking relation has so far only been so far been 
validated for plug flow of white plastic pellets, turnip seeds and steel shot in 
pipes of diameter 25 mm and length 0.755-1.77 m.
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N  omenclat ure
Latin
A  Conveyor Cross Sectional Area m2
Ast Cross Sectional Area of Stationary Bed m2
Ar Archimedes Number
a Viscous Ergun Coefficient kg m-3 s-1
b Inertial Ergun Coefficient mT1
c Solids Internal Cohesion Pa
Cf Gas friction coefficient
cw Wall Cohesion Pa
dv Effective Particle Diameter (s^yteArea) m
Fp Pressure Factor
f g Gas Friction Factor
G Gas Mass Flow Rate kg s-1
Gs Gas Mass Flux kg s_1 m-2
GSjtr Gas Flux Required for Solids Transport kg s-1 m-2
g Acceleration Due to Gravity m s-2
K w, K  Janssen Coefficient
K wa Janssen Coefficient, active stress state
K wp Janssen Coefficient, passive stress state
L Length of Conveying Line m
Lp Total length of solids plug in the conveying line m
Ls Length of Gas Slug Phase m
ls Solids Plug Length m
Ma Mass Flow Rate of Air in Conveyor kg s_1
Ms Mass Flow Rate of Solids in Conveyor kg s-1
n  Number (Related to Modified Reynolds Number) -
P  Pressure (specified) Pa
A P Pressure Drop Pa
AP0 Pressure Drop Across Orifice Pa
Pout Outlet Air Pressure Pa
p Pressure (variable) Pa
Ret Particle Reynolds Number at Terminal Velocity
Retr Reynolds Number Required for Solids Transport
Re'0 Modified Reynolds Number at Orifice
f{Re'0) Reynolds Number Function
r Axial Position in Orifice Region m
r0 Axial Position of Orifice Virtual Apex m
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Umf Incipient Fluidization Superficial Gas Velocity m s-1
Ua Superficial Gas Velocity m s-1
ub Slip Velocity of Gas Slug m s-1
Us Superficial Solids Velocity m s-1
uc Choking Velocity in Fluidized Bed m s-1
Using Gas Slug Velocity m s-1
Ut Solids Particle Terminal Velocity m s-1
Utr Superficial Gas Transport Velocity m s-1
Up Particle Velocity m s-1
Us Solids Velocity in Plug m s-1
Uf i Freefall Impact Velocity m s-1
A«0 Slip Velocity at Orifice m s-1
Vc Choking Velocity in Pneumatic Transport m s-1
Solids Mass Flow Rate kg s"1
W bcv Solids Mass Flow Rate, Beverloo Equation kg s™1
WF Velocity of the front of a solids plug m s_1
WB Velocity of the back of a solids plug m s-1
z Position m
Greek
a Solids Plug Fraction in Conveying Line -
a Hopper Half Angle °
P Solids Fraction in gas slug -
e Voidage -
Cb Packed Bed Voidage -
ec Choking Voidage -
^bc Gas Slug Fraction in Conveying Line -
€ m f Voidage at Incipient Fluidization -
<i> Internal Angle of Friction of Solids o
ÿ w Angle of Wall Friction o
A Stress Transmission Coefficient -
Gas Viscosity Pa s
Vs Solids Particle Velocity m s-1
Pan Average Density of Gas-Solids Mixture kg n r
P gi Pa Gas Density kg n r
Pb Solids Bulk Density kg n r
Pmb Bulk Density of fluidized medium kg n r
Pbst Stationary Bed Bulk Density kg m~
P s Solids Density kg n r
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pp Particle Density 
a-/  Frontal Stress on Plug
uj Function of Solids properties =  sin-1
i) Particle Sphericity
kg m 3 
Pa
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Chapter 3 
Experimental Design
3.1 Process D esign
3.1.1 D esign  Sum m ary
The apparatus used a pressure vessel containing fluidized solids to feed the 
pneumatic conveying line. Solids were fluidized by circulating air through 
the vessel and back through a duct using a rotary lobe blower. Pressure was 
maintained using a compressed air main. Solids were conveyed to a hopper 
and later returned to the vessel through a separate line. Pressure transducers 
and thermocouples were used to take measurements on the conveyor and in 
the vessel. Orifice plate meters were used to measure the mean air flow rate 
through the compressed air and recirculation lines, and solids flow rate was 
determined by continuous weighing of the hopper. Design or selection of 
equipment items was based on a combination of cost and suitability.
3.1.2 P ip ing  & Instrum entation  D iagram
See insert overleaf.
3.1.3 M ass B alances
2.7 mm alumina particles of solid density 3500 kg m -3  and bulk density 
2150 kg nT 3 were supplied by the Culham Science Centre as part of their 
support for this Industrial CASE project. The particles have similar proper­
ties to the silicon carbide balls that are proposed for use in the fusion system. 
The solids were expensive and it was decided that the maximum affordable 
quantity was 250 kg. To allow for losses from spillage, attrition etc., no more
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than 200 kg were used at a time. The total volume occupied by the par­
ticles was 200/2150 =  0.093 m3 when unfluidized and slightly higher when 
incipiently fluidized.
Analysis of the system using the theories of Woods et al. (2008) and Leung 
& Towler (1973) (see Appendix C) suggested that solids flow rates could be 
up to 8 kg s-1 for dense phase conveying in 75 mm tubes; at that stage of the 
project the Leung model was thought to be valid for the system of interest. 
The operating time was therefore expected to be at least 200/8 =  25 s. It 
was thought that the time for flow development would be roughly twice the 
time taken for the first solids to reach the top of the conveyor. Knowledge 
of the solids velocity could then be used to determine the amount of useful 
operating time remaining. For the experimental pressures and temperatures 
of interest (up to about 2 barg and 350 K), the incipient fluidization velocity 
had been found to range from 1.2 to 1.6 m s-1 using equation (3 .1):
Gmf  = (  j-D 2) ^  \/27.22 +  0.0408Ar -  27.2 (3.1)
where Gm/ is the gas mass flow rate required for incipient fluidization, D is 
the conveying line diameter, /z is the gas viscosity, d is the particle diameter 
and Ar is the Archimedes number. Equation (3.1) is obtained by assum­
ing that at incipient fluidization the pressure drop according to the Ergun 
equation (2.2) is equal to the fluid static pressure. The empirical coefficients 
are also altered slightly to improve the fit to the real data. Equation (3.1) 
is applicable to beds of mono-sized non-cohesive solids. The superficial gas 
velocity in the conveyor was expected to fall between the incipient fluidiza­
tion velocity and the choking velocity, i.e. 1.5 < U < 3.5 m s-1. The solids 
velocity, z/s, was found using equation (3.2):
where U  is the superficial gas velocity, Umf  is the incipient fluidization veloc- 
ity, e  1 — =  1 — 0 0 0  =  0.386^ is the bed voidage, is the solids bulk
density, ps is the actual solids density and a s is the volume fraction of plug 
phase in the conveying line. The solids bed fraction drops with rising solids 
velocity and it was assumed that 0.333 < a 5 < 1, although in practice Bi 
&; Grace (1995) found that choking rarely happened at bed fractions of less 
than 0.5. Using equation (3.2) it was predicted that solids velocities could 
lie in the range 0.8 - 2.9 m s-1. This meant that for a 5 m pipe, it could take 
up to 2 x 5/0.8 =  12.5 s for flow to develop. For the minimum operating 
time of 25 s the solids velocity would be at the maximum value, so the flow
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development time would be 2 x 5/2.9 =  3.45 s. Thus at least 21 s of useful 
operating time were expected, which was judged to be satisfactory.
The lab compressed air main has a diameter of about 60 mm and is de­
signed to supply 2.4 Scmm (Standard cubic metres per minute) of compressed 
air. The maximum required conveyor air flow rate would be expected to oc­
cur at the superficial choking velocity. For a 75 mm pipe with air at 2 bar 
the choking velocity would be 5 m s-1 based on Bi & Grace (1995). The 
maximum expected flow rate, (/max, (in Standard cubic metres per second) 
was given by:
Flow rate =  (ttD2/ 4)[7mox(Pi/ P0) =  (7rx0.0752/4)x5x(2/1) =  0.0442 Scms
(3.3)
where Pi is the initial pressure and Pq is atmospheric pressure. 0.0442 Scms 
(Standard cubic metres per second) is equal to 2.65 Scmm, which would 
mean that the rig might need to use all of the air that the lab compressor 
can supply as well as some of the reserve in the receiver vessel that is part 
of the air supply system.
3.2 Conceptual D esign of Experim ental A p­
paratus
3.2.1 O bjectives
The ultimate objective of the project was to obtain a viable method for 
designing a pneumatic conveyor for the divertor system. When designing the 
apparatus this had to be kept in mind. The following primary objectives 
were therefore set:
1. To find a well-validated predictive method for determining the pres­
sure profile in a vertical dense-phase plug flow pneumatic conveyor. 
The intention was to prove or disprove experimentally the model of 
Konrad (1987) and Konrad & Totah (1989) or an extended version.
2. To validate existing methods for predicting the solids and gas flow 
rate discharging from a fluidized bed into a pneumatic conveyor. The 
earlier results of Woods et al. (2008) were encouraging, but had only 
undergone limited testing.
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3. To look for information which would help to test the strength of as­
sumptions involved in formulation of a predictive model so that its 
limitations are known. In particular, the following would be useful:
• Bubble slip velocities
• Extent of solids presence in bubbles
• Plug coherence
• Extent of solids acceleration
• Contribution of wall friction
• Plug length
4. To improve in-house knowledge of technical difficulties and limitations 
regarding vertical dense-phase slug flow pneumatic conveyors; a report 
on this would be very useful to the UKAEA when designing the divertor 
system.
When attempting to meet these primary objectives it was decided that 
good experimental practice was to measure everything of relevance that was 
reasonably possible. There are three types of variables or conditions that are 
important in an experiment of this kind; set variables, controlled variables 
and consequential variables, all of which must be measured or known:
3.2 .2  Set Variables
Most of these could only be altered by modifying the experimental apparatus. 
They included:
1. Conveyor length: this was an important parameter for validation of the 
pressure drop prediction model. It was of particular interest because 
some pressure drop contributions depended on it, for example wall 
friction, whilst others such as entrance effects did not. The effects of 
slugging on the steadiness of the process were also thought to become 
more pronounced for shorter pipes.
Conveyor length could easily be changed by bolting pipe sections of 
differing length onto the vessel. Total lengths of 3 or 4 m were feasible 
in the multiphase lab. A conveyor length of 2 m was thought to be too 
small because the particle acceleration length could have been of this 
order in some circumstances according to Namkung & Minyoung (2002) 
and Stemerding (1962). Tube lengths were measurable to the nearest 
millimetre; an error of less than 0 .1%.
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2. Conveyor diameter: This was another very important parameter in 
model validation. Because of the cost and practical difficulties of using 
a wide variety of diameters, it was not possible to use more three. It 
was thought that this would be adequate for determining how good 
the existing models were as a predictive tool. B.T.U. supplies Ltd. 
(Guildford) were able to supply Harvel plastics clear PVC piping in 
suitable sizes. The 50 mm o.d/46.4 mm i.d size was judged to be the 
minimum size of relevance to the experimental programme. Larger 
sizes than 75 mm o.d/71.4 mm i.d were avoided as the required solids 
and gas flow rates could not be supplied by the existing lab compressor 
(see section (3.3.1)). An intermediate 63 mm o.d/59.4 mm i.d size was 
also available, but ultimately was not used. The pipes were capable of 
withstanding at least 4 bar internal pressure. The experimental error 
in the pipe diameter was around 1% as they were measurable to the 
nearest half millimetre.
3. Conveyor entrance type and orientation: The conveyor model was of 
limited use in the divertor system application without a robust way 
of determining the solids - gas ratio in the pipe. Calculations were 
complicated by the fact that air flow rate also depended on the solids 
flow rate and flow pattern. The shape of the entrance of the conveyor 
is therefore very important. This was judged to be a very large area 
for potential investigation, and equipment was designed to allow for 
flexibility in what was attached to the conveyor flanges should extensive 
experimental investigation in this area have become necessary.
4. Conveyor bends: The power plant conveyor is almost certain to contain 
bends, and this will lead to increased line pressure drop and possible 
operational problems, e.g. erosion, blockages and regime changes, es­
pecially in dense conveying. It was therefore important to look at the 
effect of bends on the conveying line. Conveniently a bend was re­
quired in the horizontal discharge case. Possible bend types judged to 
be worthy of investigation were short 90°, large radius 90°, and flanged 
t-piece.
5. Conveyor wall material: If required, sections of B.S. steel tubing of 
nominal diameter 65 mm (76.1 mm o.d/71.5 mm i.d) could have been 
used to replace the clear PVC tubing in some trials. The internal 
diameter was 1 mm larger than the equivalent PVC pipe; a fact which 
needed to be taken into account in any comparison.
6 . Conveyor discharge: It was thought likely that orientation of the con-
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veyor outlet would affect the pressure drop between the conveyor and 
the solids collection hopper; even after accounting for the bend which 
would be required to change the orientation. The apparatus was there­
fore designed to allow temporary fitting of a bend on the top end of 
the conveying line, although this was not done in practice because it 
was later decided to concentrate on other areas of investigation.
7. Particle Properties: The tungsten-coated balls that would be used in 
the final power plant design are currently far too expensive to be used 
in preliminary experimental trials. A substitute medium was therefore 
required and it was decided to select alumina balls for which the key 
properties (e.g. size and density)) were similar to the proposed tungsten 
coated balls. Further validation of the experimental model could have 
been carried out using other solids such as rape seed or sand.
8 . Operator: It is sometimes difficult to design an experiment so that 
exactly the same results are obtained by different operators as they tend 
to approach problems in different ways. It was therefore suggested that 
a small number of tests be carried out by a project supervisor rather 
than the research student.
3.2 .3  C ontrolled V ariables
The controlled variables underwent natural fluctuations, but were controlled 
as closely as possible to setpoint values through careful design and operation 
of the equipment. They included:
1. Vessel Pressure: The pressure in the vessel directly affected the gas flow 
rate (and hence the solids flow rate) in the conveyor. It was therefore 
desirable to keep the pressure as constant as possible. Due to the large 
size of the receiver vessel between the compressor and the pressure ves­
sel, it was expected that the compressor could supply an adequate flow 
rate for plenum chamber pressure maintenance. To reduce costs, a pres­
sure regulator was therefore used to set the downstream gas pressure 
rather than a full control system (see section (3.3.2)). The pressure reg­
ulator setpoint was controllable to the nearest 0.1 bar, however actual 
pressure was measured more accurately than this.
2. Fluidization Velocity: It was not expected that small changes in flu­
idization velocity would have much effect on the experiment, except 
that the presence of additional or large bubbles might have changed
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the way solids discharge to the conveyor. Exact control of the fluidiza­
tion velocity was not therefore necessary and it was adequate to vary 
the flow rate by bypassing some of the gas by opening the gas bypass 
valve. It was noted the gas would expand between the blower and the 
bed even if a positive displacement blower was used, thus increasing the 
fluidization velocity. This effect needed to be accounted for. Flow rate 
was measured by the insertion of an orifice plate prior to the vessel.
3.2 .4  C onsequential Variables
The measured variables judged to be useful or essential for model validation
included:
1. Pressures: Theoretical models of vertical dense pneumatic conveying 
have been formulated in terms of both pressure drop and pressure gra­
dient. In principle it is insufficient to measure only inlet and outlet 
pressures if the gradient model is to be validated, as conditions are 
likely to change along the conveyor. On the vertical portion of the 
conveyor the differential pressure was measured across flanges and at 
roughly 1 m intervals on individual sections (see Figure 3.1). The first 
pressure transducer on the conveying line measured the pressure drop 
between the vessel and the start of the horizontal portion of the con­
veying line. According to manufacturers’ claims, the differential trans­
ducers were easily capable of measuring pressure drops to the nearest 
2 mbar. The minimum total conveyor pressure drop was anticipated 
to be 100 mbar, so mbar accuracy would have been desirable, however 
the selected transducers were judged to be a cost-effective compromise 
given budgetary limitations. All pressure transducers were connected 
to a data acquisition card and pressure readings were continuously sam­
pled throughout each experimental run.
2 . Solids Flow Rate: The most important variable in any pneumatic con­
veyor model is the solids flow rate. In the experimental apparatus this 
was controlled indirectly by changing the vessel pressure, and an im­
portant objective of the experimental work was to be able to predict 
the relationship between conveyor inlet pressure and solids flow rate. 
The solids flow rate was measured by continuous weighing of the solids 
collected in the hopper at the conveyor outlet. By looking at weight 
vs time traces it was possible to see major fluctuations in the solids 
flow rate as well as the effects of time delays during the start-up of the 
apparatus. Weighing was accomplished by suspension of the hopper
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on a load cell which was linked to the data acquisition card. In prac­
tical application the load cell was expected to be accurate to at least 
the nearest kg, preferably better. The likely range of operation of the 
experiment was thought to be 0-250 kg and a Tedea-Huntleigh s-type 
load cell rated to 300 kg was selected to measure the accumulated solids 
mass. The estimated maximum error for this model was 0.05% of the 
total range, or ±  150 g, well within the desired error bounds.
3. Gas Flow Rates: There were two principal gas flow rates that needed to 
be measured; the gas recirculation rate (linked to fluidization velocity) 
and the conveyor gas flow rate. The former is dependent on the bypass 
valve position, but ideally still needed to be measured. The latter 
was expected to be equal to the compressed air supply flow rate at 
steady state after taking account of solids flow rate fluctuations and 
leakage. Orifice flow meters were therefore required on the compressed 
air and recirculation lines (see section 3.4.2). It was thought that the 
recirculation flow rate did not need to be measured very accurately; 
within 5% of up to around 0.5 kg s-1 was judged to be adequate. 
The compressed air flow rate needed to be measured more accurately; 
ideally errors of less than 1% were desired for model validation. The 
anticipated maximum air mass flow rates was thought to be of the order 
of 0.1 kg s-1 based on the theory of Leung & Towler (1973) which at 
the time of the experimental design was thought to be valid for the 
system.
4. Temperatures: The air temperature was measured in various locations 
because it was an important variable in determining the gas density 
and hence the gas volumetric flow rate. It was also necessary to avoid 
excessive temperatures because plastic pipework was to be used in some 
parts of the apparatus. Conveniently the data acquisition system which 
was used to log the thermocouple readings incorporated a high temper­
ature alarm facility. Temperature was not expected to vary much along 
the conveyor, so thermocouples were only required at the conveyor inlet 
and outlet and not next to every pressure tap. In addition they were be 
required in the vessel freeboard and windbox in order to calculate flu- 
idizing gas volumetric flow rate. The thermocouples were expected to 
operate at temperatures ranging from 290 K to 350 K and accuracy to 
the nearest Kelvin was thought to be adequate. Temperature readings 
were taken using a data acquisition card.
5. Run time: Whilst the run time is not an important model parameter, 
the operator had to ensure that the apparatus had been in pseudo-
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steady state operation for long enough to get an accurate solids flow 
rate reading. It was reasoned that with 250 kg of balls, of which 200 
kg could be conveyed, and an anticipated maximum mass flow rate of 
8 kg s-1 (for 75 mm tubes), the minimum predicted run time would be 
an acceptable figure of 25 s.
6 . Slug Properties: Because clear tubes were used, the operator could 
observe and measure slug characteristics by videoing the conveying line 
during an experimental run. The recording could then be run slowly to 
determine slug velocity by counting the number of frames required for 
a slug to travel a marked distance if the number of frames per second 
was known.
3.3 Apparatus D esign
3.3.1 S ite C onsiderations
Before starting the design of the apparatus, a site within the chemical engi­
neering laboratory area needed to be identified. Only one site was available 
at the time, however it had convenient connections to the key utility lines, 
principally compressed air and water. Just under 6 m of clearance was avail­
able between the floor and the ceiling, which was judged to be sufficient. The 
presence of existing steelwork and a mezzanine level was extremely helpful as 
it reduced build times considerably. Some site plans together with locations 
of experimental apparatus are shown in Figures 3.2 to 3.4.
The screw compressor used to supply the compressed air utility line was of 
particular importance. It could supply a steady state maximum flow rate of
2.4 Scmm1 free air delivery if compressed to 7.5 bara. The motor power was 
15 kW. The compressed air was stored at 7.5 bara in a tank of volume around 
2 m3, so flow rates higher than the rated value for the compressor could be 
obtained for short periods of time. For example, at 2 barg air flow rates of 
double the rated value could theoretically be sustained for (7.5 — 3) x 2/ 2.4 =  
3.75 min. The level of surplus capacity was judged to be sufficient given the 
likely run time at maximum flow of 25 seconds.
The presence of an outlet micro oil filter on the compressor and a con­
densate drain on the air tank meant that the moisture and oil content of 
the compressed air was anticipated to be low. As a precaution an oil and
1 Standard units, e.g. Standard cubic metres per minute (Scmm) or Standard cubic 
metres per second (Scms) are defined as the volume which that amount of gas would 
occupy at atmospheric pressure, 0°C and 0% relative humidity
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Figure 3.2: Side view of site
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water vapour filter was nevertheless installed prior to the pressure regulator 
in the apparatus supply line. This was found to have been a good decision 
as the filter frequently needed to be emptied of rust, indicating the presence 
of water vapour in the compressed air.
3.3 .2  P rocess C ontrol
Many pressure vs gas flow rate diagrams available in the literature, e.g. Fig­
ure 2 .1, show that in the dense-phase regime, the conveying line pressure 
drop at constant solids flow rate is a very strong function of gas flow rate. It 
was therefore decided that the system would be best controlled by varying 
the pressure in the plenum chamber of the fluidized bed using a pressure 
regulator. No further control systems were required.
3 .3 .3  Blower Specification
A blower or fan for recirculation of the fluidizing gas was required. Insertion 
of a fan in the plenum chamber for this purpose was briefly discussed, but 
the idea was rejected as being unnecessarily difficult to fabricate. There 
were two principal options for providing gas flow to fluidize the material in 
the bed; a rotary lobe (Roots-type) blower or a centrifugal blower. Each 
had advantages and disadvantages. Centrifugal blowers have the advantage 
of simplicity and reliability, but are not very efficient. Flow rate control 
would also be difficult because the required supply pressure will fall when 
solids leave the fluidized bed, causing a change of position on the blower 
characteristic curve. By comparison rotary lobe blowers are more efficient, 
are better engineered, are no more noisy, have roughly the same size and 
footprint and are much more suitable for short run times. Another major 
advantage of the Roots-type blower is that it is positive displacement, i.e. the 
inlet volumetric flow rate is independent of pressure drop. This would mean 
that the flow rate would not rise much when the fluidized bed level dropped 
and a more consistent feed to the pneumatic conveyor could be provided. 
Due to the greater suitability for provision of moderate pressure, the Roots- 
type blower option was found to be less expensive than the centrifugal blower 
despite the increased complexity. Overall the Roots-type blower option was 
clearly the best option and a Gardner-Denver Triflow 110S-70-V rotary lobe 
blower was selected.
The Gardner-Denver blower was fitted with an inlet filter and pressure 
relief valves as standard and required a 400 V 3-phase 50 Hz power supply. 
The maximum noise level 1 metre from the blower given in the quote was 
95 dBA, which significantly exceeded the legal limit at which ear protection
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must be offered (75 dBA). Although the blower was located in the laboratory 
plant room, noise levels in the main laboratory area still exceeded 75 dBA 
in many places as vibrations were carried through steel girders, although the 
excess was never more than about 10 dBA. Ear protection was nevertheless 
provided and warning signs were put in place.
The flow rate of gas could have been controlled by either a frequency in­
verter or slightly less precisely by a valve and bypass line, however budgetary 
limitations meant that the bypass line option had to be taken. In the absence 
of an invertor, a starter was required for the blower motor and the star delta 
type was selected because it was simple and relatively inexpensive.
An important issue pertaining to the blower was the amount of heat it 
added to the recirculating air, as this had potential safety implications for the 
PVC piping in use. It was assumed that all the blower power was ultimately 
converted to heat, but that the solids would be at thermal equilibrium with 
the gas and take up much of this heat because of the excellent heat transfer 
in fluidized beds. Blower power was not expected to exceed 20 kW, although 
the motor was rated for 30 kW. It was assumed that the heat capacity of 
the air in the vessel was negligible and that the respective solids and vessel 
specific heat capacities at room temperature were 800 J kg-1 K-1 for alumina 
and 320 J kg-1 K-1 for steel. Therefore it was estimated that 200 kg of balls 
and a 400 kg pressure vessel would heat up at a rate, Q, of 20,000/((800 x 
200) +  (320 x 400)) «  0.05 K s-1. Thus if the maximum operation time is 2 
minutes, the balls and air will heat up by up to 120 x 0.07 =  8.4 K.
For a system in which the mass of solids is falling with time at a rate 
m, it can be shown that the temperature rise (ignoring cooling) is given 
by equation (3.4). Therefore with a fairly low solids discharge rate to the 
conveyor, rh, of 2 kg s-1 and an operating time, of 80 s (for 80% discharge 
of solids), and counting the vessel as being equivalent to 160 kg of balls (for 
a total initial mass, Mi, of 360 kg) the temperature rise during the course of 
an experiment, ATacc, would be:
A rocc =  - r ^ - l n
mCp
Mi
Mi —  iJito
20000 
2 x 800 n
360
360 -  2 x 80 =  7.3°C (3.4)
where Cp is the specific heat capacity for alumina. It was necessary to con­
sider whether a temperature rise of 7.3°C was allowable, since PVC piping is 
only rated for operation at up 60°C. The accumulated temperature had to be 
added to the blower outlet temperature rather than the ambient temperature 
in order to ensure that this condition was met.
When calculating the blower outlet temperature, it was initially assumed 
that rotary lobe blowers are very efficient so that compression was isentropic. 
The blower outlet temperature was therefore estimated using equation (3.5).
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Typical experimental operating conditions were expected to be an outlet 
pressure of 2.2 bara, a maximum pressure drop of 0.6 bar and an ambient 
temperature of up to 305 K. Hence:
T2 = Tx 0 0  =  334 K (3.5)
where T\ and T2 are the respective inlet and outlet temperatures and P\ and 
P2 are the respective inlet and outlet pressures. Note that 334 K is equivalent 
to 61°C. Furthermore, inefficiencies would mean that about 20% (blower effi­
ciency is about 80% according to the quote supplied) of the 18.5 kW required 
at a pressure drop of 0.6 bar would go in to heating of the 0.5 kg s-1 of air 
(Cp roughly 1000 J kg-1 K-1) passing through the blower. The component 
of the temperature rise, Tout, due to blower inefficiency can be calculated 
using equation (3.6):
AT-  - (1 -  "l ■ 11 -  "-S’ x ô Ü f f lô  -  7'4"c  <M>
where 77 is the blower efficiency, Q is the blower motor power and m g is the 
air mass flow rate. Accounting for the effects of recirculation and inefficiency 
the maximum expected pipe temperature was anticipated to exceed 70° C on 
a warm day, and it was not possible to say with certainty that this would be 
safe in the long term. A water cooled heat exchanger was therefore installed 
immediately downstream of the compressor outlet and this was expected to 
prevent the downstream gas from reaching 60°C. On a hot day it was thought 
that the temperature of the piping between the heat exchanger and the blower 
might exceed 60°C for short periods of time, so metal pipework was used for 
this section. The selected heat exchanger model was the Bowman 3707-2 
swimming pool heat exchanger due to its small size and low cost. Although 
some design calculations were performed, the size and cost of a custom-built 
heat exchanger was unrealistic. The final selection was based on advice from 
a Bowman technical adviser. Suitability of the 3702-2 model is checked in 
Appendix B. The heat exchanger was connected to the laboratory water 
supply via a hose.
It was briefly discussed whether use of bottled compressed air would be 
a viable alternative to buying a compressor. The total cost of equipment 
required was estimated by the project sponsors, who had used a similar 
system, to be £3000-£4000 for all manifolds, regulators and piping. The 
cost of the bottles was £35 each, with a £5 bottle rental charge per month. 
Each bottle contained 50 litres of air at 200 bar, i.e. 10,000 bar-litres or 10 
bar m3. Thus each bottle could provide 10/(0.2 x 2) =  25 s of operating time
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(for air at 0.2 m3 s-1 and 2 bar); at least 2 bottles would be required per 
experimental run. The bottles cost £40 each, including rental, so allowing 
for a minimum 40 experiments during the investigation, the total cost of the 
bottled air would be at least 2 x 40 x 40 =£3200.
The total cost would therefore have been around £7000 with the bare 
minimum of experiments, but would have been considerably more if it were 
found that further investigations were required. For comparison, the cost 
of the blower was around £5000 for the apparatus plus around £3000 for 
electrical installation and pipework; a total of £8000. In conclusion, bottled 
air could have potentially been more expensive and would have certainly in 
most respects been less convenient than a blower in the long term.
3.3 .4  P ip in g  Specification
There were three principal systems of pipework which need to be designed: 
the recirculation system for the fluidizing air blower; the compressed air 
supply line and the pneumatic conveying line. In addition a return line 
between the solids hopper and the pressure vessel was required.
The blower inlet and outlet pipes were of outer diameter 125 mm and 
80 mm respectively, however the flanges were of an unusual standard and 
adaptor flanges needed to be manufactured by the blower suppliers. In 
most cases, the pipework brackets could be connected to existing steelwork, 
however some new steel support structures needed to be built. For ease 
of fabrication, PVC pipework was used. 90 mm o.d./82 mm i.d. piping 
was fitted to the connection at the heat exchanger outlet. This meant 
that the recirculating air velocity in the blower outlet line was 0.215 x 
4/ ( 7t x 0.0822) =  43 m s-1. At a pressure of 2 bar, the gas density was
28.8 x 200000/(8314 x 298) =2.32 kg m-3. The Reynolds number was there­
fore 2.32 x 43 x 0.13/(1.75 x 10-5) =  7.41 x 105. Pipe length was around 6 m. 
Low relative roughness was assumed since the piping was wide and made 
of PVC (relative roughness =  0.005/80=0.0000625 according to Coulson & 
Richardson (1999)), a friction factor, / s, of not much greater than 0.0015 
would be expected and for engineering purposes the frictional pressure drop, 
AP/, could be estimated using equation (3.7):
A P f = 8f,=-pgu2 =  8 x 0.0015 x A -  x 2.32 x 432 =  3861 Pa (3.7) 
U  U.Uo
where L is the pipe length, pg is the gas density and u is the gas velocity. 
There were expected to be up to n =  8 bends on the pipeline, contributing 
about hb =  0.7 velocity heads each (see Coulson & Richardson (1999)), thus
68
the bend pressure drop, AP&, is given by equation (3.8):
AP6 =  nhb^ ~  =  8 x 0.7 x 2.32 x 432/2 =  12011 Pa (3.8)
Fluid-static pressure changes were neglected.
The return flow passed through a 140 mm o.d./130 mm i.d. pipe. Gas 
density was be lower as the pressure was only about 1.5 bar in this line;
28.8 x 150000/(8314 x 298) =  1.74 kg m-3. Gas velocity was (2.32/1.74) x 
0.215 x 4 / ( 7r x 0.132) =  22 m s-1, so the Reynolds number was 1.74 x 22 x 
0.13/(1.75 x 10-5) =  2.8 x 105. The friction factor is 0.00175 in this case, so 
the pressure drop was expected to be:
APf  =  8 x 0.00175 x - / j -  x 1.74 x 222 =  544 Pa 
For an additional 8 bends:
A fy =  8 x 0.7 x 1.74 x 222/2  =  2358 Pa
An orifice plate meter was also inserted on this line and was designed for a 
maximum pressure drop of 3385 Pa.
The total pressure loss in the recirculation line was therefore around
0.22 bar. Bed pressure drop was less than 0.2 bar and the distributor pres­
sure drop was expected not to exceed 0.1 bar. The expected heat exchanger 
pressure drop according to the suppliers was 0.4 bar. This meant that the 
maximum recommended blower outlet pressure was not expected to be ex­
ceeded. Unfortunately it was later found the the suppliers had miscalculated 
the pressure drop. The technical data sheets state that for a pressure drop 
of 4000 Pa, the water flow rate is 7.2 m3 hr-1 for the selected model. For a 
given geometry equation (3.9) will roughly hold true:
A P , x
——r =  constant (3.9)
p u 2
where A P  is the heat exchanger pressure drop, p is the fluid density and U 
is the fluid velocity. Hence:
APair -  AP^ ^ 2 u Z t e r  ~  4000 X 2 3 2  W m S 6001 -  L 07  ^
where the subscripts ‘air’ and ‘water'’ on the A P, p and U terms refer respec­
tively to the values for air and water flowing through the tube side of the heat 
exchanger. The estimated pressure drop of 1.07 bar was more than double
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the value quoted by the suppliers, who probably forgot to take the increased 
density of air at high pressure into account. Although the blower was only 
supposed to be rated for 1 bar, it nevertheless seemed to function well at the 
higher pressure, probably because the blower suppliers had incorporated a 
larger motor. In practical operation the additional power consumption did 
not lead to overheating during the experiment; the alarm threshold of 50°C 
was sometimes exceeded, but the danger level of 60°C was never reached.
The compressed air line was started using 2” i.d. steel tubing because the 
connection to the mains line was of this size and material. It was later reduced 
in order to minimise expense and avoid procurement difficulties for fittings 
such as the solenoid valve. Sizing was done by assuming the maximum flow 
rate would be for the superficial choking velocity in the conveying line (see 
section 3.1.3). This flow rate was therefore 4.95 x 0.0752/4 =  0.022 m3 s-1 . 
Assuming a maximum allowable inlet pipe air velocity of 30 m s-1 (recom­
mended by Sinnott (1999)) meant that the minimum allowable pipeline cross 
sectional area was 0.22/30 =  0.00073 m2. The minimum allowable diameter 
was therefore (4 x 0.00073/7r)°-5 =  0.0304 m or about 30 mm. In keeping 
with the British Standard, 1 1/2” was therefore selected for the narrow sec­
tion. The compressed air line also incorporated an orifice plate flow meter. 
Pipework was connected to existing structures using brackets.
The equipment design allowed for various pneumatic conveyor configura­
tions, although pipework was only fabricated for a small number of these. 
Brief consideration was given to whether to incorporate a ball valve on each 
pipe entrance to prevent gas or solids escape whilst the pressure in the vessel 
was building up. This idea was rejected as it would have been expensive 
and the valve might have been subject to significant wear from the solids. 
Because the time taken for the vessel pressure to develop would probably 
have been about the same as the time taken for slug flow to develop, it was 
decided that the pneumatic conveyors did not need valves. For ease of ob­
servation of flow patterns, it was decided that the pneumatic conveying lines 
should be made of clear PVC. Piping for two configurations was fabricated; 
a 50 mm configuration and a 75 mm configuration. Each consisted of a bend 
section, a 2 m straight section, a i m  straight section and a i m  top section. 
The top section was only flanged at one end so that it could be inserted into 
a sheath in the solids hopper. Use of a conveyor much wider than 75 mm 
would require excessive solids flow rates and in addition to increased costs 
of new equipment and materials, it would not be possible to make use of 
some existing equipment, e.g. the plant room compressor. Funding was not 
available to meet these additional costs.
Clear PVC piping of appropriate sizes was available from BTU supplies, 
Guildford. The respective internal diameters of the 50 mm and 75 mm tubes
70
were 46.4 mm and 71.4 mm and they were able to resist internal pressures 
of up to 4 bar. This enabled observation of flow patterns in the conveyor 
over most of its length. Strong PVC bends for the base of the conveying line 
were also available from BTU; a 90° elbow, a long radius bend and a flanged 
t-piece were purchased for the 75 mm case and another long radius bend was 
purchased for the 50 mm case. The conveying line was supported by stiff clip- 
on brackets which were mounted at the top and bottom of the conveyor main 
section. Differential pressure transducers were used to measure the pressure 
drop across different parts of the conveyor. Their low cost meant that a large 
number of them could be used and they were positioned at 1 m intervals on 
straight sections, as well as across the bend, across flange joins and across 
the conveyor entrance. For the pure vertical conveying configuration, it was 
not possible to use pressure transducers inside the vessel. The full conveying 
line assembly is depicted in figure 3.5.
The solids return line between the solids hopper and the pressure ves­
sel was made of 50 mm o.d clear reinforced plastic hosing. For coarse non- 
cohesive solids the effect of hopper outlet diameter on the solids flux is negligi­
ble when it exceeds 20 particle diameters, according to Beverloo et al. (1961). 
The mean particle diameter was 2.7 mm, meaning that 20d =  54 mm. It was 
therefore judged unnecessary to use hosing wider than 50 mm to avoid signif­
icant problems. The return line could be disconnected from the solids hopper 
during operation.
3.3.5 P ressure V essel D esign
Preliminary design calculations using the Leung model (Appendix C), sug­
gested that operation of the feed vessel at 0 .1-1.1 bar above atmospheric 
pressure would be the likely experimental range. The upper limit was based 
on the solids weight in a pipe full of fluidized balls. An extra 0.1 bar was 
allowed for the pressure drop between the plenum chamber and the conveyor 
inlet due to the distributor plate. Entrance and exit effects, the horizontal 
section and the bend at the conveyor base were also expected to add to the 
pressure drop. At high flow rates these components could have been signif­
icant, however entrance effects were anticipated to be insignificant based on 
Woods et al. (2008). The horizontal section and bend pressure drops were 
difficult to predict for short sections where flow had not fully developed. 
For design purposes it was judged to be adequate to estimate the maximum 
expected vessel operating pressure as 2.5 bara. In practice the vessel was 
designed for operation at 3 barg. Because the mains compressed air was at 
a pressure 6 barg a pressure relief valve needed to be incorporated into the 
system.
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Figure 3.5: The Conveying Line Assembly
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When designing a fluidized bed for a fixed volume of solids, the selection 
of vessel diameter is based on a trade-off between pressure drop and gas 
flow rate. A narrow vessel diameter would require lower gas flow rates, 
however the solids depth would be greater meaning that the pressure drop 
in the recirculation loop would be higher and the blower more expensive. A 
maximum diameter can be set based on the requirement for the top of the 
solids bed to be well above the level of the conveyor entrance. A vessel inner 
diameter of 0.4 m was selected after some higher and lower diameters were 
found to be unsuitable. Suitability was demonstrated as follows:
• Solids depth is given by
solids volume 200/ (3517 x (1 — 0.38))
7* ï — n Ao /A — 0.73 mcross-sectional area tt x 0.42/4
• The top of the conveyor entrance was selected to be at least two con­
veyor diameters above the level of the distributor plate to allow devel­
opment of the fluidizing gas flow. This meant that 0.15 m had to be 
allowed based on the 0.075 m conveying line case.
• When the solids level falls to within a certain height above the conveyor 
entrance, the discharge rate will be affected. Based on Beverloo et al. 
(1961) it is sufficient to allow two pipe diameters above the conveyor 
entrance. Given a pipe diameter of 0.075 m, a further 0.15 m must be 
allowed.
• Given an initial solids level of 0.73 m and a minimum permissible level 
of 0.3 m, the percentage of solids which can be used in a fair trial will 
be 100 x (0.73 —0.3)/0.73 =  58.9%. This is equivalent to 0.589 x 200 =
117.8 kg.
• For the maximum solids flow rate of 8 kg s-1 the minimum operating 
time then became 117.8/8 =  14.7 s. Hence the minimum figure of
14.7 — 3.5 =  11.2 s of useful experimental results was predicted (see 
section 3.1.3.
• Although 11.2 seconds was judged to be satisfactory, the short time 
scale emphasized the need for continuous hopper weight logging in order 
to be confident of flow rates.
The importance of not setting the vessel diameter too wide was thus demon­
strated.
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The mimimum allowable diameter was estimated from the maximum al­
lowable vessel height. The overall vessel height was the sum of plenum cham­
ber height, packed bed height, expanded bed height and freeboard height. 
In order to determine freeboard requirements, the maximum bubble size, 
dg, (see Figure 3.6) was first estimated using the Darton correlation (equa­
tion (3.10), see Geldart (1986)). The Darton correlation is applicable to free
PSf SlÈÊâLJi
Bubble
coalescence Bed height «1.2 m
Figure 3.6: Diagram of bubble coalescence in a fluidized bed
bubbling non-slugging fluidized beds. Operation of the bed at superficial gas 
velocities higher than the incipient huidization velocity was desired if the 
apparatus was to test the effects of bubbling on the way solids discharged to 
the conveyor. It was assumed that the gas velocity would never exceed 1.5 
Umf'
dB = 0.54 (U -  Um})0A (h +  4A£'5) 0'8 g" 0-2 (3.10)
where the bed height, /i =  1 m, the distributor area per hole, Ah = 0.0001 m2 
(initial assumption; not very important as h dominates), the acceleration due 
to gravity, g = 9.81 m s-2 and Umf  = 1.2 m s-1 (based on equation (3.11)):
G mf  =  ( | P 2) ^  V27.22 +  0.0408Ar -  27.2 (3.11)
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The maximum superficial velocity was: U =  =  1.8 m s 1
Hence:
dB = 0.54 (1.8 -  1.2)0’4 (1 +  4 x O.OOOl0'5)0'8g- 02 =  0.288 m
Bubble rise velocity relative to the excess gas velocity (above incipient 
fluidization), (7^, can be estimated using equation (3.12) (Geldart (1986)):
Utr = 1.6D0-4(<?dB)0-5 =  1.75 m s" 1 (3.12)
Equation (3.12) applies for a single bubble rising in a fluidized bed of di-
ameter D. The caluclated velocity was a worst-case scenario as the large
bubble diameter relative to that of the vessel might have resulted in slug-like 
behaviour; wall effects could have reduced the bubble rise velocity.
The actual bubble rise velocity, [/&, was found using equation (3.13) (Gel­
dart (1986)):
Ub = Uhr +  U - U mf  = 1.75 +  1.8 -  1.2 =  2.35 m s" 1 (3.13)
Equation (3.13) is based on a material balance which relies on the two- 
phase assumption that all excess gas is contained in the bubble phase. The 
assumption is good for fluidized beds of coarse solids where bubbling starts 
at Umf,  e.g. Geldart group B or D solids.
Neglecting drag, the maximum height, hp, reached by particles travelling 
with this velocity after the bubble ’burst’ would be given by the equation of 
motion (3.14):
772 o qr2
ft- ^ = 2 V 9 ^  =  0-281m
Half the bubble diameter must also be added to this figure, as the top half 
of the bursting bubble would be above the level of the bed (see Figure 3.6), 
thus the total freeboard height required would be 0.281 +  0.288/2 =  0.425 m. 
This figure was rounded up to 0.5 m to allow for errors and because other 
vessel height contributions were given to one decimal place.
At 1.5 Umf, the bed height, H ,  would be given by equation (3.15) (Gel­
dart (1986)):
H  =  ^ 'U t o  + u L f - U  = °-73 X 1.75 +  L2 -  1.8 =  1-U  m (3-15)
where H mf  is the bed height at incipient fluidization. Equation (3.15) is based 
on the same two-phase assumption as equation (3.13) and is also applicable 
to fluidized solids in Geldart groups B or D.
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An additional allowance of 1.2 m of vessel height was therefore made to 
contain the expanded bed, and a further allowance of 0.2 m was made for 
the plenum chamber. The vessel height for a diameter of 0.4 m was therefore 
1.2 +  0.5 +  0.2 =  1.9 m excluding ends. It would have been difficult to fit a 
taller vessel into the space available without modifying existing structures.
The following connections to the vessel were needed:
• Flanges at the top and bottom were required for connecting the flu­
idizing air recirculation line. The ANSI standard sizes nearest to the 
equivalent DIN standard sizes on the blower connections were selected; 
an exact fit was not possible because the vessel manufacturer could not 
easily work to continental standards. As mentioned in section 3.3.4 the 
sizes were 90 mm O.D at the base and 130 mm O.D at the top. In 
order to reduce vessel height and make fitting easier, the inlet flange 
was located on the side of the plenum chamber rather than the bottom.
• The compressed air connection was also positioned on the side of the 
plenum chamber.
• Flanged pneumatic conveyor connections were positioned on the side 
of the vessel just above the distributor plate and also on the top of 
the vessel to allow for possible future tests involving a ‘pure vertical’ 
conveyor. The connections were not placed immediately above the 
distributor plate because the experimental set-up had to reflect the 
proposed full-scale system where solids were to be conveyed from the 
top of the bed. It was possible to connect conveyors of diameter up to 
75 mm.
• A 50 mm connection for the solids return line was also added to the 
top of the vessel.
• Screw fitting ports for pressure tappings which could be connected to 
pressure transducers were located on the side of the plenum chamber 
and on the top of the vessel.
The final detailed design of the vessel was in accordance with BS EN 
286-1:1998 and was carried out by Martin Harte at the UKAEA. It was 
manufactured by Stainless Metalcraft Limited, Chatteris. Drawings and a 
parts list can be viewed in Appendix D. The vessel had an internal diameter 
of 400 mm, an outer diameter of 406 mm and a wall thickness of 3 mm. The 
length of main body of the vessel was 2000 mm, however there were also two 
bolt-on ends. The top end was a flat plate incorporating the required flange 
connections. The bottom end incorporated the plenum chamber and took
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the form of a squat cylinder with a flanged open end at the top and a flat 
end at the bottom (see Appendix D). It was designed so that the distributor 
plate could be inserted in the flange connection with the main vessel. The 
vessel legs were bolted onto 4 supporting gussets which were welded to the 
vessel body. The legs in turn connected to a flat base and removal of one of 
them allowed the bottom end to be bolted on.
The vessel was installed by using the gantry and hoist system (see sec­
tion 3.3.7) to raise the main body to vertical, which enabled connection of 
the legs and base. The hoist was then used again to lower the top end onto 
the vessel and the bottom plate was connected with the aid of jacks.
3.3.6 D istrib u tor D esign
According to Thorpe et al. (2002), the distributor pressure drop should be 
50-100% of the bed pressure drop when fluidising at about Umf,  or 5-10% 
of the bed pressure drop when fluidising at much higher than double Umf in 
order to avoid maldistribution. The bed pressure drop was not expected to 
exceed p^gh = 2150 x 9.81 x 0.78 =  0.165 bar, and the fluidisation velocity 
was not expected to exceed Umf  by more than 50%. The distributor was 
therefore designed for a pressure drop of around 0.1 bar at Umf  which lay 
in the middle of the recommended 50-100% value. The distributor pressure 
drop was also helpful in reducing changes in experimental conditions; the 
bed pressure drop would fall over the course of an experimental run due to 
solids discharge and this would increase the fluidizing gas flow rate. The 
pipeline used to recirculate the gas needed to cater for a flow rate based on a 
maximum superficial fluidisation velocity of 1.8 m s-1 at maximum pressure 
(2.4 m s-1 at atmospheric pressure) and a flow area of t t  x 0.22 =  0.126 m2. 
The gas flow rate would therefore be up to 1.8 x 0.126 =  0.226 m3 s-1 
and the pressure was expected to reach about 2.2 bara. For this higher gas 
velocity, the associated distributor pressure drop will be somewhat greater 
than 0.1 bar.
The distributor plate was designed using equation (3.16) (see Thorpe 
et al. (2002)):
( 3 - 1 6 )
where A P j is the distributor pressure drop, q is the gas volumetric flow rate 
per hole, Cd is the hole coefficient of discharge and Ahoie is the area of the 
hole. The constant, Kp, is given by equation (3.17):
=  2 x 0.822 =  0 .744f (3.17)
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where 7  =  ^hoiearea^‘ Equation (3.16) can be derived from the Bernoulli 
equation by assuming that the superficial gas velocity is small relative to the 
hole velocity and that there are no effects caused by adjacent hole discharges. 
The discharge coefficient was estimated using the equation (3.18) (see Thorpe 
et al. (2002)):
/  t \  — 0 . 1 3
Cj) = 0.82 ^ (3.18)
where d0 is the orifice diameter and tp is the plate thickness. However since 
the orifice diameter and plate thickness were the same (see below), the dis­
charge coefficient was estimated to be 0.82. Thorpe et al. (2002) found that 
Cd was well predicted if the hole pitch was small, e.g. 4-5 times the hole 
diameter, but that it was lower than the predicted value for higher hole 
pitches.
Specifying typical values for U  to be 1.5 m s-1, AP^ to be 10,000 Pa 
and estimating pg to be 2 kg m~3, then rearranging equation (3.16) enabled 
calculation of a target K p value:
A P 10000
Kp ~~ pgU* -  2 x 1.52 “  2200
Therefore
7 = V o l ï 4  = v S Ï Ï  = 54
A hole diameter, d, of 2 mm was selected in order to minimise drilling diffi­
culties but still contain the particles used. The following procedure was then 
used in order to design the distributor:
1. The area of an individual hole, Ahoie, was calculated using equation (3.19):
Ahoie = 7rd2/4 =  7T x 0.0022/4  =  3.14 x 10"6 m2 (3.19)
2. The total hole area, A^, was calculated for a distributor area, A^st, of
0.126 m2 using equation (3.20):
A ht =  A diSt/'y = 0.126/54 =  2.33 x 10"3 m2 (3.20)
3. The number of holes required, rihoies, was determined using equation (3.21):
rihoies = Aht/Ahoie = 2.33 x 10-3/3.14 x 10"6 =  741 (3.21)
4. The area of distributor required per hole, Ah, was determined using 
equation (3.22):
A h = Aht/nhoies =  0.126/741 =  1.7 x 10"4 m2 (3.22)
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5. The design pitch, of the holes was calculated using equation (3.23): 
Ph = \ [ K  =  (1.7 x 10"4)°.5 =  0.013 m (3.23)
Because distributor pressure drops are inversely proportional to the square 
of the open area fraction, the distributor design needed to match the calcu­
lated specifications closely. It was not therefore possible to use standard per­
forated plate because a good match to the required pitch and hole diameter 
could not be found. The distributor was therefore manufactured in-house2. 
Brass was selected as the optimal material because it was relatively easy to 
drill.
The distributor plate was manufactured by scoring a 600 mm outer circle 
and a 400 mm inner circle on the brass plate and machining around the 
outer circle. A 12 mm grid was scored in the inner circle, and 2 mm holes 
were drilled at line intersections. A central pitch circle was also scored to 
aid the drilling of bolt holes for attachment to supporting pillars which had 
been provided with the pressure vessel. A picture of the plate is shown in 
figure 3.7. The drawings in Appendix D are also relevant.
The plate thickness needed to be checked because stresses from drag forces 
and the weight of the solids were significant. For the standard value of 200 kg 
of solids and a distributor area of 0.126 m2, the loading on the distributor 
plate, S, was 200 x 9.81/0.126 =  15,000 N m-2. The actual loading was 
less than this as the solids transmitted much of their weight through the 
vessel walls. Fluidization would also have reduced this value. According 
to Sinnott (1999) the plate thickness required to support these solids with 
a clamped edge could be calculated by using equation (3.24). The design 
stress for brass was assumed to be around 75% of the yield stress. Perry & 
Green (1997) gave a yield stress, / ,  of around 100 MPa, depending on the 
type of brass. The design stress was therefore taken as 75 MPa, allowing 
calculation of the plate thickness, z\
z = O AZD ^/sJf = 0.43 x 0.4(15000/(0.75 x 108))0.5 =  0.00243 m (3.24)
A plate thickness of 2 mm was selected because it was readily available on site 
and the calculations were judged to be sufficiently conservative to allow some 
flexibility, especially after accounting for the support pillars. This would
2The original design calculation was flawed, with the result that the distributor plate
was drilled using 2 mm holes at 12 mm pitch instead of the 13 mm shown in the above
revised calculation. Although fairly precise design was required, this was not judged to be
a sufficiently large error to warrant production of a new distributor plate, given that Cd
was probably overpredicted by equation (3.18)
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Figure 3.7: The Distributor Plate
normally be very bad engineering practice, however because failure of the 
plate presented a very low safety hazard, it was decided that the risk was 
acceptable. The distributor was supported by clamping it between the base 
flange section and the main section of the fluidized bed vessel.
3.3 .7  Scaffold D esign
Installation of the pressure vessel and suspension of the solids weighing hop­
per required a hoist. The selected model was a Seeley power hoist with a 
lift of up to 250 kg; manual hoists were considered, but did not generally 
provide sufficient lift height. There was no suitable mounting point for the 
hoist on existing steelwork, so a scaffold was built to fulfill this function (see 
Figure 3.8). The hoist attachment points are marked with a cross. A stan­
dard scaffold pole system which could be assembled using alien keys was used 
to build the gantry.
Prior to construction, the strength of the proposed gantry needed to be 
checked for insurance purposes. The main stresses were on the following 
components:
1. The axial beam for supporting the hoist is depicted in Figure 3.9.
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Upper central box width, A =760mm
Upper right box width, B = 730mm
Left hand support section width, C = 460mm
Total width = A+B+C = 1950mm
Upper boxes height, D = 750mm
Lower box height, E = 860mm
Overall w idth, F = 690mm
Distance from front pole to hoist suspension 
pole, G = 350 mm
<>
Ankle" height, H = 270mmo
Total height = D+E+H = 1880mm
Figure 3.8: Diagram of the Gantry
L = 0.76 m
n
r î  Pn
D
|  W = 2500 N
Figure 3.9: Hoist Suspension Beam
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The design stress for the BS 1387 steel tubing which was used can 
be assumed to be 75% of the yield stress of 195 MPa, i.e. 146 Pa. 
The length between hoist supports was up to 0.76 m. For a simply 
supported structure, the maximum stress, <7ma;r, in the material is given 
by equation (3.25):
„    ymaxWabGmax (3.25)
where the pole outer radius, î/max =  21.2 mm =  0.0212 m, the weight, 
W  = 2500 N (allowing for a 250 kg load), the distance from one support 
to the loading point, a = 0.38 m, the distance from the other support 
to the loading point, b = 0.38 m, the pole section length, L = 0.76 m 
and the second moment of area, I  =  7.62 cm4 =  7.62 x 10-8 m4.
Therefore maximum stress is given by:
0.0212 x 2500 x 0.38 x 0.38 _ _
<Tm“  “  0.76 x 7.62 x 10-s “  132 MPa
This value was within the design stress for a simply supported structure, 
however the design was better described as an Encastre structure, which 
is a stronger configuration. The forces on other horizontal structural 
members would have been less than those on the hoist suspension pole 
due to distribution of the forces, so it was not necessary to carry out 
further checks given that the structure was cross braced to prevent 
buckling.
2. The hoist connection bracket necks have dimensions 6 mm by 4 mm and 
the hoist was designed to take a weight of about 2500 N. Assuming that 
one bracket bore most of this weight, the maximum stress was given 
by equation (3.26):
amax =  a ;  =  0.006 x 0.004 =  104 MPa (3'26)
where is the cross-sectional area of the neck of the bracket. The
stress on the connection brackets was therefore well below the design
stress.
3. The two lower cross beams (Figure 3.10) will subject to a tension, T:
The combined force on the cross beams, Tc&, was found using the mo­
ment calculations shown in equation (3.27):
1 ^ ^  2500 x 1 ^
JJo A
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Di = 1 m
y
W =2500 N D? = 2 m
Tcb,
Figure 3.10: The Lower Cross Beam
This was divided between 2 beams, so the stress on each beam was 
625 N. The cross sectional area, At, of each beam was found using 
equation (3.28):
At =  irrl -  t it ? =  tt x (0.02422 -  0.02262) =  0.000235 m2 (3.28)
where rQ and ri are the respective inner and outer radii of the beam/scaffold 
pole. Hence:
VF 625 
~Ab ~  0.000235&max — . —  __  — 2.7MPa
This value was well below the design stress and there was no danger of 
cross-beam failure.
4. The welds on the supporting frame for the scaffold were subjected to 
both shear and tensile forces:
Given the proximity of the support to the weld, the shear force in the 
weld, S, can be assumed to be roughly equal to the weight, W ,  provided 
that some margin for error is allowed in the design calculations. The 
perimeter of the bar, which is rectangular, is around 150 mm with a 
weld thickness of about 5 mm. This allows estimation of the cross- 
sectional area, A. The shear stress on the joint, Sj ,  is therefore given 
by equation (3.29):
=  §  =  0_15 x5° 005 =  1.7 MPa (3.29)
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W of up 
to 1250 N
Figure 3.11: Weld stresses
Tba, = 1250 N 
—»----------------
1 4 D 2 =
0.01m
W = 1250 N
D, = 0.1 m
Figure 3.12: Weld tensile stresses
Even after allowing for weld efficiency, this would still be very much 
within safe limits.
For the tensile stresses, a cantilever treatment was assumed as a worst 
case scenario:
In this case the area of the top of the weld, Afcar, was 5 mm by 50 mm 
and the weld efficiency, T]weid, was probably at least 60%. The tension 
in the bar, T&ar, was therefore given by equation (3.30):
_  Tbar _  12500 _  §3 Mp
max ~  AbarVweld ~  0.05 x 0.005 x 0.6 ^  ^
The ‘cantilever’ approach is a worst-case scenario, so this stress will also 
be well within safe limits. Given the very low relative value of the shear 
stress, a combination stress analysis was judged to be unnecessary.
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In conclusion, failure of the key structural members of the support struc­
ture was not expected at the design load of 250 kg. Nonetheless, proof tests 
were conducted both by university staff and an external insurance inspector.
3.3 .8  Solids W eighing H opper D esign
It was necessary to develop an easy, flexible and practical hopper design 
which would allow continuous weighing of the accumulated conveyed solids 
followed by their return to the fluidized bed. Easy reconfiguration for dif­
ferent conveyor lengths was facilitated by suspending the hopper on a hoist. 
Solids could be returned to the pressure vessel via a connection at the bottom 
of the hopper once the fluidized bed had depressurised. Solids were weighed 
using a load cell.
The top of the hopper was covered by a grill with a mesh size which 
prevented the escape of solids but permitted the conveying air to escape. The 
hopper volume needed to exceed the solids volume (0.093 m3) and allow for 
clearance between the maximum solids level and the top of the conveying line. 
A footprint of 500x400 mm fitted into the space available, so the height had 
to significantly exceed 0.5 m. In-house fabrication was possible because there 
were no special pressure requirements, however the hopper needed be strong 
enough to contain 200 kg of solids. The final hopper design was composed 
principally of a box of dimension roughly 400 mm x 500 mm x 1100 mm. 
The box was made by bolting together 12 pieces of 30 mm wide, 3 mm thick 
L-Shaped aluminium beam, which were strong enough to avoid buckling (see 
Appendix E). The sides of the box were made of clear polycarbonate sheeting 
to enable viewing of the conveyor discharge and the accumulating solids and 
the bottom was made of thicker and more rigid polycarbonate. The bottom 
of the vessel was flat, but an inverted, skewed, flattened pyramidal structure 
made of polycarbonate was fitted to ensure that the particles flowed out of 
the vessel (see section 4.1.1).
Vertical tubes were bolted on the inside of the hopper base via a flange 
to form a ‘sleeve’ around the conveying line. Different sleeve diameters could 
be used so as to ensure a close fit with the conveying line in use, whilst 
allowing enough clearance to keep friction to a minimum. The sleeve stopped 
pebbles from falling out of the vessel after they overflowed from the top of 
the conveyor and prevented load cell readings errors due to friction between 
the accumulated solids and the top of the conveying line. Placement close 
to the centre of the base was necessary to reduce the likelihood of uneven 
loading during charging, however this requirement was balanced against the 
need for a fairly central discharge point for returning solids to the pressure 
vessel.
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Solids discharge could be triggered using a simple solids handling valve 
which was constructed from a small aluminium plate, a wooden (later steel) 
wedge, a hinge, a steel rod and a nylon block. The rod was inserted into a 
hole in the nylon block, which was firmly fixed to the base of the collection 
vessel. A flap was constructed from the plate, hinge and wedge which could 
be wedged closed using the rod. Pulling the rod released the flap, enabling 
the solids to discharge under gravity. Prior to release, a large flange was 
bolted to the vessel around the flap in order to connect the hopper to the 
solid discharge line. A slot was cut to allow for flange connection even when 
the rod was engaged. The other end of the solids discharge line was connected 
to a ball valve which was closed during operation of the conveying line. A 
detachable flange was necessary for several reasons:
• The flap needed to be reset after the solids had discharged and this was 
sometimes difficult with the flange in place.
• There was insufficient clearance at the bottom of the vessel to leave the 
flange connected when the 3m conveyor option was in use.
• Although the solids discharge line was not rigid, it would nevertheless 
have interfered with the weighing of the solids.
The solids valve is depicted in Figure 3.13:
Polycarbonate
Internals Polycarbonate
Panels
Plastic
Insert Aluminium
Plate Aluminuim
Frame
Hinge
^  ^  Polycarbonate
Steel Base
Wedge
Steel RodNylon
Block
Figure 3.13: Solids Hopper Base & Discharge Valve
The hopper was connected to the hoist via eye bolts, shackles, and a 
Tedea Huntleigh™ S-beam type load cell rated for 300 kg. The load cell 
was suitable for weighing hanging loads. The eye bolt was connected to the 
hopper in a central position using a beam that ran along the centreline of the
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top panel. The beam was composed of three layers of duralumin; two were 
bolted above and below the top surface of the box frame and the other was 
‘sandwiched’ between them to provide additional strength. Potential prob­
lems with instability during loading were mitigated by bolting four brackets 
on the side of the hopper. These were allowed to run up and down two 
greased guide poles, which prevented sideways movement of the hopper. The 
poles also incorporated two adjustable stops as a safety measure in case of 
failure of the hoist or wire.
Various views of the hopper are shown in Figures 3.14 to 3.16.
Figure 3.14: Left: Side view of hopper showing one guide pole, Right: Sleeve, 
showing the main conveying line protruding from the top
3.4 M easurem ent & Instrum entation
3.4.1 D ata  A cquisition  System
All quantitative data measurements were logged electronically and stored on 
an old PC from a previous project. After giving consideration to various 
alternatives such as data acquisition cards, Picolog™ data acquisition boxes 
were selected due to their simplicity, reliability and good value for money.
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Figure 3.15: Left: The solids hopper and gantry system, Right: Internal view 
of the hopper showing the wire mesh which prevents solids escape
Figure 3.16: Bottom internal view showing base of sleeve and solids discharge 
point
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Temperature inputs were logged using a USB TC-08 thermocouple data log­
ger and the other inputs were logged using an ADC-24 precision data logger. 
Because they were self-amplifying, no additional signal conditioning or power 
supplies were required for many of the inputs, although the self-amplification 
was found to be inadequate for the load cell and differential pressure trans­
ducers. Signal amplifiers were therefore purchased and a power supply was 
obtained.
3.4 .2  Orifice P la te  Specification
Initial calculations (Appendix F) suggested that for measurement of the com­
pressed air line flow rate a 30 mm orifice was needed, and for the recirculation 
line flow rate a 80 mm orifice was needed. The 30 mm orifice plate was later 
found to be insufficiently sensitive for low flow rates and it was exchanged for 
a 15 mm plate. Design was carried out using BS EN ISO 5167-2:2003 and the 
orifice diameter was selected to give an appropriate range of pressure drops 
over the anticipated range of flow rates; pressure drops were required to cor­
respond to the transducer range and measure flow rate sensitively, without 
wasting compressor or blower power unnecessarily. It was necessary to allow 
a certain length of straight piping prior to each orifice meter so as to allow 
flow to develop. The required development lengths were 2.2 m3 for the 80 mm 
orifice plate and 1.9 m for the 30 mm/15 mm orifice plate. This affected the 
location of the orifice meters. The 30 mm/15 mm orifice plate could only be 
installed in the pipe section between the compressed air utility connection 
and the pressure regulator as there was insufficient length of straight piping 
downstream of the regulator. This had the additional advantage of allowing 
1 1/2” piping to be used4 in the section downstream of the pressure regulator, 
which reduced fittings costs.
In order to measure the recirculation line flow rate accurately, the only 
location where the 80 mm orifice plate could be installed was the straight 
section between the pressure vessel and the plant room. The section would 
still have been too short if a flow conditioner plate had not been installed 
upstream of the 80 mm orifice meter in accordance with BS EN ISO 5167- 
2:2003. Manufacture of the flow conditioner plate was carried out according 
to BS EN ISO 5167-2:2003 section 6.3.3. G.
3With a flow conditioner plate.
4BS EN ISO 5167-2:2003 is not valid for measurements in piping of internal diameter 
narrower than 50 mm.
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3.4 .3  P ressure Transducers
Several differential pressure transducers were required for the pneumatic con­
veying line. In this application the pressure drops measured by each indi­
vidual transducer were not anticipated to exceed 0.25 bar. Low cost differ­
ential pressure transducers that could measure pressure drops of this order 
of magnitude were produced by Honeywell™ and the 22PCCFA6D model 
was selected as being optimal for the application of interest. Pressure drop 
across the two orifice plate meters was also to be measured. Supplier delays 
meant that the pressure transducer for the recirculation line could not be 
installed during the time scale of the project. Although unfortunate, it was 
decided to proceed anyway as knowledge of the fluidization velocity was not 
of fundamental importance. Gauge pressure transducers were required in 
the freeboard and plenum chamber and prior to the orifice meters so that 
mass flow rates at key points could accurately be converted to volumetric 
flow rates. Pressure in these locations was unlikely to exceed 1.5 barg, so 
the Honeywell 22PCFFA6G model was judged to be adequate for this ap­
plication. An exception was the pressure transducer on the compressed air 
line which needed to take pressures of up to 6 barg. In this case a second 
hand transducer was found which was of more sturdy construction and rated 
for higher pressures. Pressure transducers were calibrated according to the 
method outlined in section 4.2.2.
3.4 .4  T em perature M easurem ent
K-type thermocouples were selected for all applications in the apparatus due 
to their versatility, their value for money and because high precision was not 
required. The thermocouples were manufactured and supplied by RS compo­
nents. Temperatures were measured at the locations shown in section 3.1.2. 
The locations were selected either for safety purposes or because an accurate 
value of the volumetric flow rate was needed at those points.
3.4.5 Load C ell Selection
A Tedea-Huntleigh S-beam load cell rated for 300 kg was used for weighing 
the solids collection box. This was the most suitable product available for the 
purpose which was readily available from standard suppliers. It required a 
wheatstone bridge circuit and power supply to generate a useable load signal.
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Nomenclature
Latin
A Cross Sectional Area m2
Ab Cross Sectional Area of Beam m2
Abar Cross Sectional Area of Bar m2
Abr Cross Sectional Area of Bracket Neck m2
Adist Total Area of Distributor Plate m2
Ah Area of Distributor Plate per Hole m2
Aht Total Area of Holes in Plate m2
Ahoie Area of Individual Hole in Plate m2
a, b Distances from Load Point to Supported Ends m
c d Coefficient of Discharge for Distributor Hole -
C p Specific Heat Capacity J kmol-1 K
D Conveyor or Fluidized Bed Internal Diameter m
D i ,  L)2 Distances Between Supports m
d Hole Diameter m
dp Bubble Diameter m
d0 Orifice Diameter m
/ Design Stress of Plate Pa
fs Friction Factor -
9 Acceleration Due to Gravity m s-2
H Expanded Bed Height m
Hmf Expanded Bed Height at Incipient Fluidization m
h Height Above Distributor Plate m
hb Velocity Heads Lost per Bend -
hp Height Reached by Particles Above Bed -
I Second Moment of Area for Bar m4
L Pipe or Pole Section Length -
Mi Initial Mass of Balls in System kg
Tïïyj Molar Mass kg kmol-1
171 Mass Flow Rate of Balls Leaving System kg s-1
n Number of Bends -
holes Number of Holes Required in Plate m2
P Pressure Pa
Po Atmospheric Pressure Pa
P l Initial Pressure Pa
P2 Outlet Pressure Pa
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Ph Hole Pitch m
Pbar Pressure bar
A P b Bend Pressure Drop Pa
A Pj Distributor Plate Pressure Drop Pa
A P f Frictional Pressure Drop Pa
Q Heat Transfer Rate into System W
q Gas Volumetric Flow Rate per Distributor Hole m3 s-1
R Gas Constant J kmol-1 K
Ti Pole Inner Diameter m
r0 Pole Outer Diameter m
S Loading on Plate Pa
Sj Shear Stress on Joint Pa
Tbar Tension in bar Pa
T cb Tension in cross-beam Pa
T Temperature K
T i Inlet Temperature K
t 2 Outlet Temperature K
ATLc Change in Temperature Due to Heat Accumulation K
AT'out Temperature Increase Due to Blower Inefficiency K
tp Plate Thickness m
t Time s
to Run time s
th Plate Thickness m
u Superficial Gas Velocity m s-1
ub Bubble Rise Velocity m s-1
Ubr Relative Bubble Rise Velocity m s-1
Umax Maximum Expected Gas Velocity m s-1
Umf Superficial Incipient Fluidization Velocity m s-1
U Gas Velocity m s-1
V System Volume m3
W Weight Supported N
Umax Pole Outer Radius m
Z Plate Thickness m
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Greek
Us Plug Fraction
e Voidage
7 Fractional Open Area of Distributor Plate
% Blower Efficiency
'Hweld Weld Efficiency
vs Solids Velocity
Pb Bulk Density .
Pg Gas Density
Ps Solids Density
Umax Maximum Allowable Stress
m s-1 
kg m-3 
kg m-3 
kg m-3 
Pa
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Chapter 4
Construction and 
Commissioning of Apparatus
4.1 T he C onstruction Process
4.1.1 Scaffold and Solids W eighing H opper C onstruc­
tion
The scaffold and hoist system (see section (3.3.7)) was the first part of the 
apparatus to be built because it was needed for the installation of the pressure 
vessel. After a few weeks of ongoing planning and ordering of components, 
assembly of the gantry took about three days. Holes were drilled in the 
top of an existing steel frame and the four feet of the gantry were bolted on 
through these. Scaffold poles were cut using a mechanical saw then assembled 
from the feet up using various standard scaffolding connectors which were 
tightened with Allen keys. The hoist was then bolted on to two duralumin 
connector plates which in turn bolted on to two brackets on the upper axial 
beam of the scaffold. The guide rails for the solids collection hopper were 
added later. At the top they were connected to the hoist beam and at the 
bottom they connected to feet which were bolted to the mezzanine level. 
Movable stops were incorporated into the guide rails to prevent a sudden 
drop of the weighing hopper in the event of hoist, eye bolt or cable failure.
The solids weighing hopper was designed around the gantry rather than 
the other way around because the latter had to be built around the existing 
building and structures. Following construction of the gantry, the footprint 
available within the structure was measured and a detailed hopper design 
was started. The mechanical saw used to cut scaffold poles was found to 
be inadequate for the aluminium angle beam used to build the rectangular
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vessel frame, meaning that it needed to be cut manually. Once the frame was 
built, holes were drilled and the polycarbonate panels were cut and bolted 
in. This was a difficult and lengthy process because of the difficulty in sizing 
and fitting the panels, which needed to be bent to get them into the frame, 
and the large number of holes which needed to be drilled.
Because the base of the hopper was flat, an insert had to be made to 
allow solids to flow more easily out of the hopper. The insert was flatter 
than would have been desired because the sides needed to be supported and 
the time and resources for production of a high-sided and sturdy support 
structure were not available. Although a hopper angle of not much more than 
10° to the horizontal was ultimately achieved, it was nevertheless possible to 
fully discharge the vessel by occasional shaking. The additional time taken 
was not a major problem as it allowed the apparatus to cool down. The 
insert was sealed to the polycarbonate panels through generous application 
of glue from a glue gun. Although the seal burst when the hopper was filled 
for the first time, it was found to be strong enough after it was renewed. 
A hole was cut in the insert to incorporate the conveyor sheath. Because 
the hopper sometimes needed to be used with narrower conveying lines, a 
number of adapter plates were cut. A smaller hole was cut in each of these 
so that they could be bolted in during reconfiguration of the apparatus for 
a smaller conveyor diameter. The construction of the insert meant that the 
hopper outlet was square, however the solids had to pass through a round 
hole in the hopper base plate. A plastic flange was therefore cut and filed to 
fit into the square outlet so as to convert it to a round outlet.
The base of the hopper was made of thick polycarbonate and was used 
primarily to support the conveyor sheath. It was relatively quick and easy to 
unbolt the base so that the sheath could be changed without disconnecting 
the entire hopper. Bolts were added around the outlet so that the solids 
discharge line could also be quickly connected or disconnected using wing 
nuts.
The grill on the the top of the hopper was made of perforated plate with 
a high fractional open area which had been retrieved from the departmental 
stores. The holes in the plate were round, of diameter «  1 mm and of 
hexagonal pitch «  2 mm. It was bolted to the top of the hopper frame 
in several places, but could easily be removed if the interior needed to be 
accessed. The grill was made of two halves which sat either side of the 
supporting beam for the eye bolt. The edges which came into contact with 
the beam were reinforced with aluminium bar. Initially the bar and grill 
buckled under the impact of the conveyed particles, so brackets were added to 
connect the grill to the central beam as a lot of time was being lost sweeping 
up escaped solids. When the brackets buckled too, they were replaced by
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stronger brackets made of thicker aluminium bar and these were sufficient to 
prevent the escape of solids.
4.1 .2  P ressure V essel In sta lla tion
Before the pressure vessel arrived, some panels needed to be removed from 
a pre-existing chamber where the apparatus would be housed, so as to allow 
entry of the vessel. The panels were not put back in place until construction 
was complete.
The pressure vessel arrived packed in a wooden crate. The main section 
and ends were both much too heavy for manual handling, so a pallet truck 
was used to transport them to the construction site. Before transporting the 
vessel, a circle was marked out on the floor as being the optimal location for 
the vessel base. The top end of was the first section to be transported and 
the hoist was used to lift it up onto the mezzanine level. The main body was 
then brought through and a sling was used to attach it to the hoist, enabling 
it it be lifted to a vertical position so that the legs and base could be bolted 
on. Positioning of the vessel exactly the right location was difficult and it 
was necessary to support most of the weight using the hoist whilst pushing 
it manually from the side. Once the main body was in position, a gasket 
was placed on the top flange and the top end was lifted into position using 
the hoist, with some additional manual effort. The top end was then firmly 
bolted on. Finally the bottom end was transported and after fitting the 
distributor plate and the gasket it was possible to raise the end into position 
using jacks. Bolting was more difficult in this case because the bolts worked 
against the weight of the end, and it took an entire day’s work to get a good 
seal with the gasket.
4.1 .3  B low er Installation
The blower was supplied and delivered by Industrial Blower Services Ltd, 
after an order time of about 8 weeks. Delivery had to be coordinated with 
a time when the university fork-lift truck drivers were available, and instal­
lation of the blower into the plant room required careful planning. The 
following procedure was therefore adopted:
• Remove plant room steps to enable direct lowering of the blower into 
the plant room.
• Transport the blower from the delivery van to the plant room using a 
fork-lift truck configured with normal forks.
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• Reconfigure the fork-lift truck, replacing the forks with a jib and lower 
the blower on its pallet according to Figure 4.1.
• Change the jib setting so that the blower can be raised whilst the pallet 
is removed, then lower it onto the pallet truck again.
• Use the pallet truck to move the blower into position on wooden slats.
The dimensions of the plant room door meant that the above procedure could 
only just be achieved with the equipment used.
The full installation of the blower was completed over several weeks. Con­
tractors were sent by the blower supplier to bolt it to the floor of the plant 
room. Installation of a 3-phase power supply and remote start-stop for the 
apparatus control room was done by the Estates and Facilities Department 
of the University. A starter for the blower motor was required and after 
considering quotes from another company, the blower supplier sent another 
contractor to install a star delta starter. The oiling and initial start-up of 
the blower was also done by the supplier.
4.1 .4  P ip in g  and F ittin gs
The first pipework to be installed was the line between the compressed air 
supply and the plenum chamber. A ball valve was installed at the point of 
connection with the air main so that the line could be depressurized when not 
in use. 2” i.d. steel pipe was used for the section up to the pressure regulator 
firstly because the connection to the compressed air was also 2” and secondly 
for compatibility with the orifice meter standard, which was not valid for 
pipes narrower than 50 mm. All fittings were of the screw type and after 
sealing with PTFE tape they were tightened as far as practicably possible 
using a Stilson wrench. Flanges were incorporated for fitting the orifice plate, 
allowing clearance for gaskets, and holes were drilled for differential pressure 
tappings. It was sufficient for the absolute pressure and temperature tappings 
to be placed about 1.8 m upstream of the plate, however 2.1 m of straight 
pipe between the upstream bend and the plate was required for the flow to 
develop fully. Two brackets were fitted to the 2” pipe section; one which 
hung from a beam on the flame proof chamber and prevented movement in 
the vertical direction, and another which was attached to existing steelwork 
and prevented movement in one horizontal direction. The pressure regulator 
had a 1” fitting so a reducing piece was required to connect the inlet to the 2” 
pipe. The outlet was expanded to only 1 1/2” as this diameter was adequate 
to keep gas velocities below 30 m/s and reduced fitting costs substantially. 
A bracket was used to connect the 1 1/2” section to the steelwork so as to
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Figure 4.1: Lowering the blower (dimensions in metres)
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prevent movement of the pipe in the other horizontal direction. A solenoid 
valve was installed for remote starting or stopping of the compressed air flow. 
A pressure relief valve was installed downstream of this and a lockable ball 
valve was also installed for testing of the relief valve, after which the line 
connected to the pressure vessel. A picture is shown in figure 4.2.
Pressure
Vessel
Conveying 
Line Inlet
Lockable- 
Open Ball 
Valve
Figure 4.2: The compressed air line, 1 1/2” section
Prior to installation of the recirculation line, a hole was drilled in the wall 
between the main laboratory area and the plant room by the estates and 
facilities department of the university. The hole allowed the 130 mm line to 
pass through to the plant room, however there was insufficient space for the 
90 mm line too. This problem was rectified by manual chiseling to provide 
sufficient clearance. The installation of the recirculation line involved very 
careful planning and measurement; because the fittings were of the solvent 
cement type, the positioning had to be correct first time. The section between 
the top of the pressure vessel and the plant room wall was installed first. 
Brackets were bolted to girders in two locations and also to the mezzanine 
level flooring. Three bends were required to allow the pipeline to pass from
Pressure
Relief
Valve
Solenoid Valve
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the top of the vessel, down through a gap in the flooring, then horizontally 
again towards the plant room. The 130 mm piping was carefully measured, 
marked out, then cut using a hacksaw. Bends were rapidly glued, then 
hammered into position using a nylon mallet. The presence of flanges for the 
flow conditioner plate and the orifice plate allowed for some extra flexibility 
during installation as this essentially provided a removable section.
On the plant room side, the heat exchanger was connected to the blower 
using steel pipe and bolted to the floor. Because the heat exchanger outlet air 
was cooler, it was possible to directly connect to the 90 mm PVC pipe. The 
pipe assembly was more complicated in the plant room due to the insertion 
of the bypass line/butterfly valve. Pipe sections were cut to size then glued 
and hammered together as before, although assembly without glue was tried 
first to ensure that pipe lengths were correct. Remarkably, the final gluing 
together of the pipework on the plant room side only took one afternoon once 
the help of another PhD student1 had been obtained. Steel bracket supports 
were built to secure the pipework to the floor and walls. A picture of the 
assembly is shown in Figure 4.3 Finally the orifice plate and flow straighter,
3-Phase Power 
Supply
Star Delta 
Starter
Inlet Filter
Rotary lobe 
blower
Return
Line
Bypass
Valve
Supply
Line
Heat 
Exchanger
Figure 4.3: The Plant Room Pipework Assembly
both with gaskets, were bolted in position between the flanges. The heat 
exchanger on the blower outlet was cooled using water from the lab main. 
Hosing was used to connect the main to a solenoid valve mounted on the top 
of the heat exchanger. The cooling water flow could therefore be switched
^Mr Philip Howard of the Advanced Technology Institute, University of Surrey
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on and off from the control room. The hole between the plant room and the 
laboratory area was sealed using expanding fire retardant foam.
The Pneumatic Conveying lines were cut and glued together in a similar 
manner to the recirculation line. It was found that the conveyor wall mate­
rial was too thin for the drilling of pressure tappings, however the problem 
was solved by cutting sections from thick PVC pipe and gluing them to the 
conveying line at the required places. A copper mesh was also inserted be­
tween the conveying line and the reinforcing section to prevent solids from 
blocking the pressure tappings. The large stresses on the bend at the base 
of the conveyor meant that the first bend to be installed broke after the first 
trials. Heavy duty L-shaped steel brackets were therefore bolted to the exist­
ing supporting beam which was required to support the lower conveying line 
bracket. The design of the brackets allowed two of the bolts for the flange 
connecting the lower bend to the vertical section to pass through both the 
bracket and the flange. This largely eliminated the stress on the bend due 
to the weight of the pipe and solids.
A hole for the conveying line needed to be cut in the mezzanine level 
floor, which was made of steel plate. Cutting was achieved by drilling holes 
around the desired perimeter, then completing the detatchment using an 
angle grinder. For safety, an insert was made from aluminium sheeting to 
cover the rough edges.
4.1.5 Instrum entation
The chamber used to house the apparatus conveniently contained an area 
which could be set aside as a control room (see Figure 3.4). A desk, PC 
and chair were obtained for use as the control and monitoring centre for 
the apparatus. A notice board was erected for safety information and pro­
cess drawings. The PC was set up for networking, the picolog software was 
installed and the data loggers were connected.
It was straightforward to set up the temperature measurement systems; 
the thermocouples were plugged into the data logger and the software was 
set up for k-type thermocouples. The temperature probes were connected 
to the temperature tappings using olives. The load cell and pressure trans­
ducers were more difficult and assistance from the departmental electrical 
technician2 was required. Various electronic and electrical components were 
ordered, such as amplifiers, power supplies and resistors and the wiring was 
completed over a period of several weeks. The transducers and load cell were 
connected to the other electronics and the data logger via screened cable to
2Mr David Arnall
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mimimise signal noise. The differential pressure transducers were connected 
via 5 mm i.d. hosing and t-pieces to nylon screw-in pressure tapping con­
nectors. The high pressure absolute pressure transducers were connected to 
the pressure tappings using narrower tubing and an expander. The pressure 
transducer for the recirculation line orifice plate was lost during the construc­
tion process and it was decided that this was a non-essential measurement 
which could be studied by later users of the apparatus once the problem had 
been rectified.
The control room also contained the remote start/stop for the recircula­
tion blower and the mains switches from which the two solenoid valves could 
be opened and closed.
4.2 Com m issioning
4.2.1 Leak T esting
The apparatus was leak tested by first sealing the system; the pressure tap­
ping adapters were replaced with screw fit bungs and the conveying line port 
was covered by a blanking flange which was manufactured by the School of 
Engineering workshop. The pressure in the system was controlled using the 
pressure regulator. Initially many leaks were identified and the noise pro­
duced made them easy to find. The flanges at both the top and the bottom 
of the pressure vessel needed to be tightened and the flow meter flanges on 
the compressed air line were sealed more thoroughly using chemical metal. 
A significant amount of air was also being lost through the ‘breathers’ of the 
blower, however the suppliers advised against blocking this. It was therefore 
decided that the remaining leaks would have to be accepted and corrected for 
in the experimental results, principally the flow rate of air in the conveying 
line.
The leak rate was determined by setting the pressure regulator to a de­
sired maximum value, opening the compressed air line ball valve then allow­
ing the system to pressurize until steady state had been obtained. The bung 
in the pressure tapping on the top of the pressure vessel was replaced with 
a gauge pressure transducer, so that when the data logger was started and 
the solenoid valve closed, a pressure vs time curve could be generated. The 
test was carried out first with the blower turned off and later with it turned 
on. The pressure vs time curve was subsequently converted to a flow rate vs 
time curve using equations (4.1) to (4.3):
m =  ^  (4.1)
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where m  is the leak rate, pg is the air density and V  is the system volume. The 
ideal gas equation (4.2) is generally adequate for describing the behaviour of 
dry air at room temperature3:
P g =
P rriu
~RT (4.2)
where P  is the pressure in the system. Therefore since the mean molecular 
weight of the air, m w, the gas constant, R, and the temperature, T  are all 
constant with time, equation (4.1) becomes equation (4.3):
m  =
m wV  dP  
R T  dt (4.3)
The pressure gradient was approximated by dividing the change in pressure 
between two consecutive readings by the time interval between the readings. 
The pressure vs time curves are shown in Figures 4.4 and 4.5.
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Figure 4.4: Leak Test with the Blower Switched off
These were converted into the leakage flow rate vs pressure curves shown 
in Figures 4.6 and 4.7.
It can be seen that repeatability at high pressure is not good; possibly 
due to variability in the behaviour of seals and gaskets. Nevertheless, the 
apparatus behaved consistently at pressures below about 1.7 barg; a pressure
5 According to Perry & Green (1997) the compressibility factor of air is between 0.9957 
and 1.0002 at 1-5 bar and 250-350 K; a deviation from ideality of less than 0.5%.
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Figure 4.7: Leak Rate with the Blower Running
which was never exceeded during experimental trials. The leak rate as a 
function of system pressure did not change significantly when the blower was 
switched on, however signal noise increased. A linear fit (equation (4.4)) for 
the results below 1.7 barg was used to correlate leak rate with pressure in 
the likely range of operation:
m  = 0.0016P(bar) ±  0.0003 (4.4)
where P(bar) is the pressure in bar. Scatter limits were estimated visually and 
would be equivalent to roughly 2 standard errors. W ith the blower running, 
the best fit line was given by equation (4.5):
m =  0.0009P(k,r) +  0.0007 ±  0.0005 (4.5)
The leak rate was only a small proportion of the overall flow rate, which 
was typically in the range 0.01-0.05 kg/s. The relatively high scatter in the 
data from which correlations (4.4) and (4.5) were obtained was therefore 
tolerable in the absence of a better solution; correction using the correlations 
was expected to lead to some improvement in the accuracy of the gas flow 
measurements.
4.2.2 P ressure Transducer C alibration
Accurate pressure transducer calibration was possible using a pressure meter 
for the low pressures and a pressure gauge for higher pressures. In order to
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ensure consistency of methods, a single pressure transducer was calibrated 
first and all other pressure transducers of the same model were calibrated 
against it using the data logging software. This was achieved by connect­
ing several pressure transducers to the standard using hosing and t-pieces, 
starting the data logger then varying the pressure in the system to generate 
calibration curves. The linear trend line facility in MS Excel was used to 
generate best-fit lines through the pressure vs voltage data plots. The best- 
fit lines were then programmed into the data logger so that the output would 
be in mbar rather than mV.
The original pressure transducer calibration traces are shown in Fig­
ures 4.8 and 4.9 and example sets of calibration curves are shown in Fig­
ures 4.10 and 4.11.
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Figure 4.8: Differental Pressure Transducer Calibration Standard
It can be seen th a t the gauge pressure transducer plots exhibited less 
scatter from the line of best fit than the differential pressure transducer 
plots. A good fit was nevertheless obtained in all cases.
4.2.3 Orifice M eter C orrection
After the first round of experimental trials, it was found that the signal from 
the differential pressure transducer on the orifice plate meter exhibited a 
significant offset when the absolute pressure was increased, even when the 
differential pressure was known to be zero. The readings therefore needed to
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5 10 15 20 25 30
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Figure 4.10: Calibration curves for Differential Pressure Transducers
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Figure 4.11: Calibration curves for Gauge Pressure Transducers
be corrected for this effect. The relationship between the absolute pressure 
and the offset error was determined using the following procedure:
1. The data acquisition system was started
2. The compressed air line ball valve was opened slightly to allow gradual
filling of the compressed air line
3. Once the gauge pressure transducer reading had stopped rising, the 
compressed air line ball valve was closed
4. The data acquisition system was stopped and the data was saved
5. The data acquisition system was restarted
6. The solenoid valve was opened
7. The pressure regulator was used to gradually let the pressure down
This procedure yielded a spread of pressure transducer vs offset data for both 
pressurisation and depressurization of the system. The results (Figure 4.12) 
showed that the offset varied almost linearly with the pressure in the pipe 
and that there was very little hysteresis. The trend line equations were then 
used to correct the orifice meter pressure drop readings.
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4.2 .4  Solids W eighing System  Tests
Calibration of a free-hanging load cell would have been straightforward, how­
ever friction from the hopper guide poles and the conveying line sheath meant 
that hysteresis effects needed to be investigated. Calibration was carried out 
by recording the load cell voltages as a series of 5 kg weights (up to 25 kg) 
were hung on the base of the weighing hopper. The weighing hook was a t­
tached through a hole in a piece of aluminium angle which was bolted to 
the base of the collection hopper. The initial load cell readings were not 
very consistent, however this was found to be due to the eye bolt not sitting 
properly in the hoist hook, a problem which was easily corrected by straight­
ening the alignment of the hoist hook so that the eye bolt hung properly. 
Signal stability was also improved using an amplifier. Performance prior to 
modification is shown in Figure 4.13.
After the modifications it was found that the load cell output reading 
changed at a rate of 4.4 mV/kg for unhindered loading. The improved per­
formance is shown in Figure 4.14, albeit with hysteresis remaining a problem. 
Because the load cell was to be used for measuring flow rates rather than 
absolute masses, a datum value was not required. W ith the guide poles and 
sheath connected hysteresis was found to be significant, however the effects 
were usually only important at the beginning or the end of a loading cycle.
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This meant that good linearity was exhibited during the time period of in­
terest when the system was at steady state. This has been demonstrated by 
replotting the data of Figure 4.14 in Figure 4.15. The unhindered loading 
and unloading lines represent the gradients which would have been expected 
if there had been no friction and have been plotted to show that the approach 
taken was reasonable.
Loading-Unloading Curves
0.29 
0.28 
0.27 
0.26 
0.25 
0.24 
0.23 
0.22 
3  0.21 
O  0.2 
0.19 
0.18 
0.17 
0.16 
0.15
Loading
Unloading
—  Unhindered unloading
—  Unhindered loading
0 5 10 15 20 25
Mass, kg
Figure 4.15: Load Cell Hysteresis
Actual performance would have been much better than Figure 4.15 sug­
gests as the weights involved in the conveying trials were much greater than 
those used in the preliminary testing.
4.2 .5  Prelim inary Trials
Before the installation of any instrumentation, mechanical functionality of 
the apparatus was checked by conveying solids to the collection hopper then 
returning them to the pressure vessel. The only problem to be identified 
was the tendency for solids velocities to increase dramatically near the end 
of an experiment. This happened because of the rise in air velocity which 
occurred when the pressure vessel was nearly empty. The air velocity rose 
because the solids level fell below the level of the top of the conveyor inlet, 
thus allowing the air flow to short-circuit. The main negative consequence 
of the high solids velocities was an increase in the stress on the solids hopper
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grill plate which resulted in the escape of solids. This was mitigated using 
reinforcing brackets on the grill plate and where possible by stopping the 
experiment before the vessel had fully emptied.
4.3 Safety
4.3.1 G eneral Safety
Prior to the construction of the apparatus a Hazard Operability meeting was 
conducted. The minutes are included in Appendix G. Once construction of 
the apparatus was complete, the standard university ‘Generic Risk Assess­
ment’ was used to generate a list of actions. These are given in Appendix H
4.3 .2  P ressure A ssessm ent
Before the apparatus could be used it was necessary to include it on the 
university pressure systems insurance. Two inspection visits from the in­
surance company were required. The first visit was carried out during the 
construction process prior to the start of the commissioning process. Per­
mission to start commissioning was granted subject to the replacement of 
the pressure relief valve; the supplier had mistakenly provided a pressure 
regulator instead. The required relief valve size was established as follows:
1. The relief pressure was set at that of the weakest system component. 
This was the conveying line, which was designed to withstand 4 bara. 
A relief pressure of 3 barg was therefore selected.
2. The required relieving capacity was originally assumed to be double the 
maximum compressor flow rate of 2.4 Scmm (84 Scfm). The number of 
velocity heads, n, lost in the section between the pressure regulator and 
the vessel was later estimated to be 78.5 (see section 6.2.1). The relief 
flow rate, v, was calculated using equation (4.6), which used the mean 
gas density, p, for flow rate calculation, assuming an ideal gas. The 
upstream gas pressure was assumed to be 6.5 barg and the downstream 
pressure was taken as the relief pressure of 3 barg. The tube diameter
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where the relief valve was located was 38 mm.
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where A P  is the difference between the maximum possible pressure in 
the system and the relief pressure, A  is the area for relief flow and pstd 
is the air density under standard conditions The relief flow rate was 
therefore just under 13 Scmm (455 Scfm).
3. The required relieving area is given by equation (4.7) (Anderson et al. (2008)):
. vy/M T Z
e.SiCKPrKi ( ^
where:
M  = Molecular mass of air =  28.8 kg kmol-1 
T  = Temperature =  537° R 
Z  = Compressibility factor % 1 
C = Gas factor =  356 
K  — Discharge coefficient (assumed) =  0.5
Pi =  Inlet pressure (assumed to be the same as relief pressure) 3 barg 
=  58 psia
Kb =  Capacity correction factor due to back pressure
Hence
A =  6 .3 M 6 x 0 .5 x 5 X8 V Ï  = °-305 
Therefore the required valve diameter, D, is given by:
D = \/47r x 0.305 =  0.623 in
After rounding up to the nearest size it was therefore decided to select a 
3/4” relief valve. Correcting the area by multiplying by the design flow rate
which should have been used and dividing by the design flow rate which was
actually used led to a relief valve diameter of just over 1” .
The second inspection visit aimed to establish that the completed system 
was safe to operate on an ongoing basis. Despite the relief valve sizing error, 
upstream resistances in the system seemed to adequately limit the flow rate in 
practice and it was possible to proceed with the final stages of commissioning.
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4.3 .3  N oise A ssessm ent
According to the ‘Control of Noise at Work Regulations 2005’ it was necessary 
for the university to carry out a noise assessment prior to use of the apparatus. 
It was expected that the plant room wall would reduce the noise levels from 
the blower sufficiently for ear protection not to be required. After a noise 
assessment by a university safety officer this was found not to be the case. 
The hole through which the recirculation pipework passed was thought to be 
the reason for the problem, however noise levels remained high even after this 
was filled, meaning that transmission of vibrations through metalwork was 
the most likely explanation. There was no easy solution to this problem and 
ear protection was acquired in the form of ear protectors for the main user 
and earplugs for visitors. Appropriate safety notices were also purchased and 
displayed.
4 .3 .4  O perating P rocedure
The operating procedure was re-drafted several times during operation to 
incorporate standard actions which previously had not been included. The 
final draft was as follows:
Operating Procedure
Start of Day:
1. Print out video labels
2. Ensure that lab compressor is switched on
3. Clear up ball spillages
4. Turn on PC and transducer amplification and ensure that all mains 
adapters are switched on
5. Switch on blower 3-phase supply
6. Open Picolog recorder 
Start of Run:
1. Create data file and configure as required
2. Ensure that compressed air solenoid valve is switched off
3. Check that blower emergency stop is released
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4. Ensure that vessel recharge line is disconnected
5. Check that hopper discharge flap valve is closed
6. Ensure ball valve on top of vessel is closed
7. Check that collection hopper slide stops don’t prevent weighing
8. Turn water on
9. Attach video label
10. Set up and switch on camera
11. Switch on heat exchanger solenoid valve
12. Put ear and head protection on
13. Open compressed air line valve
14. Set line pressure using pressure regulator
15. Start data logger
16. Start up blower
17. Clear memory card and start video recording
18. Switch on compressed air solenoid valve
19. Run data recording for as long as necessary
20. Quickly check compressed air line pressure gauge
21. Switch off compressed air solenoid valve when run is complete
22. Turn regulator PR1 pressure to zero
23. Stop blower
24. Close compressed air line valve V2
25. Shut off water by switching off the other solenoid valve
26. Depressurize the compressed air line by briefly switching on the solenoid 
valve and increasing regulator pressure
27. Open ball valve on top of vessel
28. Connect vessel recharge line
29. Open hopper discharge flap valve
30. Wait for particles to fully discharge into vessel before restarting proce­
dure
31. Switch off video camera and upload footage 
End of Day:
1. Organise data files
2. Turn off PC and transducer amplification
3. Turn off Water supply
4. Switch off blower 3-phase supply
5. Clear up ball spillages
6. Put video camera battery on recharge
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N om enclature
C Gas Factor -
K Discharge Coefficient -
K b Capacity Correction Factor due to Back Pressure -
M Mean Molecular Mass of Air kg kmol-1
TYïyj Molar Mass kg kmol-1
n Number of Velocity Heads Lost -
m Leak Mass Flow Rate kg s-1
P Pressure Pa
P i Inlet pressure Psia
A P Pressure Difference Pa
R Gas Constant J kmol-1 K
T Temperature K
t Time s
V System Volume m2
V Relief Flow Rate Scms
Z Compressibility factor -
P Mean Gas Density kg m-3
Pg Gas Density kg m-3
P std Air Density Under Standard Conditions kg m-3
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Chapter 5 
Results
All experiments were conducted according to the operating procedure in sec­
tion (4.3.4). The regulator pressure was controlled and the conveyor pressure 
drop, gas flow rate and solids flow rate were measured. According to the ex­
perimental configuration used, the results were categorised into 5 sets:
• Set 1: The initial trials with the 75 mm conveying line discharging 
from the side of the fluidized bed, round a wide radius bend and into a 
4 m vertical section. A 30 mm orifice plate meter was used to measure 
the compressed air supply flow rate. This set included 12 experimental 
trials.
• Set 2: As set 1, however the 30 mm orifice plate was replaced with a 
15 mm orifice plate to improve the accuracy of flow rate measurement. 
This set also included 12 trials.
• Set 3: As set 2, but with the fluidizing blower switched off so that the 
conveying line was fed from a packed bed. This set included 8 trials.
• Set 4: As set 2, but with the vertical section height reduced to 3 m. 
This set included 8 trials
• Set 5: A 50 mm tube was used in a configuration otherwise identical 
to set 2. This set included 13 trials.
It was judged that replication of experiments would have been unfruitful 
in most cases because the experimental results were very sensitive to the 
regulator pressure, which could not be controlled to a high degree of accuracy. 
Furthermore, the results displayed clear trends which enabled estimation of 
experimental errors without the need for replication. The experimental data 
for sets 1-5 are summarized in tables 5.1 and 5.2.
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Experiment Solids Flow Rate Gas Flow Rate Pressure Drop
____________ kg s-1___________kg s-1__________ Pa__________
Set 1
1 0.256 ±  0.051 0.0118 ±  0.0009 61900 ±  300
2 0.633 ±  0.015 0.0218 ±  0.0009 68900 ±  300
3 10.7 ±  0.0 0.114 ±  0.006 48200 ±  4700
4 1.84 ±  0.01 0.0157 ±  0.0018 79400 ±  800
5 7.16 ±  0.01 0.0327 ±  0.0061 84400 ±  7600
6 5.61 ±  0.01 0.0355 ±  0.0043 80300 ±  5200
7 1.54 ±  0.01 0.0196 ±  0.0011 77300 ±  500
8 6.01 ±  0.02 0.0304 ±  0.0032 78300 ±  5800
9 4.32 ±  0.02 0.0451 ±  0.0018 74700 ±  1900
10 4.19 ±  0.03 0.0353 ±  0.0029 82500 ±  6100
11 8.17 ±  0.01 0.0557 ±  0.0057 70800 ±  6700
1 2_________ 11.2 ±  0.0_______ 0.0657 ±  0.0060 49400 ±  6700
Set 2
1 0.801 ±  0.016 0.0112 ±  0.0003 68600 ±  400
2 Collapsing bed 0.0110 ±  0.0002 67500 ±  300
3 0.736 ±  0.019 0.0103 ±  0.0002 70300 ±  400
4 1.04 ±  0.019 0.0119 ±  0.0003 72300 ±  500
5 1.23 ±  0.017 0.0142 ±  0.0002 73600 ±  400
6 1.67 ±  0.019 0.0151 ±  0.0004 76200 ±  700
7 2.10 ±  0.020 0.0149 ±  0.0008 79800 ±  1000
8 4.47 ±  0.015 0.0219 ±  0.0012 73100 ±  2000
9 4.94 ±  0.016 0.0242 ±  0.0024 72600 ±  3000
10 9.00 ±  0.020 0.0444 ±  0.0060 59400 ±  4100
11 4.83 ±  0.016 0.0258 ±  0.0009 66900 ±  1000
1 2_________ 8.74 ±  0.016 0.0401 ±  0.0047 17600 ±  5000
Set 3
1 0.867 ±  0.043 0.0132 ±  0.0003 69400 ±  500
2 2.84 ±  0.024 0.0198 ±  0.0012 66600 ±  900
3 Fluctuates 0.0174 ±  0.0019 67200 ±  2300
4 2.82 ±  0.019 0.0206 ±  0.0016 64900 ±  900
5 3.94 ±  0.022 0.0225 ±  0.0023 61400 ±  1300
6 4.00 ±  0.019 0.0262 ±  0.0021 72900 ±  1400
7 5.09 ±  0.019 0.0294 ±  0.0028 61900 ±  2200
8 6.65 ±  0.019 0.0348 ±  0.0049 59700 ±  4800
Table 5.1: Summary of Experimental Results for Sets 1-3
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Experiment Solids Flow Rate Gas Flow Rate Pressure Drop 
kg s-1 kg s-1 Pa
Set 4
1 3.35 ±  0.017 0.0217 ±  0.0007 46800 ±  1200
2 5.97 ±  0.017 0.0295 ±  0.0028 45600 ±  3600
3 1.12 ±  0.018 0.0119 ±  0.0003 51000 ±  400
4 2.24 ±  0.018 0.0158 ±  0.0005 54200 ±  700
5 1.24 ±  0.021 0.0119 ±  0.0003 60500 ±  500
6 1.76 ±  0.019 0.0154 ±  0.0005 61300 ±  700
7 4.70 ±  0.016 0.0300 ±  0.0021 46000 ±  2700
8 2.50 ±  0.032 0.0186 ±  0.0008 76500 ±  1900
Set 5
1 1.18 ±  0.02 0.0137 ±  0.0004 66800 ±  4600
2 1.60 ±  0.02 0.0151 ±  0.0004 64000 ±  1100
3 1.18 ±  0.02 0.0129 ±  0.0003 52700 ±  900
4 0.840 ±  0.016 0.0117 ±  0.0003 43300 ±  500
5 0.325 ±  0.037 0.0104 ±  0.0002 34700 ±  400
6 0.663 ±  0.017 0.0115 ±  0.0002 41100 ±  500
7 1.05 ±  0.02 0.0115 ±  0.0003 48500 ±  800
8 1.38 ±  0.02 0.0145 ±  0.0003 53400 ±  800
9 1.89 ±  0.01 0.0145 ±  0.0005 58300 ±  1300
10 0.2-0.3 0.0104 ±  0.0003 31300 ±  400
11 0.0969 ±  0.3025 0.00861 ±  0.0003 13500 ±  900
12 2.74 ±  0.00 0.0186 ±  0.0009 37300 ±  2200
13 3.16 ±  0.00 0.0239 ±  0.0023 35300 ±  2200
Table 5.2: Summary of Experimental Results for Sets 4&5
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5.1 Processing o f R esults
5.1.1 Solids F low  R ate
The solids flow rate was determined by examining the solids hopper weight vs 
time trace. It was observed that there was usually a period where the trace 
was nearly linear, which corresponded to the steady state running period 
of the apparatus. The initial and final portions of the trace were therefore 
removed and the gradient of the straight line was taken as the solids flow 
rate (see Figure 5.1). In some cases, flow was interrupted and there was 
more than one linear period, however the gradients of these linear periods 
were usually the same. It was therefore possible to extract a value for the 
flow rate which could be compared with the other results whilst noting that 
an interruption had occurred. Plug formation and load cell hysteresis meant
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Figure 5.1: Example of the Determination of Solids Flow Rate
that a perfectly linear trace was never obtained. Steeper parts of the trace 
might represent periods of time when a solids plug is passing out of the con­
veying line, but they might also exist because static friction in the guide 
poles must be overcome before the load cell can read a mass increase. Nev­
ertheless pseudo-steady state behaviour was usually observed. For example 
in Figure 5.1 the solids flow rate was found to be about 1.2 kg s-1.
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5.1 .2  G as Flow  R ate
Processing of the raw gas flow rate data involved:
• Adjustment for the transducer offset
• calculation of the gas flow rate based on adjusted orifice pressure drop 
data
• use of a mass balance to calculate the gas flow rate in the conveyor
The transducer offset was determined in one of three possible ways, 
depending on the data available:
1. If the absolute pressure in the line had been continuously mea­
sured, the predicted offset based on Figure 4.12 was used to esti­
mate the real pressure, AP0, in mbar, as given in equation (5.1):
AP0 =  AP0,mes +  0.0032P -  1.4 (5.1)
where AP0)Tnes is the measure pressure drop across the orifice meter 
and P  is the absolute pressure in the line.
2. If data for the absolute pressure were not available, the offset 
was estimated and deducted from the other readings. The offset 
was estimated by taking the average of the orifice meter differen­
tial transducer readings during the run period between opening 
the compressed air line ball valve and opening the compressed 
air solenoid valve. This approach was necessary when a pressure 
gauge had been used instead of a transducer (see section 3.4.3) or 
in cases where electrical faults prevented continuous logging of P. 
It could not account for subsequent changes in the value of P , but 
was the best option in the circumstances.
3. If a clear period of roughly constant offset at the start of an ex­
periment was not observed, a constant pressure of P  =  5500 mbar 
was assumed. This was the typical value observed on the pressure 
gauge which was initially fitted to the conveying line prior to its 
replacement by PI2 at the start of most experiments.
P  was successfully measured in experiments 4-13 of the 50 mm conveyor 
trials with the horizontal inlet, experiments 9-12 of the 75 mm trials 
with the 4 m pipe and experiments 1,4,6,7 and 8 of the 75 mm trials 
with the 3 m pipe.
Once the actual orifice pressure drop had been estimated, the method 
recommended in BS EN ISO 5167-2:2003 was used to calculate the air
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flow rate into the pressure vessel (see Appendix F). The mass flow rate 
of air into the system was used to determine the mass flow rate of air 
leaving the system through the conveying line. The mass balance was 
given by equation (5.2):
Conveyor mass flow rate
=  Mass flow rate in - Accumulation rate - Other losses (5.2)
Accumulation occurred due to both pressure increases and displace­
ment of solids leaving the system. The only ‘Other losses’ which could 
be identified were those due to leaks (see section 4.2.1). The mass flow 
rate of air, gmc, entering the conveyor was therefore given by equa­
tion (5.3):
d P vessel TflwVvessel Qms Pvessel^w  . / -  n \
=  dt R T  — Rÿ rnleak (5.3)
where gm is the mass flow rate of air at the orifice meter, P vessei is the 
pressure in the vessel, m w is the mean molecular weight of air, Vvessei 
is the volume of the pressure vessel, R  is the gas constant, T  is the air 
temperature, qms is the solids mass flow rate and ps is the solids density. 
The leak rate, rhieak was estimated using equation (4.4) or (4.5)1.
In practice the noise on the pressure transducer signals meant that the 
real rate of change in vessel pressure could not reasonably be deter­
mined by numerical differentiation of the data; attempts to do this re­
sulted in large gas velocity spikes. It was decided that for the purposes 
of showing general trends in the gas velocity over time the pressure 
accumulation term was best neglected, as it was typically of the order 
of only 10-20% of the total flow rate; the flow rate fluctuations were 
usually much greater than this. Nevertheless, neglecting a term this 
large was not acceptable in calculating the final mean gas flow rate, so 
corrections were made using the following procedure:
1. find the overall pressure change, Povt, during the time period over
which the mean gas flow rate is being calculated
2. divide by the length of the time period
1The leak rate correlations were frequently applied at pressures below the range of
calibration (1-2 barg), however the leak rate was usually less than 10% of the inlet flow 
rate (see results in Appendix (J)), so poor prediction would not have invalidated the 
experimental results. Although the leak rate vs. pressure data were highly non-linear 
at pressures above 2 barg, the vessel pressure did not exceeded 2 barg in any of the 
experiments.
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3. use this value in the pressure gradient term
4. add the value calculated from the pressure gradient term to the 
mean gas flow rate (equation (5.4))
Thus:
Where qreai is the estimated value of the real mass flow rate in the 
conveying line and qcaic is the flow rate calculated from equation (5.3) 
(assuming dPvessei/dt = 0). The vessel volume, Vvessei, stated on the 
information plate was 0.3 m3.
One weakness of the data logging equipment used was the less-than- 
ideal sampling rate. Under some experimental conditions the gas flow 
rate fluctuated significantly, particularly when conveying at high solids 
flow rate. Furthermore it was not unusual for gas velocity spikes to con­
sist only of a single reading, suggesting that some spikes might have 
passed undetected. The low sampling rate also meant that the magni­
tude of the spikes was uncertain. The detection of velocity spikes was 
nevertheless possible on a qualitative basis. Their existence could also 
be confirmed by viewing video footage in which solids plug velocities 
fluctuated significantly.
5.1 .3  C onveying Line P ressure D rop
The pressure drops given in tables 5.1 and 5.2 were estimates for the 
vertical section of the conveying line only. They were obtained by 
deducting the pressure drops across the distribtor plate, conveyor entry 
region and bend from the plenum chamber pressure, then taking the 
time-averaged value of the resulting pressure. The accuracy of the 
differential pressure transducer readings was found to be inadequate 
for determining minor contributions to the overall pressure drop such 
as acceleration or discharge losses in the vertical section.
5 .1 .4  C onveying Line Pressure Profile
It was possible to view the measured pressure profile in the convey­
ing line by deducting successive differential pressure transducer read­
ings from the plenum chamber pressure (see Figure 5.2). The read­
ings were not corrected to account for the transducer offset at ele­
vated pressures (see Figure 4.12) because this error was judged to
be small relative to other systematic errors. It can be seen in Fig­
ure 5.2 that the fluctuations in the measured pressure do not cancel 
out to give a constant pressure at the conveyor outlet, as would be 
expected for discharge to atmosphere. There is also a significant off­
set between the time-averaged measured outlet pressure and the ex­
pected outlet pressure. Neverthess, the time-averaged differential pres­
sure transducer readings can provide some useful information relating 
to the positional pressure profile (see section 6.4.3). The absolute pres­
sure readings are also useful in detecting the passage of solids plugs 
as these are the dominant cause of the pressure drop. The maxi­
mum observed pressure difference in a 0.9 m conveyor section was just 
under 400 mbar, which is consistent with a static pressure drop of 
ps(l — e)gh — 3517 x (1 — 0.4) x 9.81 x 0.9 =  18631Pa =  186 mbar 
if this is combined with a frictional pressure drop of about the same 
amount (see section 2.1.8).
5.1 .5  Spreadsheet A nalysis
The results were processed using an Excel spreadsheet. A hand calcu­
lation checking the results is presented in Appendix (I).
5.1 .6  V ideo Footage A nalysis
During most experimental runs an Olympus //810 digital camera was 
used to video a section of the conveying line either above or below the 
mezzanine level. The footage could be used both to examine the qual­
itative behaviour of the slugging material and to generate quantitative 
diagrams. The quantitative diagrams could be generated by measuring 
the frontal and rear position of each slug on a frame by frame basis us­
ing a ruler. The frame number was divided by the number of frames per 
second to determine the time. The position on the video was divided 
by the pipe diameter on the video and multiplied by the real diameter 
to give a real position. The excel speadsheet chart facility was then 
used to create ‘slugging plots’. The plot regions were shaded in by 
converting the chart to a .jpg file and shading in using the windows 
‘paint’ program. In practice this procedure was very time consuming 
and only 1 diagram was drawn up.
125
2
3<1>
;c
"I 2  8m CL co
O
III O)
o
s
o
o
§ o00 oCM
Figure 5.2: Pressure Profile in the Conveying Line with Respect to Position 
and Time (Set 2, Run 5)
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5.2 A nalysis o f Experim ental Errors
5.2.1 Error in the Solids F low  R ate
The time-averaged value for the solids flow rate was subject to instru­
ment error and random error. Instrument errors due to noise on the 
load cell signal were known to be small (see figure 4.14) and the data 
sheets stated a total error estimate 0.025% of the applied load. It was 
found that the overall hysteresis caused by the guide poles was only a 
serious problem at the start of an experiment (see figure 4.15), however 
friction with the guide poles could have resulted in short-term random 
errors too (see section 5.1.1). In the context of calculating the overall 
average solids flow rate, flow rate fluctuations due to the inherent un­
steadiness of the process, e.g. solids plugging, could also be treated as 
random errors. It was therefore judged that random errors were domi­
nant and that the random error in the slope of the line should be taken 
as the experimental error estimate for the solids flow rate. The 95% 
confidence limits were calculated using a method based on Kreyszig
1. Based on the sample size, use the Student t-distribution to de­
termine the number of standard errors, c, which corresponds the 
95% confidence limit.
2. Calculate the variances in the time and the accumulated solids 
mass over the experimental period of interest using equations (5.5) 
and (5.6):
where S? is the variance in the time, is the variance in the 
mass and U and mi are the respective time and mass readings for 
a datum i in an array of n data points.
3. Calculate the covariance, Sxy, using equation (5.7):
(1972):
(5.5)
2
(5.6)
(5.7)
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4. Calculate the solids flow rate error estimate, Ew using equa­
tion (5.8):
2
(5.8)
5.2.2 Error in th e  Gas F low  R ate
The random error in the time-averaged value for the gas flow rate, E q, 
was estimated straightforwardly using equation (5.9):
where Gi is the gas flow rate reading for a datum i in an array of n 
data points. This approach assumed that the systematic errors in the 
calibration and correction procedures discussed in section 5.1.2 were 
small compared with the random noise caused by fluctuations in the 
gas flow rate and pressure transducer readings. Evidence supporting 
this assumption is presented in section 6.1.2.
5.2.3 Error in th e V ertical Section  P ressure D rop
The random error in the time-averaged value for the vertical section 
pressure drop, Ep, was estimated using equation (5.10):
where Pi is the vertical section pressure drop reading for a datum i 
in an array of n data points. Again it was assumed that systematic 
errors were negligible compared with the random errors due to trans­
ducer noise and pressure fluctuations. The qualitative errors in the 
measurement of the vertical section pressure drop are discussed further 
in section 6.1.3.
2 '
(5.9)
2
(5.10)
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5.3 Processed R esults
5.3.1 Set 1 - 1st R ound o f Trials
The first set of experimental trials comprised 12 runs of the apparatus in 
the 75 mm configuration with a wide radius bend at the base and a 4 m 
vertical section. The orifice plate was found to be too large for accurate 
measurement of low conveying gas flow rates. Figure 4.12 demonstrated 
that the pressure transducer readings were subject to noise of the order 
of ±1 mPa from the mean. This behaviour was consistent with the 
manufacturer specifications (see section 3.2.4). In theory a reading of 
1 mPa corresponded to a gas velocity at the base of the conveyor of 
1-2 m s-1, roughly equal to the incipient fluidization velocity. This 
meant that readings of below about 3-4 m s-1 were of very little value 
as quantitative data. It was also found that when conveyor base gas 
velocities were higher than about 5 m s_1, the compressed air line could 
no longer sustain a constant pressure in the plenum chamber, meaning 
that a steady state was often not reached under these circumstances. 
The window of operation for which reliable quantitative information 
could be obtained was therefore very small and it was decided to use 
the first round of trials for qualitative evaluation of the process only.
The results for the first round of trials could be placed into four broad 
categories
-  In runs 1,2,4 and 7 the pressure in the plenum chamber remained 
almost constant, solids flow rates were less than 2 kg s-1 and the 
gas velocity gradually fell as the experiment progressed, although 
it later rose again in trial 2.
-  In runs 8 and 9 some fluctuations in the plenum chamber pressure 
were observed, solids flow rates were around 4-6 kg s-1 and the gas 
velocity remained relatively steady for most of the experiment.
-  In runs 5, 6, 10 and 11 the plenum chamber pressure, solid flow 
rate and gas velocity all fluctuated significantly. The highest gas 
velocities usually occurred when the pressure was lowest (see Fig­
ure 5.3). The changes in solids flow rates seemed to occur just 
after pressure minima or maxima.
-  In runs 3 and 12 the plenum chamber pressure, solids flow rate 
and gas flow rate all seemed to reach a steady state after the first 
few seconds of the run. Solids flow rates were around 10-12 kg s-1 
and conveyor base gas velocities of 14-18 m s-1 were observed.
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Figure 5.3: Example of Negative Correlation Between Gas Velocity and Pres­
sure Drop in Set 1, Run 10
Some photographs are shown in Figure 5.4 together with time-averaged 
values for the conveying conditions. It can be seen that plug coherence 
decreases as the solids and gas flow rates increase. Coalescence of solids 
plugs was also observed and it was noticed that they could reach more 
than a metre in length near the top of the conveyor. Full results, 
including graphs are shown in Appendix (J).
5.3.2 Set 2 - 7 5  m m  Conveyor
After the 30 mm orifice plate was replaced with a 15 mm orifice plate, 
quantitative measurement of conveyor base gas velocities became pos­
sible. Some good results are shown in Figure 5.5. In Figure 5.5 the 
‘Column Base Pressure’ is the pressure at the base of the vertical sec­
tion of the conveying line, i.e. the pressure drop between the bend 
exit and the conveyor outlet. Its value was estimated by deducting the 
measured pressure drops across the distribtor/fluidised bed and the 
horizontal section/bend from the plenum chamber pressure.
Although noise was still significant in Figure 5.5, it was possible to 
quantify the gas velocity by calculating a time-averaged value over the
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Run 2 Run 6 Run 12
A verage vertical sec t io n  
pressure drop = 0.69 bar
A verage so lid s  flow  rate 
= 0.6 kg s 1 
A verage g a s  velocity  at 
vertical sec tio n  b ase  
= 2.7 m s 1
A verage vertical sec tio n  
pressure drop = 0.80 bar
A verage so lid s  flow  rate 
= 2.4 kg s 1
A verage g a s  velocity  at 
vertical sec tion  b ase  
= 4.2 m s 1
A verage vertical sec t io n  
p ressure drop = 0.49 bar
A verage so lid s  flow  rate 
= 9.8 kg s 1
A verage g a s  velocity  at 
vertical sec tio n  b ase  
= 9.3 m s 1
Figure 5.4: Selected Video Footage Stills from the 1st Round of Trials
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Figure 5.5: Set 2, Run 6 Results
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experimental period of interest. The time averaged value is compared 
with the real data in Figure 5.6.
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Figure 5.6: Comparison of Time-Averaged Mean & Experimental Gas Ve­
locities, 75 mm tube, 15 mm orifice plate, Run 7
At low conveying rates, the apparent tendency for the gas velocity to 
fall with time was confirmed in runs 1-4. This set of results could be 
categorised in the same way as the first round of trials, although a 
further kind of behaviour was identified in runs 2 and 4:
-  When gas flow rates were very low, the solids accumulated in the 
conveyor and the solids flow rate gradually dropped. This effect 
was strongly observed in run 2, but could also be seen to a lesser 
extent in run 4.
-  In runs 5 and 6 plenum chamber pressure, solids flow rate and gas 
velocity were all steady and the tendency for gas flow rate to drop 
with time was not observed.
-  In run 7 the gas velocity fluctuated significantly, although plenum 
chamber pressure fluctuations were very mild. The solids flow rate 
in run 7 was 2 kg s-1, suggesting that this is the upper bound for 
stable operation.
-  In run 8 the gas velocity fluctuations were large and the plenum 
chamber pressure slowly decreased as the experiment progressed. 
The pressure would probably have begun to rise again had the
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experiment run for longer, as this behaviour was observed in runs 
9 and 11 which were otherwise similar to run 8.
-  In runs 10 and 12 plenum chamber pressure, solids flow rate and 
conveyor base gas velocity were all unsteady.
A plot of solids flow rate vs gas flow rate for the ‘75 mm Conveyor’ 
runs is shown in Figure 5.7:
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Figure 5.7: Solids flow rate vs gas flow rate
Attempts to correlate the data in Figure 5.7 using non-linear trend­
lines produced no significant improvement in the i?2 value. The video 
footage (Figure 5.8) for the 75 mm conveyor trials with the smaller 
orifice plate installed was taken at the base of the conveying line rather 
than the top. The footage shows the tendency for plugs at the base 
of the conveying line to be shorter and for slug coherence to decrease 
with rising gas velocity.
5.3.3 Set 3 - 7 5  m m  Conveyor W ith ou t Feed F lu ­
id isation
8 trials were run using the 75 mm configuration as before, but without 
the fluidizing blower switched on. Similar behaviour was observed as
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Run 2
A v e r a g e  v e r t i c a l  
s e c t i o n  p r e s s u r e  
d r o p  =  0 . 6 8  b a r
A v e r a g e  s o l i d s  
f l o w  r a t e  
-  u n s t e a d y
A v e r a g e  g a s  
v e l o c i t y  a t  v e r t i c a l  
s e c t i o n  b a s e  
=  1 . 3  m  s '
Run 6
A v e r a g e  v e r t i c a l  
s e c t i o n  p r e s s u r e  
d r o p  =  0 . 7 6  b a r
A v e r a g e  s o l i d s  
f l o w  r a t e  
=  1 . 7  k g  s  '  
A v e r a g e  g a s  
v e l o c i t y  a t  v e r t i c a l  
s e c t i o n  b a s e  
=  1 . 7  m  s '
Run 8
A v e r a g e  v e r t i c a l  
s e c t i o n  p r e s s u r e  
d r o p  =  0 . 7 3  b a r
A v e r a g e  s o l i d s  
f l o w  r a t e  
=  4 . 5  k g  s  '  
A v e r a g e  g a s  
v e l o c i t y  a t  v e r t i c a l  
s e c t i o n  b a s e  
=  2 . 5  m  s  '
Run 10
A v e r a g e  v e r t i c a l  
s e c t i o n  p r e s s u r e  
d r o p  =  0 . 5 9  b a r
A v e r a g e  s o l i d s  
f l o w  r a t e  
=  9 . 0  k g  s  '
A v e r a g e  g a s  
v e l o c i t y  a t  v e r t i c a l  
s e c t i o n  b a s e  
=  5 . 5  m  s  '
Run 12
A v e r a g e  v e r t i c a l  
s e c t i o n  p r e s s u r e  
d r o p  =  0 . 1 8  b a r
A v e r a g e  s o l i d s  
f l o w  r a t e  
=  8 . 7  k g  s  '  
A v e r a g e  g a s  
v e l o c i t y  a t  v e r t i c a l  
s e c t i o n  b a s e  
=  8 . 6  m  s  '
Figure 5.8: Selected Video Footage Stills from the Set 2 Trials
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for the first two sets of trials, with fluctuations in gas flow rate and 
plenum chamber pressure increasing as the solids flow rate increased. 
In run 3 the solids flow rate appeared to fall significantly during the 
middle of the run. This drop in flow rate seemed to coincide with 
a temporary stabilization of the gas flow rate and a rise in plenum 
chamber pressure, albeit with a slight time delay (see Figure 5.9).
Generally, the plenum chamber pressure fluctuations seemed to be less 
for the unfluidized case than for the fluidized case. The mean pressure 
drop along the conveying line was also observed to be less; the average 
for the eight trials was 74000 Pa as opposed to 84000 Pa for the fluidized 
case. This was probably because the solids loading and flow rate was 
less (see Figure 5.10).
5.3 .4  Set 4 - 7 5  m m  Conveyor W ith  Shorter P ip e
8 trials were carried out with the 75 mm conveyor length reduced to 3 m. 
Plenum chamber pressures and gas velocities fluctuated in a similar 
manner to the 4 m case. Solids flow rates also fluctuated and some 
unusual behaviours were observed in run 4 (see Figure 5.11), where 
flow rate changes appeared to be periodic and run 8 (see Figure 5.12) 
where solids flow virtually stopped for several seconds.
The average conveyor pressure drop of 64000 Pa was around 25% less 
than the value for the 4 m conveyor.
5.3.5 Set 5 - 5 0  m m  Conveyor
13 trials were carried out with the conveying line in the 50 mm configu­
ration and a vertical section height of 4 m. In all runs, plenum chamber 
pressures were much more stable than for the 75 mm conveyor, although 
conveyor pressure drops and gas velocities still fluctuated significantly. 
Because the flow rates were lower in these trials than for the same gas 
velocity in the 75 mm case, some of the apparent fluctuations might 
have been due to pressure transducer noise. Whilst conveyor pressure 
drop changed relatively little with gas velocity in the 75 mm case, the 
pressure drop seemed to reach a maximum in the 50 mm case and this 
is shown in Figure 5.17.
The video footage (Figure 5.14) showed the same tendency for plug co­
herence to decrease with rising gas flow rate. Solids plugs were generally
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Figure 5.9: Graphs Showing Changes in the Solids Flow Rate, the Plenum 
Chamber Pressure and the Column Base Pressure/Gas Velocity for Run 3
of the Set 3 Trials.
(‘Column Base’ refers to the base of the vertical section of the conveying 
line, which begins immediately downstream of the bend.)
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Figure 5.10: The Relationship Between Solids and Gas Flow Rate for Con­
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Figure 5.11: Periodic Solids Flow Rate Fluctuations Observed During Run 4
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Figure 5.12: Solids Flow Interruption Observed During Run 8
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Figure 5.13: The Relationship Between Solids and Gas Flow Rate for the 
3 m Conveyor
139
Run 10
A v e r a g e  vertica l 
s e c t io n  p r e s s u r e  
d rop  = 0 .31  bar
A v e r a g e  s o l id s  
flow  rate  
= 0 .3  k g  s  1
A v e r a g e  g a s  
v e lo c ity  at vertica l 
s e c t io n  b a s e  
= 4 .0  m  s  '
Run 6
A v e r a g e  ver tica l  
s e c t io n  p r e s s u r e  
drop  = 0 .41  bar
A v e r a g e  s o l id s  
flow  rate  
= 0 .7  k g  s  1
A v e r a g e  g a s  
v e lo c ity  at v ertica l 
s e c t io n  b a s e  
= 4 .1  m  s  '
Run 1
A v e r a g e  v ertica l 
s e c t io n  p r e s s u r e  
drop  = 0 .6 7  bar
A v e r a g e  s o l id s  
flow  rate  
= 1 .2  k g  s  1
A v e r a g e  g a s  
v e lo c ity  at v ertica l 
s e c t io n  b a s e  
= 5 .8  m  s  '
Run 12
A v e r a g e  vertica l 
s e c t io n  p r e s s u r e  
d rop  = 0 .3 7  bar
A v e r a g e  s o l id s  
flow  rate  
= 2 .7  k g  s  1
A v e r a g e  g a s  
v e lo c ity  at vertica l 
s e c t io n  b a s e  
= 6 .8  m  s  '
Figure 5.14: Selected Video Footage Stills from the Set 5 Trials
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much shorter and faster than in the 75 mm cases. The fluctuations in 
gas velocity which could be seen on the graphs could be observed indi­
rectly in the video footage as the solids plugs temporarily slowed down 
on occasions.
The experimental solids flow rate vs. gas flow rate data for the 4 m 
unfluidized 50 mm and 75 mm cases is plotted on Figure 5.15. Results 
beyond the choking transition have been omitted.
x 75m m  c a s e +  50m m  C a se
—  Linear (50m m  C ase) Linear (75m m  c a se )
y = 3 0 2 .6 8 x - 2 .603  
R2 = 0 .9689
y = 263.91X - 2 .2 8 0 9  
R2 = 0 .8964
0 .005  0.01 0 .015  0 .02
Gas Flow Rate, kg s'1
0 .0 2 5 0 .03
Figure 5.15: The Relationship Between Solids and Gas Flow Rate for Con­
veying in a 50 mm Tube
5.3 .6  50 m m  C onveying, P ure V ertical Configura­
tion
As part of an undergraduate research project by Jackson (2008), a 
number of experimental trials were carried out with the apparatus in 
the pure vertical conveying configuration. Conveying was observed to 
be in sudden bursts of solids flow, with a single plug moving rapidly up 
the tube instead of the steady plugging observed for horizontal feeding 
to a vertical line. Column base gas velocities in the pure vertical trials 
ranged from 14 to 23 m s-1.
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5.3 .7  C onveyor P ressure D rop
The experimental pressure drop is plotted against the gas mass flow 
rate in Figure 5.16 and the solids mass flow rate in Figure 5.17. Note 
that no pure-vertical trial results are shown on these graphs.
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Figure 5.16: Variation of Conveyor Pressure Drop with Conveyor Base Gas 
Velocity
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Figure 5.17: Variation of Conveyor Pressure Drop with Solids Flow Rate
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5.3 .8  Slugging P lo ts
Figure 5.18 was produced from video footage of the 6th run of the 
75 mm trials with the smaller orifice plate installed. The area repre­
senting solids plug has been shaded in.
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Figure 5.18: Time Variation in Frontal and Rear Positions of Solids Slugs
.143
Nomenclature
E g Estimated error in the Gas Flow Rate kg m 3 s 1
E m Estimated error in the Solids Flow Rate kg m-3 s-1
E P Estimated error in the Vertical Section
Pressure Drop Pa
G i Gas Mass Flow Rate at datum i kg s_1
9 Acceleration due to gravity m s-2
h Height m
m i Mass reading at datum i kg
rilleak Leak Mass Flow Rate kg s-1
TYlyj Mean Molecular Weight of Gas kg kmol-1
Orifice Plate Pressure Drop Pa
A P i Vertical Section Pressure Drop at datum i Pa
A P 0,mes Measured Orifice Plate Pressure Drop Pa
^ P o vt Overall Change in Vessel Pressure During
Mean Flow Rate Estimation Period Pa
Evessel Pressure in Vessel Pa
Qm Mass Flow Rate Through Orifice Meter kg s_1
9m Mass Flow Rate of Air Entering System kg s_1
Qmc Mass Flow Rate of Air Entering Conveyor kg s™1
9ms Mass Flow Rate of Solids Leaving System kg s"1
9real Estimated Real Mass Flow Rate of Air
Entering Conveyor kg s ' 1
9calc Initial Calculated Mass Flow Rate of
Air Entering Conveyor kg s_1
R Gas Constant J kmol-1 K
Sm Standard Deviation of the Mass Reading kg
St Standard Deviation of the Time s
Stm Covariance kgs
T Temperature K
t Time s
U Time at datum i s
Vvessei Pressure Vessel Volume m3
G i Solids Mass Flow Rate at datum i kg s-1
e Bed Voidage -
Ps Solids Density kg m-3
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Chapter 6
Discussion and Revised  
Theory
6.1 Experim ental Errors and Lim itations
6.1.1 Solids F low  R ate
The load cell system generated near-linear traces of accumulated solids 
mass vs time in the majority of cases (see Appendix (J)). This was 
indicative of adequate performance of the apparatus both in its mea­
surement capabilities and in its ability to deliver a pseudo-steady solids 
flow rate. Nevertheless a number of weaknesses have been identified and 
these will be discussed in this section.
As discussed in section 4.2.4 the design of the solids weighing system 
meant that the load cell readings were subject to hysteresis from the 
static friction of the hopper guide poles. The effect of this can be seen 
on most of the graphs of load cell reading vs time. In the absence of 
friction the graphs would be expected to show alternating periods of 
moderate gradient and low gradient where the respective solids plug 
and gas slug phases pass into the hopper. In practice a stepped profile 
is observed (see Figure 5.5); accumulation of sufficient solids in the 
hopper is required in order to overcome the static friction and increase 
the load cell reading each time a step occurs. In some cases, such 
as that shown in Figure 6.1, apparent spikes in the solids weight are 
observed. These are probably due to the guide brackets temporarily 
jamming against the pole. Relief of such a jam would cause the hopper 
to suddenly drop and the resulting impulse would cause a brief jump
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in the load cell reading. Another possible explanation for the spike is 
that a large solids plug hit the top of the hopper at that time.
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Figure 6.1: Solids Accumulation Graph for Run 7, set 2
In many of the experimental runs, such as those shown in Figures 5.11 
and 5.12 the solids flow rate fluctuated beyond what would be expected 
in a way that was not explicable through the effects of static friction. 
Some of the fluctuations appeared to be periodic, although the ex­
periments were not usually run for long enough to establish this as a 
common occurrence. Nonetheless, good linearity of solids accumula­
tion graphs was observed for solids flow rates of below 2 kg s-1 in the 
75 mm trials and in almost every 50 mm conveyor trial.
6.1 .2  Gas Flow  R ate
Because of pressure transducer noise as well as the corrections which 
needed to be made (see section 5.1.2), the gas flow rate in the conveying 
line was probably the measured quantity which had the greatest degree 
of uncertainty. It was found that the difference between the highest and 
the lowest orifice meter differential transducer readings during a run for 
250 s with the compressed air line at atmospheric pressure such that 
AP0 =  0 was just over 2 mbar, although most of the readings were 
between 0.5 and 1.5 mbar (see Figure 6.2). There was no observable 
tendency for transducer readings to drift over time. Therefore at high 
flow rates, transducer noise would not have had a significant impact
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on the flow rate reading and the fluctuations which were observed in 
many experiments (see Figure 6.3) were probably real. At low gas flow 
rates the spikes in the gas velocity vs time traces (see Figure 5.6) could 
be attributed to noise in the pressure transducer readings. Taking the 
mean gas velocity was probably adequate as a means of accounting for 
noise, provided that the real velocity was steady. This approach was 
less satisfactory for the experimental runs where the real gas velocity 
appeared to undergo very large changes over time. Runs where the gas 
velocity changed significantly beyond what would be expected from 
start-up, noise or plugging-related effects included:
-  Set I 1, runs 3, 5, 6, 9, 10, 11 and 12
-  Set 2 runs 10 and 12
-  Set 3 run 8
-  Set 4 runs 2 and 7
-  Set 5 runs 12 and 13
4
■ N oise te s t  1 v  N oise te s t  2  ♦ N oise te s t  3
50 100 150 200 250
Time, s
Figure 6.2: Noise from 15mm Orifice Plate Meter in Compressed Air Supply 
Line
1This set was rejected for the purposes of quantitative analysis
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Figure 6.3: Velocity Fluctuations in Run 12, Set 2
In some experiments, e.g. runs 1-4 in results set 2 (see Appendix J) 
the gas velocity decreased over time and it is not immediately clear 
whether this trend was a real effect or whether it resulted from a prob­
lem with one of the correction procedures. Given that the measured 
plenum chamber pressure is only subject to minor fluctuations over the 
time period of interest, corrections for leakage or gas accumulation are 
unlikely to be the cause of the effect. It is possible that the apparent 
drop in gas velocity is due to changes in the orifice meter pressure and 
the associated transducer offset (see section 5.1.2). An erroneous gas 
density at the orifice meter would also affect readings. Experimental 
data (Figure 6.5) show that the pressure in the compressed air line 
rises and falls, and a pressure rise would increase the negative offset 
over time, thus decreasing the velocity readings. The data presented 
in Figure 6.4 support this hypothesis and show that failure to apply 
the offset and gas density corrections can change the column base gas 
velocity reading by up to 2 m s-1 at low gas flow rates.
It is also possible that transducer noise could mask genuine velocity 
fluctuations in the system. Video footage (see attached DVD) appears 
to show chaotic behaviour of solids plugs rather than a consistent pat­
tern of plug lengths and velocities. Chaotic plugging might result in 
chaotic behaviour of the system as a whole.
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Figure 6.5: Time Variation of Compressed Air Line Pressure Upstream of 
the Orifice Plate During Run 4, Set 5 (50 mm conveyor)
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In general, measurement of the conveying gas flow rate could have been 
improved by better measurement of the pressure difference across the 
orifice plate, perhaps using two gauge transducers as these have been 
found to exhibit greater stability and are not subject to offset under 
high absolute pressure. The nature of the gas flow rate fluctuations 
will be discussed further in section 6.2.1.
6.1.3 P ressures
Although the pressure difference data from the differential transduc­
ers were not of very high quality, the gauge pressure transducers were 
much more reliable and the pressure both in the plenum chamber and 
in the free board above the fluidized bed could be determined with 
confidence. The difference between the plenum chamber pressure and 
the freeboard pressure was generally found to be in the range of 200- 
300 mbar, although the value fell as the experiment progressed. This 
behaviour would be consistent with the predicted distributor pressure 
drop of 100 mbar and initial bed pressure drop of 165 mbar (see sec­
tion 3.3.6). The differential transducer readings which were deducted 
from the plenum chamber pressure in order to estimate the conveyor 
pressure drop were subject to the same disturbances as the other differ­
ential readings, however they generally made only a small contribution 
to the overall measurement. This meant that the conveyor pressure 
drop measurements would have been fairly accurate in most cases. An 
exception occurred in trial 1 of the 50 mm pipe experiments, where 
extremely high bend pressure drops were measured. This may have 
been due to incorrect connection of the pressure transducers.
6.2 Evaluation of R esults
6.2.1 N um erical R esu lts
As discussed in the previous section, the quality of the numerical data 
was not always of a high standard. Nevertheless, pseudo-steady solids 
flow rates could be measured with confidence when the run time was 
sufficiently long. The apparatus was also able to detect the presence 
of fluctuations in most parameters. In the case of Figure 5.11 the 
plenum chamber pressure was steady, however the reductions in solids 
flow rate might have been linked to significant changes in the plug
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length (see Figure 6.6). It is therefore possible that some solids flow 
rate fluctuations are inherent artefacts of the system which cannot be 
removed by increasing compressed air availability. Modelling of the 
system might be able to predict when these occur (see section 6.4.4).
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Figure 6.6: Video Stills of Short and Long Plugging in Run 4 , set 4
Several possible causes of the interruptions and fluctuations in solids 
flow rate and the associated gas flow rate and plenum chamber pressure 
can be identified:
1. The most obvious cause is bridging of the solids plugs (see Fig­
ure 5.6). It is unlikely that this would occur in the vertical con­
veying section, however the high stresses on the accelerating solids 
in the bend might well result in temporary jamming. A solids jam 
in the bend would in turn reduce the gas flow rate and would have 
implications for the rest of the system. This hypothesis is partic­
ularly plausible for intermediate solids flow rates where the gas 
flow rate and the solids flow rate both appear to fluctuate.
2. Another cause which can be identified is that the compressed air
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supply line is temporarily unable to supply enough air to main­
tain a steady pressure in the plenum chamber. Furthermore the 
pressure regulator might not always behave ideally, particularly 
at high air flow rates. These could be significant contributing fac­
tors to the declining conveying line pressure drop and consequent 
reduction in the gas and solids flow rates which is sometimes ob­
served. The pressure can subsequently rise again if conditions 
allow enough solids to accumulate in the tube. There is strong 
evidence (see Figure 6.9) for these processes happening at high 
solids flow rates in the 75 mm tube as all the aforementioned pa­
rameters did indeed fluctuate under these conditions. This kind of 
fluctuation happens over quite a long time scale and is altogether 
different to the gas velocity fluctuations observed at lower flow 
rates.
3. It is possible that the compressor on/off control system can cause 
fluctuations in the gas flow rate. This is unlikely to be a major 
cause of gas flow rate variation as the compressed air line consis­
tently remained well above the plenum chamber pressure for all 
experiments where the pressure in the former was measured.
4. It is possible that some interruptions to the solids flow rate could 
occur as a result of multiple steady states. This might happen 
if the gradient of the pressure drop vs gas flow rate curve is ini­
tially positive, but becomes negative at moderate gas flow rates. 
The results shown in Figure 5.16 offer support for this hypothesis. 
Further experimental evidence for this can be seen in trials where 
the solids accumulation graph appeared to have more than one 
straight line gradient (see Figure 5.12). The concept of multiple 
steady states in pneumatic conveying where a constant inlet gas 
pressure is maintained is well known (see Figure 2.1). Limit cycle 
behaviour could also have a similar effect.
5. It is likely that chaotic behaviour of the solids plugs (see sec­
tion 6.3.1) will to some extent affect the wall friction and hence 
the pressure drop, gas flow rate and solids flow rate. This might 
explain some of the mild pressure fluctuations observed for con­
veying at intermediate solids flow rates (see Figure 5.5).
It is possible that some of these phenomena might actually be beneficial 
to the system. For example temporary jamming of solids in the bend 
could create the the same kind of gas flow rate fluctuations which are 
used in industry to promote plug formation in conveying lines. Chaotic
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plugging might also be beneficial as it would be less likely to cause reso­
nance and consequent fatigue of components than a regularly plugging 
system.
If hypothesis 1 is correct, the fluctuations would not be expected for 
the pure vertical conveying scenario and different bend types would 
result in differing degrees of fluctuation. The information gained from 
the pure vertical trials discussed in section 5.3.6 is not useful for testing 
hypothesis 1 because of the unusual flow regime observed. Testing of 
the hypothesis using alternative bend types is therefore recommended.
Hypothesis 2 relates to the design of the apparatus and needs to be 
taken into account when trying to understand the real nature of the 
measurements obtained in the experiment itself. The behaviour of the 
pressure regulator when subjected to changing flow rate can be viewed 
in the ‘initial trials’ results set (see Appendix J) where a pressure trans­
ducer was connected to the compressed air line just after the regulator 
for diagnostic purposes. Figure 6.7 shows the response of the regulator 
during runs 3 and 4 of the ‘initial trials’ set. It can be seen that the 
regulator delivers a fairly consistent response during trial 4; the pres­
sure downstream of the regulator is roughly constant for air flow rates 
lower than 0.03 kg s-1, after which it decreases steadily with respect to 
flow rate. In trial 3 the pressure downstream of the regulator does not 
vary steadily with gas flow rate, implying that the regulator is not able 
to adapt rapidly to changing conditions at high flow rates. Neverthe­
less there is a strong negative correlation between outlet flow rates and 
pressures for the trial 3 results, suggesting that the regulator exhibits 
some predictable level of imperfect behaviour at high air flow rates.
Because the set pressure in trial 4 was 1.4 barg and the measured outlet 
pressure at low gas flow rate was about 1.35 barg, it is likely that the 
pressure gauge readings on the regulator were close to the real output 
pressure in this case. In contrast it seems that the regulator could 
not maintain the outlet setpoint in the trial three, where the pressure 
gauge reading was initially set to 1.75 barg with the solenoid valve 
closed. This is not the ideal behaviour hoped for; the original design 
recommended a pressure controller, however in practice a much cheaper 
pressure regulator was purchased in order to stay within budget.
In order to further understand the possible contribution of the mecha­
nism described in hypothesis 2, it is necessary to analyse the pressure 
drop in the compressed air inlet section (see Figure 6.8). This was pos­
sible using the improved flow rate data which became available after
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Figure 6.7: Response of the Regulator to Changing Air Flow Rate
installation of the 15 mm orifice plate. For trial 12 of the 75 mm x 4 m 
pure vertical conveying results set (Figure 6.9), the plenum chamber 
pressure variations were particularly severe.
The ‘Predicted Flow Rate’ curve was generated by using a velocity 
heads method to analyse the compressed air line section between the 
regulator and the plenum chamber, taking the upstream pressure, Preg, 
as 1.6 bar (based on Figure 6.7) and the downstream pressure, Ppie, 
as the experimentally measured value. It was initially assumed that 
the number of velocity heads, n, lost along the section between the 
pressure regulator and the plenum chamber was a constant given by 
equation (6.1):
n = 2pgA P A 2 
G2 (6 .1)
where A P  is the excess pressure difference, pg is the gas density, A is 
the cross-sectional area for flow and G is the air mass flow rate. Upon 
obtaining data sheets for the solenoid valve2, it was found that even 
after actuation, the valve did not open until the pressure differential
2Data sheets were not thought to be required until analysis highlighted the solenoid 
valve as a potential source of process problems.
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exceeded 0.5 bar (APmz-n) so the pressure drop had to be corrected for 
this. The excess pressure difference is defined by equation (6.2):
A P  — Preg — Pple — APmin (6.2)
Where Preg is the pressure at the regulator outlet and Ppie is the plenum 
chamber pressure. The mean density, p, is given by equation (6.3):
(•Freg+-fp2e)TTlw
Ï = — ÏÏT  (G.3)
where m w is the mean molecular weight of air, assumed to be 28.8 kg kmol-1. 
R  is the gas constant (8314 kg kmol-1 K-1) and T  is the gas temper­
ature, assumed to be about 298 K. Using data from the initial veloc­
ity spike in figure 6.9 it was possible to estimate n. In this case G «
0.1 kg s-1, Ppie is initially 1 bara and Preg can be assumed to be around 
2.35 bara at G = 0.1 kg/s based on Figure 6.73:
2 X <2'3\ 314Xx22898X1°5 (2.35 -  1 -  0.5) x 10% (laMSSi)* 
n = --------------------------------—------------------   —  =  42.6
(6.4)
This value for n is high; probably because the pressure differential 
across the solenoid valve is not enough to fully open it. This would 
suggest that n changes with flow rate, however the relationship is un­
known, so n will be assumed to be roughly constant. Since the flow 
rate is proportional to n -0,5 this assumption is probably adequate for 
predicting general trends.
When the pressure stabilizes {Ppie = 1.85 bara, m =  0.05 kg s-1, Preg =  
2.5 bara), equation (6.1) can be rearranged to check the gas flow rate 
during the latter part of the experimental run:
G \
(2 .5+ 1 .85)XlO5 w 00 0
2 x  (2.5 -  1.85 -  0.5) x 105 (^ 04038
8 3 1 4 x 2 9 8
42.6 =  0.048 kg/s 
(6.5)
3It is assumed that the regulator was set to around 1.75 barg in run 12 of the 75 mm
x 4 m (set 2) trials.
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This agrees closely with both the experimental and predicted flow rates 
on Figure 6.9 and suggests that the n — constant assumption was prob­
ably adequate4. The combined data from Figures 6.7 and 6.9 support 
the hypothesis that both the pressure regulator and the solenoid valve 
are responsible for the fluctuations in plenum chamber pressure, but 
that the solenoid valve is the most important factor. It might be pos­
sible to alleviate the problem by swapping the positions of the solenoid 
valve and the pressure regulator, but replacement of both components 
with technologies which give the desired response is preferred, particu­
larly in the case of the solenoid valve.
The operating conditions which would not be desirable to the project 
sponsors (see also Figure 6.10) and are not necessarily linked to design 
faults in the experimental apparatus include:
— blockages or accumulative choking
— limit cycle behaviour
— multiple steady states
— chaotic behaviour
— gas velocities higher than the classical choking velocity
Accumulative choking can be avoided by operating at well above the 
incipient fluidization velocity at the base of the conveying line. In 
principle the issue of multiple steady states can be resolved by con­
trolling gas flow rate rather than plenum chamber pressure, although 
it is unknown what effect this would have in practice as gas flow rate 
fluctuations appear to be natural in the pressure-controlled system5.
6.3 R ecom m ended Im provem ents for Fur­
ther Experim ental Investigation
As discussed previously, the differential pressure transducer readings 
fluctuated significantly and their sum total did not match the out­
let pressure. The time-averaged transducer readings sometimes added 
up to the time-averaged plenum chamber pressure, however there was 
usually an offset of up to 25% of the total pressure drop. It might be
4The solenoid valve data sheets gave sufficient information to determine that n =  2, 
however this was only true for sufficiently high flow rates through the valve
5This may be partly due to the response of the pressure regulator or solenoid valve
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thought that the high pressure in the conveying line caused an offset 
which reduced the readings, as demonstrated in Figure 4.12. This is 
not likely to be the full explanation, given that with an average abso­
lute pressure of around 500 mbarg equation (5.1) calculates the offset 
per transducer as 1.6 mbar. For 6 transducers this becomes 9.6 mbar, 
or around 1000 Pa; much less than 25% of the total conveyor pressure 
drop. The most likely explanation for the deviation is a non-uniform 
cross-sectional pressure distribution in the conveying line. Replacement 
of differential transducers with gauge transducers would therefore be 
desirable as this would prevent offset errors from accumulating in suc­
cessive readings, thus measuring the pressure at a given point much 
more accurately. Based on operating experience, gauge pressure trans­
ducers which are rated for 30 psi such as the Honeywell 26PCD type 
should be adequate for this purpose.
The resolution of the digital camera used to produce the video footage 
was not as good as that of a proper video camera; the latter could not 
be purchased with the funding available. It was nevertheless possible 
to view the position the majority of the phase boundaries between the 
solids plugs and the gas slugs, although visibility was sometimes limited 
near the top of the conveying line. It was not possible to examine the 
motion of individual particles. Although the footage was fit for purpose, 
purchase of a video camera and use of a black background sheet would 
be recommended for any future experiments. Photographic lighting
158
was available and should be used in future.
6.3.1 V isual R esu lts
The video footage of the conveyed material showed significantly differ­
ent solids behaviour to the round-nosed slugging frequently observed in 
the literature6, for example in Singh (1978). Instead of even downflow 
around the sides of the pipe onto the top of the next plug, the rear ends 
of the plugs slowly shed material or rapidly disintegrated. Presumably 
the latter happened because the solids-gas slip velocity fell below the 
incipient fluidization velocity at this point in time or space. Sometimes 
large ‘chunks’ of solids fell off the rear of a plug. Plug lengths varied 
significantly, from around 10 cm up to around 1 m. The velocities of 
the plugs and the solids within them also fluctuated. Generally fast 
moving plugs rapidly lost material from the rear, but only slowly accu­
mulated material on the front so that they eventually collapsed. Slow 
moving plugs accumulated material at the front at a high rate, but 
lost material slowly from the rear, meaning that they got larger. A 
common response of the plugs to the solids downflow effects was that a 
pattern of alternate fast ‘weak’ plugs and slow ‘strong’ plugs emerged. 
When a weak plug collapsed a new weak plug would form, usually by 
a strong plug splitting. Sometimes weak plugs caught up with strong 
plugs, thus causing them to merge. In the 50 mm tube, plugs moved 
significantly faster than in the 75 mm tube and were generally shorter, 
however the solids fraction in the pipe was lower, suggesting that the 
solids-gas ratio entering the tube was lower.
For very low solids flow rates, the bottom of the conveying line would 
often alternate between packed bed and fluidised bed depending on the 
overall amount of solids in the conveying line. This might explain why 
the gas flow rate fluctuated less in these cases as it would be expected 
that the solids fraction in the region around the bend would always be 
high. This would mean that the resistance to gas flow entry to the pipe 
was close to being constant.
The difference between strong and weak plugs can be attributed to wall 
friction. The fluidization of strong slugs will be fully suppressed and 
the stress state is likely to vary between the active and passive limits.
6Plug shape might depend on which Geldart group (see Perry & Green (1997), pl7-2) 
the particles belong to, although more evidence is needed before this hypothesis can be 
tested.
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In weak slugs, the fluidization might not necessarily be fully suppressed 
and less of the frontal stress on the plug will be transmitted to the wall 
as friction (see section 2.3.1) and Krull et. al. (2004)). Wall friction is 
highest near the top of the plug, which slows down the particles below 
and has a stabilizing effect. The greater the wall friction, the larger 
and more stable the plug becomes.
6.4 Theoretical M odelling o f th e System
6.4.1 E valuation o f K onrad M odel
In the light of the experimental results, a number of shortcomings can 
be observed with the original Konrad model (Konrad (1987), see sec­
tion 2.3.2) when applied to the experimental apparatus:
— It is a poor assumption to treat the material being conveyed as a 
continuum as solids plugs can occupy almost a quarter of the total 
length of the conveying line. Konrad does attempt to address this 
in Konrad & Totah (1989), but in doing so limits the predictive 
capability of the model to describing the behaviour of individual 
plugs. It is possible that this work could be useful in formulating 
a transient model.
— Prediction of solids downflow rates at the back of a plug using 
Fronde number-based equations or correlations was inadequate as 
fluctuations in the observed downflow rates were so large that such 
an approach was meaningless.
— It is difficult to quantify the wall friction contribution when using 
Konrad’s model. Even if the solids downflow rate from the back 
of a plug were known, particles of the size used in these exper­
iments would not necessarily reach their terminal velocity upon 
impact with the top of a plug and the actual impact velocity can­
not be calculated because the height through which the particles 
drop is unknown. Furthermore the stress transmission coefficient 
is dependent on transient conditions which a steady-state model 
cannot easily account for. This means that estimating the wall 
friction terms in Konrad’s equation (2.24) is very difficult except 
in a transient model.
— For the system of interest there is currently no way of theoretically 
or empirically predicting the gas-solids ratio at the pipe entry with
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confidence, and Konrad assumes this is known.
-  The flow pattern develops significantly over the 4 m of pipe used 
in the experiments and Konrad does not account for this in the 
model.
-  The experimental results suggest that it is difficult to maintain a 
constant or even a near-constant inlet gas velocity in this kind of 
system, although this might be due to the experimental design. 
This will place a limitation on the value of any steady state model.
The original version of the Konrad model was solved using ‘TK2 solver’ 
software and plotted against pressure drop vs mass flow rate experimen­
tal data for the 75 mm conveying line case. The gas-solids ratio was 
determined using the equation (6.6), a coefficient of wall friction of 
liw = 0.215 {<j)w = 12°)7 was used and a Janssen coefficient of 1 was 
assumed (based on Woods et al. (2008)) (see section 2.3.1).
W =  K(G -  G„) (6.6)
In equation (6.6) W  is the the solids mass flow rate, K  is an empirical 
constant and Gs is the gas slip mass flow rate. A comparison between 
the Konrad model and the experimental data is shown in Figure 6.11.
The current form of the Konrad model/equation (6.7) does not show 
good agreement with the experimental data, however it does seem to 
provide a useful prediction of the lower bound for the pressure drop at 
a given solids flow rate. Furthermore, it is of interest that the gradi­
ent of the model is similar to the gradient of the experimental data at 
low solids flow rates. Over this limited range it might be possible to 
use the Janssen coefficient as a fitting parameter, although very high 
values would be required. It must be acknowledged that the Konrad 
model and equation (6.6) are only intended for plug flow systems, such 
as runs 2 , 6 ,8  and 10 in Figure 5.8, which means that agreement with 
the data point furthest to the right in Figure 6.11 is not expected. It is 
also possible that the Janssen coefficient could fall with increasing gas 
flow rate as the plugs move closer to a fluidized state. Experimental 
evidence would be required to support this hypothesis, however if a 
changing Janssen coefficient can be correlated against the gas flow rate 
it might be possible to adapt the Konrad model to give better predic­
tive behaviour. The work of Konrad & Totah (1989) contains some
7A rough value for was obtained by sticking the solids particles to a piece of card­
board by embedding them in blu-tack™, then turning the assembly upside-down and 
finding the gradient at which it slid down a piece of PVC sheeting.
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Data
experimental methods and analysis techniques which could be adapted 
to provide the information required.
6.4 .2  G as-Solids R atio  P rediction
Although Woods et al. (2008) were able to predict the solids-gas ratio 
to a high level of confidence for discharge into horizontal pipe from a 
fluidized bed or hopper, attempts at adapting the model for the mixed 
horizontal-vertical case presented in this work still resulted in calcu­
lated solids-gas ratios significantly higher than the experimental values 
(see Figure 6.12). The errors in prediction were likely to be due to the 
bend used in the experimental apparatus which might have restricted 
solids flow. This could be verified in future work by carrying out trials 
with a variety of different shaped bends, including the pure vertical 
configuration described in section 3.3.5. Some attempts to convey the 
solids up a pure vertical pipe were made by Jackson (2008), however this 
resulted in rapid accumulative choking unless the conveying line was 
started empty and operated in the turbulent flow regime. After flaring 
the tube entry to 75 mm the choking problem ceased, but operation
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was only possible over a very narrow range of solids flow rates, which 
meant that comparison with the modified model of Woods et al. (2008) 
was difficult, although Figure 6.13 suggests very poor agreement of the 
model with the experimental data. For the results obtained in this 
study the relationship between solids and gas flow rate appears to be 
close to linear (see Figure 5.7).
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Figure 6.12: Comparison of Woods et al. (2008) (WJT) Model Predictions 
with with Experimental Results for Horizontal Discharge into a 75 mm Ver­
tical Conveying Line
Provisionally it is recommended that the empirical relationship de­
scribed in equation (6.7) be used to predict the solids flow rate as 
a function of the gas flow rate:
14/ =  # (G  - ( 2 , )  (6.7)
where K is 307 for the 2.7 mm alumina balls discharging into a pneu­
matic conveying line as described in chapter (3) and the slip flow rate, 
Gs is ±0.00885 kg s-1. The relationship is based on Figure 6.14. The 
solid flow rate vs gas flow rate curves for the 50 mm and 75 mm cases 
probably coincide because the same entry port is used in both cases. 
If this is the case, it will be the entry type into the conveyor which 
determines the solids-gas flow rate relationship. Equation (6.7) is sim­
ilar to the ‘drift-flux’ class of models, which assume a constant slip
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between phases. In these models the constant (analogous to K )  is to 
some extent dependent on the properties of the conveyed material, but 
is strongly dependent on the voidage, which may account for the lower 
solids-gas ratio obtained when the bed is not fluidized (see Figure 5.10). 
K  might also be strongly dependent on the inlet gas pressure, as lower 
solids-gas ratios were observed for results sets 4 and 5 (see Figures 5.13 
and 5.15); in these sets the inlet pressure was usually lower than for set
2. Gs is very close to the incipient fluidization mass flow rate for a 75 
mm tube, and it may be possible to use this information for scale-up 
purposes.
In Figure 6.14, two data points were rejected from the regression which 
was used to generate the trendline. The decision to reject the data 
points was made because in each case the gas velocity in the pipe was 
higher than the choking velocity for the respective conveyor diameter. 
The rejected data are shown using a different symbol.
It is likely that the K  value in equation (6.7) would remain constant 
for feeding of coarse particles from a bubbling fluidized bed, as long 
as there is no transition to turbulent fluidization. This is because in 
the case of Geldart group D solids, the voidage of the dense-phase
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Figure 6.14: Supporting data for scale-up approach: Sets 2 and 5
at the conveying line entry would be expected to remain close to em/ 
regardless of the bubble fraction further into the bed.
There is good evidence that bubbling fluidization conditions prevailed 
in the bed under most of the experimental conditions in this investi­
gation. When the bed pressure was near the top of the experimental 
range, meaning that the gas density and hence the drag forces were 
increased, the sound of the bed was consistent with slugging/large bub­
bling fluidization. It is also possible to support the observation that 
bubbling fluidization prevailed with a calculation:
— The blower intake flow rate was set at 0.2 m3 s-1, so given that 
the experimental intake pressure was typically in the range 1.3- 
1.9 bara and the temperature was around 323 K, the mass flow 
rate would have ranged from around 0.27 to 0.41 kg s-1.
— Equation (3.1) can be used to estimate the incipient fluidization 
mass flow rate based on the gas density. The predicted range for 
Gmf  is 0.31 kg s-1 at 1.3 bara to 0.38 kg s-1 at 1.9 bara.
The experimental conditions would therefore have ranged from packed 
bed feeding at low vessel pressures, albeit with reduced inter-particle 
stresses, to bubbling fluidized bed feeding at high vessel pressures. Be-
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cause the blower intake pressure was typically nearer to the top end 
of the range, i.e. 1.7-1.9 bara, bubbling or slugging fluidization would 
have been the usual experimental operating condition.
6.4 .3  Em pirical M odel
Based on the experimental results it is possible to construct an em­
pirical model which can be used in the design of vertical plug flow 
pneumatic conveying systems. A measure for the efficiency of convey­
ing8 can be obtained by dividing the rate of potential energy gain of the 
solids {AEpot = Wgh, g = acceleration due to gravity, h = conveyor 
height) by the rate of loss of pressure energy for isothermal flow9 of 
a compressible fluid (AEpreaa =  In (P i/P 2) G R T /m w, Pi = inlet pres­
sure, P2 =  outlet pressure). This approach ignores conveyor entry ot 
exit losses as well as energy losses due to acceleration and gas wall fric­
tion. The conveying efficiency has been plotted against the solids flow 
rate/diameter ratio in Figure 6.15 for all experimental results and it 
can be seen that all the plug-flow data closely follow the same trend at 
ratios below about 80 kg m-1 s”1. Note that the two data points from 
set 5 which were very high were for turbulent conveying and should be 
ignored when formulating a plug flow model.
A correlation for the conveying efficiency can be obtained using fig­
ure 6.16. Allowing for data scatter, there is strong experimental evi­
dence (see Figure 6.16) that the relationship10 77 =  C y/W /D , where 
C = 0.02 m0-5 s0,5 kg-0,5, holds well for the system described in this 
investigation. More experiments using different solids/conveyor mate­
rials would be needed to develop a generalized method for estimating 
C  and to find out how broadly the relationship can be applied. The 
relationship can be written as equation (6 .8):
GRThi
W ghniu,
8 This approach was suggested by Professor J Smith of the University of Surrey
9 Konrad (1986b) has shown that for dense phase flow heat transfer to the particles 
means that gas temperature in a pneumatic conveying line changes very little over its 
length.
10A slightly better fit could be obtained by using a different power in the relationship,
however this would make the equation less convenient.
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where D is the conveyor internal diameter and C is an empirical con­
stant. Equation (6.8) rearranges to give an equation (6.9) for the pres­
sure at the top of the vertical section as a function of the pressure at 
the bottom of the vertical section:
The hypothesis that equation (6.9) is exponential in form is supported 
by Figure 6.17. The change in gradient is not due to flow regime transi­
tions as strong solids plugging was observed throughout the conveying 
line for the data used to plot the figure. A similar effect which oc­
curs in circulating fluidized bed risers can be viewed on p430 of Fan h  
Zhu (1998). The pressures used to plot Figure 6.17 were generated by 
time-averaging of the data presented in Figure 5.2.
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Figure 6.17: Conveying Line Pressure Profile (Set 2, Run 5)
Figure 6.17 also supports the assumption that pressure losses due to 
acceleration or discharging of the line can be neglected for the plug flow 
regime. For the experimental case, where the conveyor discharges to 
atmosphere, equation (6.9) can be rearranged to give equation (6.10):
A P =  Polm -  l )  (6.10)
It must be emphasised that equation (6.9) is only valid for the experi­
mental system studied in this work. Furthermore, the equation should
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not be applied below the incipient conveying velocity, Vmf, as given by 
equation (3.1), or above the classical choking velocity, Vc as given by 
equation (2.20). It will usually be necessary to impose a further con­
straint on the lower bound of applicability because the plugging bed 
will become unstable and collapse to a fixed bed when the gas flow 
rate falls below a certain value, causing a deviation from the model 
predictions. This phenomenon was observed in set 2, run 2. For the 
purposes of this work the flow rate at which the bed collapses has been 
assumed to be the lower limit of availability of experimental data for 
steady conveying. The conveyor pressure drop under collapsing bed 
conditions or below Vmf  is indeterminate, but could be as high as the 
packed bed pressure drop in the tube.
In order to solve equation (6.9), the relationship between G and W must 
be known. If equation (6.7) is used with the calculated constants, it 
is possible to see how well equation (6.10) fits the experimental results 
in their original form. In Figures 6.18 and 6.19 it can be seen that 
the model fits the experimental data well. Equations (2.20) to (2.23) 
can be used to estimate choking gas flow rates of 0.013 kg s-1 for the 
50 mm tube and 0.035 kg s-1 for the 75 mm tube. The estimated 
choking velocities have duly been used as the upper limits for model 
applicability in Figures 6.18 and 6.19. These limits agree closely with 
the points at which the trend in the data deviates significantly from 
the model predictions.
6.4 .4  P roposed  M odels
Following the failure of the method of Konrad (1987) to adequately 
predict conveying line pressure drops in its current form, the principal 
options were:
1. Attempt to revise the Konrad model. This would be difficult 
as it is a steady state model and the many of shortcomings are 
thought to be linked to transient effects. A better understanding 
of transient effects might nevertheless improve the model’s predic­
tive behaviour.
2. Develop an original transient model based on the effects observed 
during the experimental programme.
3. Develop an empirical model based on experimental data.
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4. Use discrete element techniques to model the pipeline. This would 
probably be a long-term goal as the approach is currently consid­
ered to be more of qualitative than quantitative value.
Options 1, 2 and 3 appear to be the most promising lines of research 
in the short term, however revision of the Konrad model or full formu­
lation of a transient model are beyond the scope of this dissertation. 
The key features which a transient model should contain are described 
below:
-  The model will calculate solids and gas flow rates for various pres­
sure drop scenarios and will therefore be implicit in nature. A 
seperate model describing inlet conditions is required for a full 
solution.
-  Because the plugs are square nosed, the model can initially be 
developed in ID space and time coordinates.
-  Outlet pressure will be constant with time. Model pressure at the 
inlet to the vertical section will fluctuate with time according to 
a user-defined function.
-  The model will utilize a series of interacting solids plug and gas 
slug phases. The vertical position of the phase boundaries will 
vary with time according to the solids velocities in the solids 
phases and the rates of accumulation and loss of solids on the 
front and rear of the plug.
-  Bubbling fluidization can occur in the solids plugs as the conveying 
gas expands, but slug flow cannot; the plug will split instead. 
Further theoretical understanding of the effects of frontal stresses 
on the suppression of bubbling or slugging is required.
-  Solids plugs will split wherever the slip velocity falls below the 
incipient fluidization velocity.
-  A solids plug will disintegrate when its length falls below a certain 
value.
-  There will usually be some solids downflow from the rear of the 
slug, which will probably be a function of the solids-gas slip ve­
locity at that point.
-  Solids plug pressure drops will be estimated using the Ergun equa­
tion.
-  Solids plug-wall friction will provisionally be estimated using the 
approach of Krull et. al. (2004).
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— Solids downflow in the gas slugs will be modeled using the Wallace 
continuity equations described by Fan & Zhu (1998).
In the absence of a transient model, it is possible to take an empirical 
approach to vertical plug flow conveying line design:
1. Select a conveyor diameter
2. Experimentally determine C, K  and Gs.
3. Calculate the choking velocity using equations (2.20) to (2.23) and 
take this as the upper limit of conveyor operation
4. Specify the outlet pressure
5. The inlet pressure vs gas flow rate curve can be predicted using 
equations (6.9) and (6.7)
6.5 D esign  Concepts for th e Full Scale Sys­
tem
6.5.1 T he Full-Scale C onveying S ystem  D esign  P ro ­
cess
Trials using a 0.112 m i.d. fluidized bed which contained the same 
2.69 mm alumina pellets as were used in this work showed that con­
veying or fluidization below the choking velocity was still in the plug 
flow regime. This means that equation (6.9) ought to be applicable 
for conveying lines of internal diameter at least 112 mm. Given that 
77 oc y/W /D , increasing the pipe diameter is likely to increase the con­
veying efficiency for the same solids flux. The conveying line diameter 
in the real system should therefore be increased to at least 112 mm. 
Because there is no reliable model for predicting the solids-gas flow 
rate relationship, a new test rig will be needed either to develop other 
versions of equation (6.7) for different conveyor entrance types or to de­
velop a generalized model based on a wide range of data. The existing 
apparatus is probably adequate for further validation of equation (6.9) 
using different solids and conveyor materials.
Although a detailed design procedure for the conveying system has not 
been developed, the data in Figure 6.15 show that with the correct 
design it ought to be possible to achieve a conveying efficiency, r)conv, 
of at least 15% whilst conveying in the plug flow regime. This data is
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Figure 6.20: 0.112 m Slugging Fluidized Bed Used by the UKAEA 
(Photograph Supplied by Mr G Voss of the UKAEA)
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useful in optimization of the process as the design will need to balance 
higher fluidization costs of a high residence time in the heat exchanger 
against the costs of a high conveying rate. For example if a conveying 
rate of 0.51 tonne s-1 is used and the compressor efficiency, r]COTnp: is 
60%, the required power for fluidized bed pressurization, Q p r e s s ,  will be 
given by equation (6.11):
Qpress = W 9k = 51Q X 9f  J ! 25 =  1.39 M W  (6.11)
'nconv'fjcomp 0.15 X 0.6
Since the relative pressure drop across the fluidized bed is small, the 
minimum required power for fluidization, Q F lu id ,  can be approximated 
by equation (6.12) using data which reflect the values given in Ap­
pendix (A)
^  _  G m f P p { l  — €m f ) g V T O T   1 5 x 4500 x (1 — 0.4) x 9.81 x 100
WFluid — ----------------------------  —  n c- n e-----------------
PgTjblow 0.5 X 0.6
=  13.2 MW (6.12)
where Cm/  is the gas mass flow rate required for fluidization, pp is 
the solids density, emy is the incipient fluidization voidage, V t o t  is the 
combined volume of the fluidized beds and p u o w  is the efficiency of 
the blower or fan used to provide the fluidizing gas. Process modeling 
results in Appendix (A) indicate that doubling W  to 1020 kg s-1 would 
reduce the V t o t  requirement by about 30%. Which would save about 
4 MW from Q F lu id  and cost about 1.4 MW from Q press', a net saving of 
2.6 MW. An optimisation spreadsheet suggested that solids conveying 
rates from 730 kg s-1 to 1720 kg s-1 gave overall power requirements in 
the range 9-10 MW and this would provisionally be the recommended 
design range.
6.5.2 C onveyor V enting O ptions
The inlet-outlet pressure ratio in the conveying line for the proposed 
divertor system is likely to be very high and the conveying gas velocity 
increases inversely with pressure. In contrast, the incipient fluidiza­
tion velocity and choking velocity roughly follow an inverse square root 
relationship with respect to pressure at high Archimedes number (see 
equation (3.1)). This means that there will be a significant increase in 
drag forces with increasing height in the conveying line which is likely
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to lead to some combination of rising wall stresses, increased void frac­
tion and increased solids plug velocity. Flow regime transitions are 
also possible. The problem can be mitigated by venting gas from the 
conveying line. The location of venting points can be determined using 
sensible constraints such as the need to stay below the choking veloc­
ity and above the incipient conveying velocity. Equation (6.9) could 
still be applied between venting points. In principle, the vented gas 
can be blown back into the fluidized bed for less energy than would 
be the case if it was removed from the top of the conveying line, thus 
increasing the overall efficiency of the system. The optimal means of 
venting the gas needs to be ascertained by experimental investigation 
or consultation with people who have appropriate experience. Some 
possible approaches are:
— Simply remove the gas via a pipe connection, using a grid plate to 
keep the solids in the conveying line. A probable weakness of this 
approach is that the horizontal drag forces could cause a localized 
rise in wall friction at the grid plate.
— Distribute the gas removal by making sections of the conveying 
line from sintered stainless steel or a strong mesh (see Figure 6.21). 
The distributed gas flow will probably not cause a significant in­
crease in wall friction, however there is a risk that the pores in a 
sintered section could clog with dust.
— Incorporate vessels into the conveying line which can act as ‘gas 
disengaging stations’. The conveying line would enter the bottom 
of the vessel and protrude upwards to prevent solids backflow, 
vented gas would be removed from the top and the solids would 
leave the side of the vessel via the continuing conveying line. This 
is the most robust approach, but due to bend losses it might not 
be as efficient as the others if they can be made to work well.
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Nom enclature
Latin
A Conveyor Cross Sectional Area m2
Ar Archimedes Number -
C A Property of the Conveyed Solids/
Tube Material Used m2 s kg-1
D Internal Diameter of Conveying Line m
dp Particle Diameter m
^E p0t Potential Energy Gain of Conveyed Solids W
&Epress Pressure Energy Used in Conveying Solids W
G Gas Mass Flow Rate kg s_1
Gs Minimum conveying gas flow rate kg s-1
9 Acceleration Due to Gravity m s~2
h Height Conveyed m
K Constant Linking Gas Flow Rate to Solids
Flow Rate -
TTiyj Gas Molecular Weight kg kmol-1
Pl Conveying Line Vertical Section Inlet Pressure Pa
P2 Conveying Line Vertical Section Outlet Pressure Pa
Patm Atmospheric Pressure Pa
Pple Pressure in Plenum Chamber Pa
pr reg Pressure at Regulator Outlet Pa
A P Conveying Line/Regulator to Plenum
Chamber Pressure Drop Pa
Orifice Meter Pressure Drop Pa
Q Gas Volumetric Flow Rate m3 s-1
Qpress Power required for pneumatic conveying W
Q Fluid Power required to fluidized solids W
R Gas Constant J kmol K-
T Temperature K
U\ Initial Gas Velocity m s-1
u2 Segment Outlet Gas Velocity m s-1
vc Choking velocity m s-1
Vmf Incipient Conveying Gas Velocity m s-1
Vt o t Total Volume of Fluidized Beds m3
W Solids Mass Flow Rate kg s"1
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Greek
e Voidage
C-mf Incipient Fluidization Voidage -
V Efficiency -
Vconv Conveying Efficiency -
Vcomp Compressor Efficiency -
'Hblow Blower Efficiency -
Angle of Wall Friction -
Gas Viscosity Pa s
k'W Coefficient of Wall Friction -
Pg Gas Density kg m
P p Particle Density kg m
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Chapter 7
Conclusions & 
Recommendations
7.1 Previous Work
Models for dense-phase plug-flow or slug-flow pneumatic conveying 
have been proposed by Leung & Towler (1973), Konrad & Totah (1989) 
and Singh (1978). All were found to be unsatisfactory for application 
in the system of interest in their current form. The limits of the plug 
or slug-flow regime can be estimated using correlations given by Bi & 
Grace (1995).
7.2 Experim ental Conclusions
Despite some shortcomings of the experimental apparatus, it can be 
concluded that it is possible to start a pneumatic conveying line di­
rectly from the side of a fluidized bed. Under some circumstances flow 
interruptions can occur and further investigation is needed to better un­
derstand why this happens. Poor selection of two system components, 
namely a solenoid valve and a pressure regulator are almost certainly 
the cause of many of these fluctuations. Other possible reasons are 
chaotic or limit cycle behaviour of the system, accumulative choking, 
multiple steady states and solids arching in the conveying line bend.
The relationship between the solids and gas flow rate entering the con­
veying line (equation (7.1)) was found to be roughly linear for gas flow
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rates below the choking velocity in the vertical section:
14/ =  # ( 0  -  (2,) (7.1)
where W  is the solids mass flow rate, K  is an empirical constant, G 
is the gas mass flow rate and Gs is the gas mass slip velocity. The 
most recent steady state model (Konrad (1987)) does not obviously 
agree with the experimental results in this study. Provisionally, the 
conveying line pressure drop can be estimated using equation (7.2);
where P\ is the inlet pressure, P2 is the outlet pressure, C  is an empirical 
constant, g is the acceleration due to gravity, D is the conveyor diam­
eter, h is the conveyor height, m w is the mean gas molecular weight, R  
is the gas constant and T  is the gas temperature. Equation (7.2) needs 
further validation for other conveyed materials and tube diameters to 
determine how widely applicable it is. It should not be applied for 
gas velocities higher than the choking velocity or lower than the bed 
collapse velocity.
7.3 The Full-Scale D esign
This work has found no reason why the pneumatic conveying technol­
ogy investigated cannot be used in the full-scale divertor system.
7.4 R ecom m ended Experim ental Improve­
m ents
A number of improvements and repairs to the present experimental 
apparatus are recommended:
-  The differential pressure transducer readings have been found to 
be sensitive to the absolute pressure and also appear to be subject 
to significant random noise. Replacement with appropriate gauge 
pressure transducers is therefore recommended.
— The thermocouple on the recirculated air inlet line has been dam­
aged and should be replaced.
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— The performance of the pressure regulator and solenoid valve is 
not as desired and can cause non-ideal experimental conditions. 
Reversing their positions in the compressed air line might resolve 
the problem, but if this fails they might need to be replaced with 
better technology.
— The effect of changing the recirculation air flow rate is a possible 
area of investigation. If this investigation is to be carried out, the 
orifice meter on the blower inlet line will need to be commissioned.
— The effects of venting gas from the conveying line should be in­
vestigated. The flexible design of the conveying apparatus means 
that conveying sections incorporating the desired extraction fea­
tures can be fabricated and fitted into the system.
— The effect of changing the bend type used in the conveying line 
should be investigated.
7.5 R ecom m ended M odel Im provem ents
It has been found that the model of Konrad (1987) is inadequate as a 
predictive tool for vertical conveying of coarse, dense particles. There 
is therefore a need for development of an improved model, which will 
probably need to take transient effects into account. Ultimately, a dis­
crete element model might be necessary, however a one dimensional 
model is recommended as the next stage in developing a better under­
standing of the process. Some possible model features are described in 
section (6.4.4).
7.6 R ecom m endations for Full Scale D e­
sign
The proposed pneumatic conveying system must be able to transport 
around 1000 kg s-1 of solids. This is likely to require several conveying 
lines per fluidized bed. Further validation and improvement of equa­
tions (7.1) and (7.2) might allow their use as a basis for the design of 
a full scale conveying line.
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Nomenclature
Latin
C A Property of the Conveyed Solids/
Tube Material Used m2 s kg 1
D Conveyor Diameter m
G Gas Mass Flow Rate kg s-1
Gs Minimum Conveying Gas Mass Flow Rate kg s_1
9 Acceleration Due to Gravity m s-2
h Height of Conveying Line m
K Constant Linking Gas Flow Rate to Solids Flow Rate m-1
Tïïyj Gas Molecular Weight kg kmol-1
A P Pressure Drop Pa
Pi Conveying Line Inlet Pressure Pa
P2 Conveying Line Outlet Pressure Pa
R Gas Constant J kmol-1 K-1
T Temperature K
W Solids Flow Rate kg s-1
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Appendix A 
Fluidized Bed Heat 
Exchanger Design
Assuming an outlet temperature of 600°C Helium requirements can be 
determined using an energy balance as shown in Figure A.I.
In Figure A .l it is assumed that the system is well insulated so that heat 
is only transferred via the tubes, and that the gas used in conveying 
the solids is fully recovered and recycled, together with its energy. The 
specific heat of Helium is constant at 2.5i?/mto =  5192 J kg-1 K-1 
and since Helium is a monatomic noble gas, the ideal gas equation will 
apply even at very high pressures, thus gas density pHe is given by 
equation (A.l):
where mw is the molecular weight of Helium, R  is the gas constant and 
T  is the temperature. The Helium flow rate can be therefore deter­
mined as
rh  —  Q  —  2 8 2 X i o 6  —  I f t l  W  o - l
rn  ~  C p A T  ~  5 1 9 2  x  ( 6 0 0 - 3 0 0 )  —  J - 0 1  b
where rh is the mass flow rate, Q is the heat duty, Cp is the heat 
duty and AT is the temperature change of the gas. The volumetric 
flow rate will therefore be 26.9 m3 s-1 at the inlet and 41.0 m3 s-1 at 
the outlet. If a maximum outlet velocity of 40 m s-1 is selected, this 
means that about 1 m2 of tubing cross sectional area is required. The 
tubing surface area can be calculated from equation (A.2):
189
Solids out,
350#C
Helium inlet manifold 
? kg s-1, 350oC
Solids out, 
510 kg s 1 
1100°C
Helium inlet manifold 
? kg s \600°C
Figure A.l: Helium Energy Balance
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A fU A T lm (A'2)
where A  is the heat transfer area, Q is the heat duty, /  is the cross 
flow correction factor, U is the heat transfer coefficient and A7]m is the 
log mean temperature difference. The overall heat transfer coefficient 
based on external area U0, between the fluidized bed and the tubes is 
comprised of three principal components; the tube side coefficient, h01 
the wall coefficient, hw, and the bed side coefficient, hi, as shown in 
equation (A.3).
Tr = r  + i -  + j jr . (a.3)U 0  h 0  h u u  d i h i  
where and d0 are the inner and outer diameters of the tube respec­
tively. The tube side heat transfer coefficient can be determined using
the Dittus and Boelter correlation provided in Coulson & Richard­
son (1999):
N u = 0.023Re°'8 P r0A (A.4)
where N u  is the Nusselt number, Re is the reynolds number and P r  is 
the prandtl number. A relatively high tube wall thickness of 2.5 mm
will be assumed so as to allow for erosion and contain the high pressure
cooling helium. At 700 K, the thermal conductivity of iron is around 
50 W m-1 K-1. This would yield a heat transfer coefficient of about 
20,000 W m-2 K-1 assuming that the internal area is approximately the 
same as the external area. Given the relatively small contribution to 
the overall heat transfer coefficient which the wall component is likely 
to make, this is a good assumption.
A number of correlations for heat transfer on the bed side of fluidized 
beds have been reviewed and tested by Grewal & Saxena (1980), how­
ever for simplicity the Vreedenberg Correlation will be used:
N uwt — 420 GDt Ps P
2  - 1 0 . 3
Pr03 (A.5)
where N u w t  is the Nusselt number for bed-to-tube heat transfer, G 
is the gas mass flux, D t  is the tube outer diameter, ps is the solids 
density, pf is the fluidized bed density, p, is the gas viscosity, dp is the 
particle diameter and g is the acceleration due to gravity. The gas 
viscosity, pne, is a very weak function of pressure, but its dependence
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on the temperature, T, can be obtained from equation (A.6) which has 
been correlated from data in Perry & Green (1997):
= 3.86 x 10-7TO-G915 (A.6)
According to Perry & Green (1997), thermal conductivity of the He­
lium, hue, can be obtained from equation (A.7)
2 7,2 x - 1 ]
M  Tc/eM 0-5 (Pc/1000000)"2/3Zl
where Pr is the reduced pressure, defined as P /P c, where P  is the ab­
solute pressure. The thermodynamic properties required to use equa­
tion (A.7) are displayed in Table A.l.
Property Symbol Units
Critical Temperature Tc 5.2 K
Critical Pressure Pc 230000 Pa
Critical Volume vc 0.058 m3 kmol-1
Atomic Mass M 4.003 kg kmol-1
Compressibility factor z c 0.305 -
Specific Heat at Constant Pressure c p 20785 J kmol-1 K-1
Specific Heat at Constant Volume a 12471 J kmol-1 K-1
Table A.l: Thermodynamic properties of Helium
For convenient use of the heat transfer correlations, the Prandtl number 
of Helium can be assumed to be 0.665 under all conditions. The pres­
sure drop along the tube can be estimated roughly from 4</>(L/D)pu2/2, 
where (j) is the friction factor, L is the tube length, D is the tube di­
ameter and u is the gas velocity. If a tube length of 20 m is guessed, 
an average velocity of 35 m s-1 and density of 6 kg m-3 are assumed 
and the friction factor is taken as 0.0023 (based on smooth pipes at 
Re =  80000, see Coulson & Richardson (1999)), this gives a frictional 
pressure drop of about 90000 Pa. If 10 velocity heads are also added 
to allow for bends, the total pressure drop will be just over 160000 Pa. 
Although large, this drop is still small enough relative to the total pres­
sure for the effects of changing pressure to be neglected for the purposes 
of heat transfer calculations.
In the case of the bed side heat transfer coefficient, a value for the super­
ficial mass fluidising velocity, Gmf, is required. If incipient fluidization
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is assumed, Gmf can be estimated from correlation (3.1), based on Bi 
& Grace (1995).
Gmf will change slightly with vertical position because the pressure 
falls towards the top of the bed. If the entire bed is to be fluidized, the 
maximum value for Gmf should be taken.
With a bed height of 4 m and a voidage of 0.4, the bed pressure drop, 
AP, will be given by equation (A.8). The value of A P will depend on 
whether graphite or silicon carbide cores are used:
A P =  (1 -  e) psgz (A.8)
where e is the bed voidage and z is the bed height. If an inner tubing 
diameter of 0.015 m, and hence an outer tubing diameter of 0.02 m, 
is assumed, then values for each component of the heat transfer coef­
ficient can be estimated. In the Table A.2, solids density is taken as 
4513 kg m~3. A heat duty of 296 MW is assumed.
If a correction factor, /, of 1 is assumed, using equation (A.2) gives a 
total inner heat transfer area requirement of 1000-1500 m2. For the 
given tube diameter, this translates to a total tube length of 20-30 km 
and a volume of about 7-10 m3. If around 10% of the bed volume 
is taken up by tubing, roughly 100 m3 of bed will be needed. This 
could be achieved using three beds of outer radius 2m and inner radius 
1m, with a bed height of 4 m. Multiple beds are required to allow for 
occasional maintenance or repair of an individual bed, so it might be 
necessary to add a fourth bed. Each bed must therefore handle about 
130-170 kg s-1 of solids.
The second scenario where the solids flow rate is increased to 1020 kgs-1 
can be examined in the same way as above (see Table A.3). The im­
proved heat transfer at the higher solids flow rate of 1020 kg s-1 would 
lower the fluidized bed volume requirement by over 30% relative to the 
requirements at 510 kg s-1.
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T u b e  S id e  H T C
In Out
Pressure P 8000000 8000000 Pa
Temperature T 573 873 K
Gas Velocity u 28.3 43.1 m s-1
Tube diameter d 0.015 0.015 m
Gas density r 6.72 4.41 kg m3
Gas viscosity m 0.0000312 0.0000417 Pa s
Prandtl number Pr 0.665 0.665 -
Reynolds number Re 91421 68328 -
Nusselt number Nu 182 144 -
Gas thermal conductivity k 0.248 0.330 W m "1 K "1
Inner Wall HTC h. 3010 3173 W m "2 K -1
Inner Wall HTC (mean) hi 3092 W n r 2 K "1
W all H T C
Wall HTC hw 20000 W n r 2 K "1
Bed Side H T C
In Out
Pressure P 1000000 893735 Pa
Temperature T 1373 721 K
Tube Diameter di 0.02 0.02 m
Gas Density P 0.351 0.597 kg m~3
Gas Viscosity P 0.0000571 0.0000365 Pa s
Archimedes Number Ar 204494 848506 -
Incipient Fluid. Mass Velocity Gm/ 1.679 1.679 kg m""2 s-1
Prandtl number Pr 0.665 0.665 -
Nusselt Number Nu 64.2 47.9 -
Gas Thermal Conductivity k 0.45 0.29 W m "1 K -1
Outer Wall HTC hi 1452 698 W n r 2 K -1
Outer Wall HTC (mean) h0 1075 W n r 2 K "1
Overall H T C
Overall HTC Gô 708 W m "2 K-1
Table A.2: Heat transfer Coefficient Calculation
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T u b e  S id e  H T C
In Out
Pressure P 8000000 8000000 Pa
Temperature T 573 873 K
Gas Velocity u 32.0 48.7 m s-1
Tube diameter d 0.015 0.015 m
Gas density r 6.72 4.41 kg m-3
Gas viscosity m 0.0000312 0.0000417 Pa s
Prandtl number Pr 0.665 0.665 -
Reynolds number Re 103466 77331 -
Nusselt number Nu 201 159 -
Gas thermal conductivity k 0.248 0.330 W m "1 K "1
Inner Wall HTC hi 3323 3504 W m "2 K "1
Inner Wall HTC (mean) hi 3414 W n r 2 K "1
W all H T C
Wall HTC hw 20000 W n r 2 K "1
B ed Side H T C
In Out
Pressure P 1000000 893735 Pa
Temperature T 1373 1004 K
Tube Diameter di 0.02 0.02 m
Gas Density P 0.351 0.429 kg m3
Gas Viscosity P 0.0000571 0.0000459 Pa s
Archimedes Number Ar 204494 385339 -
Incipient Fluid. Mass Velocity Gm/ 1.327 1.327 kg m-2 s-1
Prandtl number Pr 0.665 0.665 -
Nusselt Number Nu 59.9 52.8 -
Gas Thermal Conductivity k 0.45 0.37 W n T 1 K "1
Outer Wall HTC hi 1353 964 W n r 2 K "1
Outer Wall HTC (mean) h0 1159 W n T 2 K -1
O verall H TC
Overall HTC 0^ 767 W m "2 K "1
Table A.3: Alternative Heat transfer Coefficient Calculation
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A ppendix B
Heat Exchanger Selection
The initial energy balance for the heat exchanger is illustrated in Fig­
ure B.l
Water out: temperature and 
flow rate to be calculated
Air in: 
up to 80°C 
& 0.5 kg s1
A
Water in: temperature 18 C and 
flow rate to be calculated
k
r
Air out: 
up to 50°C 
& 0.5 kg s*1
Figure B.l: The Swimming Pool Heat Exchanger
The air has a specific heat capacity of around 1000 J kg-1 K-1 and 
the water specific heat capacity is 4200 J kg-1 K-1. The technical 
information for the Bowman 3707-2 heat exhanger did not include areas 
or heat transfer coefficients, however these can be estimated from other 
data:
B .l  H eat transfer area
The internal diameter of the heat exchanger tubes is small; perhaps 
5 mm and the pressure drop along the tube is 4 kPa at a flow rate of 
7.2 m3 hr-1 according to the technical data sheets. This information 
can be used to estimate the water velocity in the tube and hence the
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total cross sectional area of the tubes, which can then be used to find 
the total heat transfer area.
The tube-side water velocity can be back calculated from the overall 
pressure drop, which in this case is given approximately by the sum of 
the frictional, expansion and contraction losses:
A P  = 40p {L/D) u 2 / 2  + p ( u -  uout)2 /2 +  pu2/ 8
where A P is the heat exhanger pressure drop, p is the gas density, 4> is 
the friction factor, L  is the tube length, u is the gas velocity and uout 
is the gas velocity in the outlet manifold. Therefore:
P u <mt +  \ j ( p U a u t )2 +  ^4 X  x  ^ A P  —
2 X +  § +  §)
(B.l)
The outlet manifold has an internal diameter of about 120 mm, mean­
ing that the cross sectional area is (tt/ 4) x0.122 =  0.0113 m2. The outlet 
water velocity in the case of interest is therefore (7.2/3600) /0.0113 =
0.177m s-1. Assuming a tube water velocity of up to 2 m s-1 and a 
tube internal diameter of 5 mm gives a Reynolds number of uD p/p  =  
2 x 0.004 x 1000/0.001 =  8000, which for smooth pipes gives a friction 
factor of 0 =  0.004. The length of the tube bundle was roughly 0.35 m 
and the density of water was assumed to be 1000 kg m-3
Inputting this information to equation (B.l) gives u =  1.8 m s_1, which 
is close enough to original estimate of 2 m s-1. The total tube cross 
sectional area will be given by the volumetric flow rate divided by the 
velocity: A = 7.2/(3600 x 1.8) =  1.11 x 10-3 m2. The cross-sectional 
area of an individual tube will be tt x 0.0042/4  =  1.26 x 10-5 m2, so 
the total number of tubes will be 1.11 x 10_3/1.26 x 10-5 =  88. Each 
tube will have a surface area of t t  x 0.004 x 0.35 =  0.0044 m2, so the 
total heat transfer area will be about 88 x 0.0044 «  0.4 m2
B.2 H eat Transfer Coefficient
The heat transfer coefficient will be dominated by the tube side resis­
tance, therefore the equation (B.2) should be used:
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N u =  0.023Re°'8P r n (B.2)
where N u  is the Nusselt number, Re is the Reynolds number and Pr  
is the Prandtl number. In this case the air is being cooled, so n =  0.3. 
The Prandtl number for air is typically 0.7. The gas velocity will be 
given by the volumetric flow rate (0.215 m3 s-1) divided by the tube 
cross sectional area: 0.215/0.00111 =  194 m s -1. Assuming a density 
of 2 kg m-3 and a viscosity of 2 x 10-5 Pa s, the Reynolds number 
will therefore be: Re = 194 x 0.004 x 2/2 x 10-5 =  77600. This gives 
a Nusselt number of 168.7 and given a thermal conductivity for air 
of 0.025 W m-1 K-1, the inner film heat transfer coefficient will be: 
h = N u -k /d  = 168.7 x 0.025/0.004 =  1054 W m-2 K-1. Although the 
outer film resistance will reduce this slightly, a value of 1000 W m-2 K-1 
ought to be satisfactory for a rough calculation. The value is very high 
for liquid-gas heat transfer because of the very high gas velocity.
Using equation (B.3) and the data in Figure B .l it is possible to back 
calculate the maximum allowable outlet water temperature. A cross- 
flow correction factor of 1 has been assumed.
where AT;arge and ATsmau are the temperature differences between the 
two fluids at each end of the exchanger, U is the overall heat transfer 
coefficient and A  is the heat transfer area.
Q is given by Q =  mCpAT = 0.5 x 1000 x 30 =  15000W. Therefore the 
logarithmic mean temperature difference will be 15000/ (1000 x 0.4) =  
37.5°C. This gives a ATsmau value of 43.6°C. The maximum allowable 
water outlet temperature is therefore 80 — 43.6 =  36.4°C. Therefore 
m =  Q / (CpAT) = 15000/(4200 x (36.4 -  18)) =  0.194 kg s"1. This 
flow rate is about what can be supplied by a domestic water supply 
and the laboratory water supply was larger than this. The selected 
heat exchanger was therefore judged to be fit for purpose.
B .3 Cooling W ater Flow R ate
Q =  UA ((A T i-A % )) (B.3)
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A ppendix C
Ormiston-Leung M odel 
Calculations
The Ormiston-Leung model equations (Leung Sz Towler (1973)) are:
dP
n = apmb9
where P  is the pressure, z is the vertical position, a  is the plug phase 
volume fraction, is the solids bulk density at minimum bubbling 
and g is the acceleration due to gravity.
Us — Umf
1 — a  =
(Us -  Umf)  +  +  0.35y/gD
where Us is the superficial gas velocity, Umf  is the incipient fluidization 
superficial gas velocity, Ws is the solids flow rate, ps is the solids density, 
e is the voidage in the plug phase and D is the conveying line internal 
diameter. The incipient fluidization velocity was estimated using:
U m f= \/27.22 +  0.0408Ar -  27.2PgD
where (ig is the gas viscosity, pg is the gas density, and Ar  is the 
Archimedes number.
The relationship between Us and W  was initially established using the 
model of Woods et al. (2008):
1. Specify the pressure drop, AP0, across the conveyor entrance
2. Guess the slip velocity, Au0, at the conveyor entrance
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3. Calculate the pressure gradient at the orifice using equation (C.l): 
d p \ _ 1 5 0 ( l - e b)2ngA u o , 1.75 (1 -  e6) 1X
T r ) ra-  ^  +  W  ^
where eb is the voidage of the dense phase of the fluidized bed and 
d is the particle diameter.
4. Substitute the calculated pressure gradient into equation (C.2) to 
obtain the function of the modified Reynolds number /(ReJ,) and 
check that 0 < /(ReJ,) < 3. If f(Re'0) does not lie within this 
range, go back to step 2.
d p \ _  AP0f(Re'0)
T r ) ro- - ^ —  (C-2)
where rQ is the axial position of the virtual apex of the orifice (see 
Nedderman et al. (1983)).
5. Use equations (C.3) and (C.4) to recalculate A u 0
Re'0 =  , 7 A"°.det (C.3)
(1 — £b) fJ>a 
1 +
f ( Reo) = (c.4)
^  4 5 0  o
6. Repeat steps 3-5 until Au0 converges.
7. Calculate the pressure factor, FP using equations (C.5) and (C.6)
1/2
Fp —
where K  = (14-sin çS>)/(l—sin0) and n  is given by equation (2.54):
- 150 +  S L  (C-6)
8. Calculate the solids mass flow rate without air augnentation, 
using a modified Beverloo equation (C.7):
WB =  0.6ps (1 -  eb) J g { D -  1.5d)(5/2) (C.7)
9. Calculate the solids mass flow rate with air augmentation using 
equation (C.8):
W  = Fp Wb (C.8)
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10. Calculate the gas mass flow rate using equation (C.9):
A u „ =  1------- —  ( i L -  W  ) (C .9 )
27T (1 -  cosa) rl \ e bpa (1 -  eh) ps J
where aQ is the ‘hopper half angle’, i.e. the angle of the cone
terminating at the virtual apex.
Solving the equations and the discharge model using an Excel spread­
sheet and the constants listed below generated Tables C and C. S.I 
units are used in all cases. Based on this information it was expected 
that the pressure drop along the conveying line would vary from about 
1 bar when the inlet gas velocity was just above Umf  to just below 0.1 
bar at the choking velocity of 4-5 m s-1.
d =  0.00269 m
p g2 1.162428377 kg m "1
e = 0.386 m
pg =  0.0000175 Pa s
D  =  0.075 m
a =  0.785398163
k = 1.4
rQ = 0.050370044 m
C  =  0.58
p s = 3517 kg m-1
g = 9.81 m s-2
K  = 3.690172332
pb = 2159.438 kg m-3
A  =  0.004417865 m2
P2 = 100000 Pa
The conveyor height, I f  = 4 m
R  = 8314 J kmol"1 K "1
m w — 28.8 kg kmol-1
T  =  298 K
Ar2 = 2549108.504
Re.mf2 =  296.441
WB = 5.3128 kg s-1
Umf2 = 1.659043476 m s-1
Note that the subscripts 1 & 2 refer to the conveying line inlet and 
outlet conditions respectively.
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Au0 3 3.2 3.4 3.6 3.8 4
Pa 2.30276 2.09629 1.94259 1.82592 1.73565 1.66454
667.579 648.237 638.254 635.209 637.351 643.407
2.44385 2.43197 2.42563 2.42367 2.42505 2.42892
n 0.88621 0.88322 0.88160 0.88110 0.88146 0.88244
498.789 520.913 547.368 577.595 611.147 647.668
FP 0.78344 0.79897 0.81810 0.84010 0.86437 0.89042
W 4.16225 4.24476 4.34640 4.46327 4.59218 4.73060
Ui 1.39226 1.47719 1.56289 1.64921 1.73602 1.82321
Pi 198099 180337 167115 157078 149312 143195
A P12 98099 80336.8 67114.9 57077.8 49312.4 43194.6
Ari 5049758 4596982 4259939 4004083 3806134 3650187
Umfl 1.20780 1.26224 1.30804 1.34643 1.37862 1.40571
P^mfl 427.520 406.732 390.586 377.901 367.806 359.669
G 0.01416 0.01368 0.01341 0.01330 0.01331 0.01341
Au0 4.2 4.4 4.8 5.2 5.6 6
Pa 1.60755 1.56117 1.49082 1.44050 1.40301 1.37414
652.450 663.797 691.514 723.854 759.246 796.736
/ ( ^ 4 ) 2.43460 2.44156 2.45788 2.47575 2.49401 2.51201
n 0.88388 0.88564 0.88972 0.89412 0.89856 0.90287
AP0 686.880 728.565 818.719 917.182 1023.37 1136.91
F p 0.91789 0.94648 1.00617 1.06825 1.13193 1.19674
W 4.87652 5.02841 5.34556 5.67535 6.01368 6.35800
Ui 1.91071 1.99844 2.17445 2.35098 2.52785 2.70496
Pi 138292 134302 128251 123922 120697 118213
AP12 38292.4 34302.1 28250.8 23921.9 20696.6 18212.7
Ari 3525224 3423507 3269253 3158904 3076687 3013369
Umf l 1.42864 1.44818 1.47945 1.50313 1.52156 1.53623
P^mfl 353.022 347.525 339.031 332.832 328.143 324.489
G 0.01357 0.01378 0.01432 0.01496 0.01567 0.01642
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Au0 6.4 6.8 7.2 7.6 8 8.4
Pa 1.35129 1.33280 1.31754 1.30477 1.29392 1.28459
Re'0 835.721 875.802 916.710 958.254 1000.30 1042.74
f(Re'0) 2.52941 2.54606 2.56188 2.57686 2.59101 2.60436
n 0.90698 0.91086 0.91449 0.91790 0.92107 0.92404
A P, 1257.57 1385.17 1519.61 1660.80 1808.68 1963.22
FP 1.26236 1.32858 1.39526 1.46229 1.52960 1.59713
W 6.70663 7.05845 7.41269 7.76881 8.12640 8.48518
Ui 2.88225 3.05966 3.23718 3.41476 3.59241 3.77011
Pi 116247 114656 113344 112245 111311 110509
A P12 16247.1 14656.3 13344.4 12245.1 11311.4 10508.9
Ari 2963264 2922713 2889272 2861251 2837449 2816993
Umfl 1.54815 1.55802 1.56630 1.57334 1.57940 1.58467
P^mfl 321.571 319.191 317.216 315.552 314.132 312.908
G 0.01721 0.01802 0.01884 0.01968 0.02054 0.02140
Au0 00 bo 9.2 9.6 10 10.4 10.8
Pa 1.27649 1.26939 1.26312 1.25755 1.25256 1.24807
1085.51 1128.54 1171.79 1215.23 1258.83 1302.55
/ ( ^ ) 2.61696 2.62886 2.64009 2.65071 2.66075 2.67027
n 0.92682 0.92941 0.93184 0.93411 0.93625 0.93826
A P, 2124.37 2292.11 2466.43 2647.30 2834.71 3028.65
FP 1.66484 1.73270 1.80068 1.86877 1.93695 2.00520
W 8.84491 9.20544 9.56662 9.92836 10.2906 10.6532
Ui 3.94785 4.12561 4.30341 4.48123 4.65906 4.83691
Pi 109812 109202 108662 108183 107754 107367
a p 12 9812.14 9201.64 8662.50 8182.99 7753.81 7367.49
Ari 2799231 2783668 2769925 2757702 2746762 2736914
Umfl 1.58929 1.59336 1.59699 1.60024 1.60317 1.60582
P^mfl 311.841 310.903 310.073 309.332 308.669 308.070
G 0.02226 0.02314 0.02401 0.02490 0.02578 0.02667
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A ppendix D
Pressure vessel Drawings
The pressure vessel drawings are shown overleaf.
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A ppendix E
Hopper Loading calculations
E .l  A lum inium  Structure
The structural strength of the hopper was provided by aluminium alloy 
HE9-TF angle with an L-shaped cross section, supplied by RS compo­
nents. The side length was 2” and the thickness was 1/4” . The 0.2% 
proof stress of this alloy is widely reported in online sources to be 130- 
160 Pa. The Second Moment of Area, / ,  for this cross section can be 
calculated from equation (E.l), based on Wikipedia (2007). The angle 
cross section is depicted in Figure E .l
where Ipart is the second moment of area of a rectangular ‘part’ of the 
cross section, y is the distance from the x-axis of symmetry to the edge 
of the part and A  is the cross sectional area of the part. Equation (E.l) 
can be expanded to give equation (E.2):
where L is the side length of the aluminium angle and t is the thick­
ness of the aluminium angle. Equation (E.2) can be simplified to give 
equation (E.3):
(E.l)
Lt3 ( L - t f t{^L — t) + 1 (Z# — t)2 (E.2)
+  - L t 2 -  L h (E.3)
For L = 0.0508 m and t = 0.00635 m, the Second Moment of Area 
will be 1.86 x 10-7 m4. The maximum stress on one of the two 0.5 m
LFigure E.l: Cross section of Al angle, showing dimensions for equation (E.l)
members at an evenly distributed loading of 2500 N is given by equa­
tion (E.4):
"=w = S n 5 ^ = 420MPa (E-4>
where W  is the load on the beam and I is the distance to the centre- 
point of the beam. The original calculations were flawed and it ap­
pears from the above analysis that the hopper was somewhat under­
engineered. Presumably failure was avoided because the load was 
spread between the other members of the structure. 3" x 1/4" an­
gle might have been a better choice. Nevertheless, the nature of the 
solids was such that they would not have posed a serious safety hazard 
and alteration is not considered urgent.
E.2 Polycarbonate Panels
The mimimum required thickness of polycarbonate is given by equa­
tion (E.5) Sinnott (1999).
Where C is about 0.5, D is up to 0.5, P  is the pressure load of up 
to 2500/(0.4 x 0.5) =  12500 Pa. The breaking stress of polycarbonate
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is 62 MPa, so the design stress, / ,  should be selected to be around 
45 MPa. The minimum required thickness will therefore be:
A piece of thick polycarbonate 6 mm) was therefore found for the 
vessel base as the 3 mm polycarbonate used for the sides was not ex­
pected to be strong enough. The stress on the sides would have been 
at least three times less than the stress on the base as the solids were 
in the active stress state. Use of 3 mm wall panels was therefore judged 
to be satisfactory.
12500 4.2 mm
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Appendix F 
Orifice Plate Design
The orifice plate was designed according to BS EN ISO 51672:2003. 
The mass flow rate through the orifice, qm, is given by equation (F.l):
5m =  ( F . l )
where d is the orifice diameter, Ap  is the orifice pressure drop, pi is the 
upstream gas density, and (5 is the diameter ratio of the orifice to the 
pipe, i.e. d/D.
e, the expansion factor is given by equation (F.2):
e =  1 — (0.351 +  0.256/?4 +  0.93/38)
Where p\ and p2 are respectively the upstream and downstream pres­
sures at the orifice meter.
C is given by equation (F.3):
C  =  0.5961 +  0.0261/32 -  0.216/?8 +  0.000521 (
\ReD  J
/  1  q 6  \  ° - 3
+  (0.0188 +  0.0063A)/?3'5 f — J +
/p4
(0.043 +  0.08e_loil -  0.123e“7il) (1 -  0.11A) - A —
1 — (j
-  0.031 (Mj -  O.8M211) /?L3 +  0.011 (0.75 -  /3) (2.8 -  T - j (F.3)
1 -
1—K
(F.2)
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where:
Rep = Reynolds number with respect to D
Li = Distance between upstream pressure tapping centreline and up­
stream face of plate divided by D
L'2 =  Distance between downstream tapping centreline and downstream 
face of plate divided by D 
=  2 ^ / ( 1 - / ) )
A = (19000/3/ ReD)08
The equations were applied for a number of different scenarios (Ta­
bles F .l to F.3) for both the recirculation line orifice meter and the 
compressed air line. S.I. units are used in all cases. For the recircula­
tion line, the flow rate was not expected to vary very much, however 
it was thought that the temperature might. The pressure drops at the 
two extreme flow rate scenarios were therefore determined for four dif­
ferent temperatures. Trial and error led to an recirculation line orifice 
diameter of 80 mm; this was expected to give pressure drops of up 
0.15 bar. Pressure drops much higher than this were not desirable as 
the rotary lobe blower was already near its outlet pressure limit. The 
flow rate in the conveying line was expected to vary significantly, which 
meant that the flow rates in the compressed air line were expected to 
vary widely too, although temperatures were expected to remain con­
stant. The compressed air line scenarios are shown in Table F.3. The 
maximum design pressure drop of just over 0.1 bar for a 30 mm orifice 
plate was later found to be too low in comparison with the sensitivity 
of the pressure transducer. It was therefore replaced by a 20 mm orifice 
plate.
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T 273 300 320 350
Pi 150000 150000 150000 150000
qm 0.381 0.346 0.325 0.297
U0 39.8 39.8 39.8 39.8
C 0.613 0.613 0.614 0.614
e 0.993 0.994 0.994 0.995
Ap 3385 3071 2874 2620
Pi 1.90 1.73 1.62 1.485
ReD 141802 122728 111035 96459
p x 105 1.75 1.84 1.91 2.01
qv = 0.2 
P = 0.64 
d = 0.08 
D =  0.125
Table F.l: Recirculation line scenarios, set 1
T 273 300 320 350
Pi 150000 150000 150000 150000
qm 0.285 0.260 0.244 0.223
U0 29.84 29.84 29.84 29.84
C 0.614 0.614 0.615 0.616
e 0.996 0.997 0.997 0.997
P 1886 1712 1602 1461
Pi 1.90 1.73 1.62 1.485
R cd 106352 92046 83276 72344
p x 105 1.75 1.84 1.91 2.01
qv =  0.2 
P = 0.64 
d = 0.08 
D =  0.125
Table F.2: Recirculation line scenarios, set 2
212
T 300 300 300 300
Pi 400000 400000 400000 400000
qm 0.0231 0.0462 0.0924 0.1478
qv 0.005 0.01 0.02 0.032
uo 7.074 14.147 28.294 45.27
C 0.6214 0.6162 0.6128 0.6111
e 0.9998 0.9992 0.9969 0.9919
P 261 1061 4312 11209
Pi 4.619 4.619 4.619 4.619
R&d 19176 38353 76705 122728
f i x  105 1.84 1.84 1.84 1.84
/? =  0.6 
d =  0.03 
D =  0.05
Table F.3: Compressed air line scenarios
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A ppendix H
Generic Risk Assessment
218
Tasks to  be  com pleted:
1 Repair fluorescent strip lighting Completed
2 PAT test all new electrical equipment Completed
3 Mark walkways and work space 
using tape/painted lines
Not required according 
to safety officer
4 Check any requirements for electrical 
inspection of the blower
3-phase inspection 
procedure carried out
5 Draw up sign to remind operator to turn 
off all electrical items at end of day
Not required according 
to safety officer
6 Ensure that all holes are covered and
that all platform edges have railings 
and that they are secure Completed
7 Hooks to be made available for hanging
lab coats and hard-hats Completed
8 Cables need to be protected by trunking Completed
9 Put padding on all low beams below
which access is required Completed
10 Moving parts on hoist mechanism to 
be properly protected
Not required according 
to safety officer
Signs to  be  produced:
1 Hang sign above PPE hooks to indicate
that PPE should not be shared with Not required according
others and should be washed when soiled to safety officer
2 Put warning sign on low beams Hazard warning tape 
used instead
3 Ensure correct First Aid expertise is 
available by having description of 
appropriate actions and contacts
clearly on display. Include list of 
First-Aiders on notice Done
4 The apparatus uses large mechanical 
plant equipment and should not be
Standard warning sign 
for mechanical
operated outside normal office hours equipment used instead
(8:00am - 5:00pm). Put up a sign to 
this effect
as standard working 
hours are 
well known
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E quipm ent to  be  allocated:
1 A suitable set of steps to be allocated
to the rig Done
2 Broom and dustpan Sz brush to be
provided with the rig to clear up any 
spillage of alumina balls Done
3 Allocate 2 bins for the rig 
(for upper and lower floors) 
and inform cleaners
Completed, although 
these were used for 
solids in practice 
as the existing bin 
was adequate
Checks to  be M ade:
1 Flooring is in good condition, but is 
assumed to be inspected under standard
School of Engineering inspection 
procedures. This needs to be confirmed Done
2 Fire safety induction required Done
3 It is assumed that first aid boxes are
regularly inspected by those 
responsible, but ensure that this is New first aid equipment
done prior to operation of rig acquired
4 Check area and remove any COSHH items Done
O ngoing checks:
1 For compliance with manual handling 
regulations, Alumina ball jars should 
not be stored at ground level or on 
high shelves
2 Supervisor to pay attention to Students’ 
health and possible 
signs of stress
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A ppendix I
Spreadsheet Hand 
Calculations
The check below was carried out using data from line 100 of the ‘75mm- 
LowrateS’ spreadsheet.
— Column A: Convert measured time in ms to time in s
tim e  (s) =  n m r  =  w  =  57-609 s (L1)
— Columns B-Y: Experimental Data. No calculation
— Column Z: Converts raw compressed air line orifice meter reading
in mbar to estimated real pressure drop in Pa:
Adj. Press. (Pa)
=  100x (Press, read, (mbar)—Mean offset at start of exp. (mbar)) 
=  100 x (-6.305 -  (-17.044)) =  1073.9 Pa (1.2)
-  Column AA: Calculates mass flow rate of gas passing through 
orifice plate in kg s-1. Uses calculated data from columns Z, AB,
AC, AD, AE and AP:
9m = \ / 2 P adjp g
= x 0.99951 x ^0.015V 2 x 1073.9 x 6.4878
VI -  0.3" 4
=  0.01269 kg s"1 (1.3)
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Column AB: Calculates orifice coefficient of discharge using BS 
standard method:
CD = 0.5961 +  0.0261/32 -  0.216/38 +  0.000521
in6 \  °-3
+  (0.0188 +  0.0063A)/?3'5 ( ——  I
R e p  J
ft4
+  (0.043 +  0.08e_10Ll -  0.123e"7Ll) (1 -  0.11 A)
-  0.031 (M2 -  0.8M'11) p 1* +  0.011 (0.75 -  /?) ( 2.8 -  D
25.4,
106 x 0.3x °-7
17562
, X0-3
3 . 5
=  0.5961 +  0.0261 x 0.32 -  0.216 x 0.3s +  0.000521 
+  (0.0188 +  0.0063 x 0.40648) x 0.33'5 x (\ 11ouZJ
+(0.043+0.08e(~1Oxl)—0.123e^~7><1)) x (1—0.11x0.40648) x 
-  0.031 x ( ^ - - 0 . 8  x ( ^ ]  )  x 0.31'3
7 V 7 ,
1000 x 0.05+  0.011 x (0.75 -  0.3) x 2.8 -
25.4
=  0.5961 +  0.002349 -  0.000014 +  0.003799 +  0.001063 +  0.000335 
-  0.001583 +  0.004116
=  0.606165 (1.4)
-  Column AC: calculates (3 in equation (1.4):
H  = w  = 0 -3  (L5>
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— Column AD: calculates e for orifice calculations:
6 =  1 -  (0.351 +  0.256/34 +  0.93£8)
=  1-(0.351 +  0.256 x 0.34 +  0.93 x 0.3s)
1 -  ' " 2
D \ 1 / K
Pi.
/5 5 0 0 0 0 - 1073.91 -
V 550000 
=  0.99951 (1.6)
i -i
— Column AE: calculates gas density upstream of the orifice using 
the ideal gas equation:
— Column AF: calculates gas volumetric flow rate through orifice 
meter:
=  658784 =  0'001956m3s" 1 <“ )
— Column AG: calculates Reynolds number with respect to tube 
diameter:
^  =  0.996148 x 0.05 x 6.48784 =  
fi 1.84 x 10-5
— Column AH: Calculates A for orifice calculations
— Column AI: Calculates the difference between an initial guess for 
the orifice meter gas velocity and its calculated value. The cell 
value is set to zero using the goalseek tool which can be activated 
for all the cells in the column using a macro.
— Column AJ: The initial guess for the orifice meter gas velocity 
(0.996148 m /s in this calculation)
— Column AK: The calculated value of the orifice meter gas velocity:
“  =  f ^  =  2 S w i  =  0 -9 9 6 1 8 m / s CLU)
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— Column AL: Calculates MJ in equation (1.4):
M - r ^  =  E S  =  y  =  L 4 2 8 5 7  ( L 1 2 )
— Column AM: Calculates Li in equation (1.4):
L l =  lî  =  w s  =  1 (L13)
— Column AN: Calculates L2 in equation (1.12):
i2  =  l  =  w  =  °-5 ^
— Column AO: specifies D (pipe inner diameter) : D = 0.05 m
— Column AP: specifies d (orifice diameter): d = 0.025 m
— Column AQ: specifies li in equation (1.13): d = 0.05 m
— Column AR: specifies l2 in equation (1.14): d — 0.025 m
— Column AS: specifies m w for the gas (air) =  28.8 kg kmol-1
— Column AT: specifies gas constant, R  = 8314 J kmol-1 K-1
— Column AU: specifies k = 1.4 specific heat capacity ratio.
— Column AY: specifies gas viscosity ji = 1.84 x 10-5 Pa s
— Column AW: specifies (or calculates) pressure in compressed air 
line Pi = 550000 Pa
— Column AX: calculates absolute temperature in compressed air 
line:
Tk  = Tc + 273.15 =  20.51 +  273.15 =  293.66 K (1.15)
— Column AY: calculates absolute temperature in pressure vessel:
Tk  = Tc + 273.15 =  46.4 +  273.15 =  319.55 K (1.16)
— Column AZ: estimates leak rate from system based on vessel pres­
sure:
=  0.0007805 kg s"1 (1.17)
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— Column BA: Calculates gas mass flow rate in conveying line:
_  (100Puessez +  101325)mu; 1 A m s
Qmod - 9 m  35(j() ~ Â T  _  ^
(100 x 755.821 +  101325) x 28.8 1 60.859 -  60.519 
8314 x 319.55 3500 58.219 -  57.609
-  0.0007805
=  0.01160 kgs™1 (1.18)
— Column BB: Calculates volumetric flow rate of compressed air 
entering conveying line:
qv(mod) = =  604°817g4 =  0.001788 m3 s™1 (1.19)
— Column BC: Converts volumetric flow rate to Sm3 min-1:
_  X 60 x /%, 0.001788 x 60 x 6.48784 ^ 3  -1
<9 = kxm „,  =  ---------101325X28.8---------  =  0-591 N ltfW
R T  8 3 1 4 x 2 9 8
(1.20)
— Column BD: Converts Sm3 min-1 to gas velocity in m s-1.
Q 0.591Urb =
60 x (|Z)2) x (1 +  ^ 1 )  60 x ( f  0.0714?) x (l +  I g f )
=  1.31 m s-1 (1.21)
— Column BE: Calculates column base pressure in psi:
14 504
Pcb — (Pio—Psa+Pn) x =  (961.129—17.373H— 65.954— 126.001) x
=  10.904 Psi (1.22)
— Column BE: Converts column base pressure back to Pa:
Pcb(Pa) = Pcbx 100000/14.504 =  10.904x100000/14.504 =  75179.3 Pa
(1.23)
— Column BG: calculates plenum chamber pressure in Pa:
Ppien = Pi X 100 =  961.129 x 100 =  96112.9 Pa (1.24)
14.504
1000
225
Appendix J 
Experimental Results
This Appendix consists of graphs which show the time variation of 
key parameters in results sets 1-5. A DVD containing the MS Excel 
spreadsheet data and video footage for results sets 1-5 is also attached.
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